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Abstract

As a cleaner fuel and an intermediate energy source on the way to a carbon-free society, the
demand for natural is expected to grow considerably. Consequently, a larger production of
liquefied natural gas (LNQG) is also required due to its mobility with a high energy density per
unit volume. To produce LNG and supply the liquid fuel to end-users, natural gas goes through
a series of processes often referred to as the LNG value chain (gas production, pipeline
transport of gas, natural gas liquefaction, ship transportation of LNG, regasification of LNG).
Thus, a proper evaluation and improvement of systems in the chain is important to reduce the
environmental footprints of LNG. Therefore, this thesis optimizes and evaluates various LNG

systems to improve both their thermodynamic and economic effectiveness.

For a fair comparison of LNG systems, the SQP algorithm (local solver) has been compared
with two different global search algorithms (PSO and DIRECT) for the optimization of the
processes. The local solver was found to be proper for any LNG system, while the near-global

solvers give sub-optimal solutions for complex processes.

To improve the liquefaction part of the LNG value chain, the different configurations of the
dual hydrocarbon mixed refrigerant (DMR) technology have been optimized and compared as
a promising base-load LNG process. The results proved that a large number of evaporation
pressures for the refrigerants and phase separation of the cold refrigerant give a higher energy
efficiency. The DMR process has also been compared with non-flammable liquefaction
systems. The highest energy efficiency was still observed for the DMR process even though
the non-flammable liquefaction systems have complex structures to improve their inherently
low efficiency. However, the non-flammable processes can guarantee a higher safety for
floating facilities than the hydrocarbon-based refrigeration systems. Different constraint
formulations have also been assessed to make the DMR process more energy efficient. It was
observed that the use of relaxed superheating constraints for the two MRs and the use of
maximum heat exchanger conductance value constraints with relaxed minimum temperature

difference constraints improve the efficiency of DMR processes.
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The LNG value chain can also be improved by the systems handling boil-off-gas (BOG) on
LNG vessels since the gas is typically wasted after a part of it is being used as fuel for
propulsion. This thesis has suggested BOG liquefaction systems based on self-liquefaction
processes to prevent the loss of cargo. Economic optimization of the reliquefaction process
proves that it can save around 10 % of total annual cost, compared to LNG carriers having only

the fuel supply system.

For complex LNG systems, exergy efficiency will be useful to reflect changes in the quality of
products (heat, power, chemical materials) since energy efficiency only measures the quantity.
Thus, an exergy efficiency (Exergy Transfer Effectiveness - ETE) developed in our research
group has been thoroughly extended with general mathematical expressions to cover processes
having changes in temperature, pressure, and chemical composition. The extended ETE with a
proper level of exergy decomposition was proven to be more consistent and accurate for a

complex LNG process than other exergy efficiencies.

By using exergy as a post design tool, the integration scheme of an air separation unit (ASU)
and the LNG regasification step in the LNG chain has been suggested and evaluated to
minimize the loss of LNG cold energy during conventional evaporation. The use of LNG cold
energy in air separation was verified to be a proper solution for LNG regasification, increasing
the extended ETE of the ASU by 13 %. A sensitivity analysis with LNG supply pressure for
the ASU system proved that the extended ETE could properly reflect the quality changes in
the products that occurred by the varying LNG pressure, while energy efficiency fails to do so.

The extended ETE has also been tested as objective function for the optimization of the DMR
process integrated with NGL extraction. The optimization results indicate that the solutions
from the exergy-based objective function give increased quality of products (LNG and NGL)
with similar energy consumption as the results from an energy-based objective function. The
results from the exergy-based objective function also confirm that upstream NGL extraction is
thermodynamically better than the integrated systems unless the two processes are well heat

integrated.
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Chapter 1 Introduction

1.1 Motivation

Liquefied natural gas (LNG) is one of the main sources for energy production due to its
mobility with high energy density per volume and less environmental impact than other fossil
fuels. With a growing demand for energy in developing countries and tighter restrictions on
CO: emission, the need for LNG is expected to increase rapidly, making it the primary fuel for
energy in the near future. Therefore, more energy efficient procedures are required to produce
and distribute LNG in order to minimize the environmental footprints from the entire value

chain of LNG.

The LNG value chain is a series of gas processes, including production, pipeline transportation,
liquefaction, ship transportation, and regasification. Especially the performance of the latter
three processes are highly dependent on their system structures, affecting energy consumption
and thus operating cost. Thus, various studies have been conducted to increase energy
efficiency of liquefaction processes, boil-off-gas (BOG) liquefaction systems on LNG ships,

and regasification systems in LNG import terminals.

In these studies, optimization has been the tool for an objective comparison of different
technical solutions by finding the best operating conditions for each alternative. However, there
is still a lack of research on the optimization of industry standard liquefaction processes since
most published works are based on relatively simple LNG processes such as single mixed
refrigerant (SMR) and gas expander based processes. Therefore, thorough optimization is

required for more complex LNG systems such as dual mixed refrigerant (DMR) processes.
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Although there have been various suggestions for BOG liquefaction systems based on energy
analysis, the main concern of LNG carriers (LNGCs) is not energy efficiency, but the economic
viability of the refrigeration facility on the vessel. Therefore, the need for economic
optimization of BOG handling systems on LNG vessels is another motivation for this thesis to

improve the project profitability of the LNG value chain.

One way to improve energy efficiency of the total LNG value chain is to recover LNG cold
energy when it is regasified. Since the LNG cold energy is wasted to the environment (seawater
or air) during evaporation, using the cold energy in air separation units (ASUs) has been one
of the promising methods to improve the energy efficiency of LNG regasification processes.
However, development and comparison of ASU systems integrated with LNG regasification
has been performed without optimization. Thus, thorough optimization is required for accurate

evaluation and objective comparison of the ASU systems.

When evaluating optimized processes (or formulating objective functions), efficiencies based
on the first law of thermodynamics are typically used. However, this method does not consider
the quality of energy. Unlike this traditional method, exergy analysis is a relatively new way
of evaluating processes, which applies both the first and second law of thermodynamics.
Exergy is the maximum available work produced by bringing a system to equilibrium with its
environment. Exergy analysis also allows identifying where exergy is destroyed in a process,
in other words, the location of entropy generation. This gives guidelines to improve efficiency

by highlighting units having the largest exergy destruction.

In exergy analysis, there has been various definitions suggested for exergy efficiency.
However, most of these efficiencies are defined and formulated for above ambient processes.
Thus, a new exergy efficiency referred to as the exergetic transfer effectiveness (ETE) has been
developed in our research group by carefully defining exergy sources and sinks. Depending on
the operating temperature level of a system, this efficiency thoroughly identifies the
components of the exergy sources and sinks by decomposing the physical exergy into
temperature and pressure based exergies. As a result, the ETE can be used for any processes

operating above, across, and below ambient. However, the ETE is only valid for systems
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having changes in temperature and pressure i.e. changes in thermo-mechanical or physical
exergy. Thus, the extension of the ETE with general mathematical expressions is needed so
that it can be applied to processes also having compositional changes, i.e. changes in chemical

exergy.

Although exergy efficiency is a better performance indicator compared to energy efficiency, it
has not been frequently used as objective function in optimization studies. Thus, a comparison
of objective functions based on energy and exergy efficiency has to be conducted for

optimization of complex LNG systems.

1.2 Objectives

The main objective of this thesis is to improve the process performance of systems in the LNG
value chain. Thus, it is attempted to improve existing concepts for systems in the LNG value

chain using mathematical optimization and assess their performances based on energy or costs.

Another target of this thesis is to develop an exergy efficiency, which is applicable to any types
of LNG systems. The exergy efficiency is used to evaluate the accurate thermodynamic
performance of LNG processes as a post-design tool. The exergy efficiency is also tested as an
objective function in the optimization of LNG systems in order to find the most efficient

operating conditions.

1.3 Scope

The scope of this thesis is limited by the purpose of this thesis. Thus, only some parts of the
LNG value chain are considered such as systems in LNG plants, LNG carriers, and LNG import
terminals. An LNG plant consists of several process units. However, the aim of this thesis is to
optimize the liquefaction part. Thus, pre-treatment and nitrogen removal processes will not be

included as they increase the complexity and difficulty of the optimization problem drastically.
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Gas expander, SMR, and DMR processes are the main liquefaction technologies considered in

this thesis.

Simulation of an LNGC is also limited to BOG reliquefaction and fuel supply systems since
they are the main components affecting the economics of the vessel. Thus, other sub-systems
on LNGCs such as LNG tanks, gas combustion units, propulsion engines, and cooling water
systems are not considered. In the simulation model of an LNG import terminal, recondensation
of boil-off-gas from the storage tanks and other utility systems are not considered. Instead, only
regasification of the stored LNG and air separation units are simulated since this thesis for the

import terminal part mainly focuses on the utilization of LNG cold energy.

LNG systems are only built as steady-state models. Dynamic simulation to study for example
start-up, commissioning, operation, and shutdown is not a concern in this thesis for evaluating
and optimizing basic design concepts of LNG systems. In addition, this brings process control
issues, which is another domain of optimization. Thermodynamic properties will be modeled
using cubic equations of state, such as Peng-Robinson. Detailed equipment modeling of

cryogenic heat exchangers, compressors, and expanders are not considered.

Optimization of the simulation models will be conducted by local NLP solvers based on
sequential quadratic programming (SQP). This thesis will also use existing global search
algorithms in order to compare their performance with the local solver. Thus, development of
optimization algorithms will not be part of the scope. LNG processes will be optimized mainly

to maximize energy or exergy efficiency and minimizing total costs.

In this thesis, different exergy efficiency definitions will be applied to a DMR process, most of
these exergy methodologies are based only on physical exergy. The Exergy Transfer
Effectiveness (ETE) mentioned in Section 1.1, originally developed for physical exergy, will
be extended to also handle chemical exergy. The extended ETE will be verified for complex
LNG and ASU systems having changes both in physical and chemical exergies. The extended
ETE will also be tested as objective function for the optimization of NGL extraction systems

to be used in the early design phase.
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1.4 Contributions

The main contributions of this PhD program can be summarised as follows:

e Two types of optimization algorithms (local and global search solvers) have been
evaluated and compared for LNG systems. Different penalty functions have also been
tested for the global search algorithms to handle constraints. It was found that both type
of solvers have similar performance for simple LNG processes. However, better
solutions were observed from the local solvers than the global search algorithms for
complex LNG processes.

e Different configurations of the DMR process have been optimized and compared. It
was observed that DMR systems having a large number of evaporation pressures for
the mixed refrigerants and phase separation for the cold mixed refrigerant reduces
power consumption.

e Various technical options for non-flammable liquefaction processes, have been
optimized and compared with a DMR process. It was found that non-flammable
liquefaction processes do not reach the energy efficiency of the DMR process, thus a
higher safety for FLNG comes at the expense of energy efficiency.

e Different constraint formulations for DMR processes have been tested. It was found
that relaxation of superheating constraints for the inlet streams of refrigerant
compressors improves the energy efficiency of the DMR system. Reduced energy
consumption of the liquefaction process was also observed when using total UA value
constraints with relaxed ATyy,;, constraints.

e New technical solutions using self-liquefaction processes have been suggested for BOG
reliquefaction on LNG carriers having high-pressure gas injection engines. Cost
optimization verified that a fuel supply system without BOG reliquefaction on an LNG
vessel requires a higher total annual cost than using a self-liquefaction based BOG
liquefaction facility. Break-even-point of the self-liquefaction system was also found

to be around 4 USD based on sensitivity analysis with varying LNG price.
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e The ETE, which is an exergy efficiency definition, has been extended with general
mathematical expressions for processes having changes in chemical composition. The
novel efficiency and other efficiency definitions have also been categorized based on
the level of exergy decomposition. The different exergy efficiencies have been
compared by applying them to a DMR process. The comparison confirmed that the
extended ETE with a detailed level of exergy decomposition gives the most accurate
efficiency values for the liquefaction system.

e Various options for integration of single column ASU systems with LNG regasification
have been suggested and optimized. The different ASU systems have also been
compared based on both energy and exergy analysis. It was found that the use of LNG
cold energy for pre-cooling of air and a nitrogen stream gives a higher energy and
exergy efficiency than using it in a liquid nitrogen production cycle. In addition, a
sensitivity analysis with varying LNG supply pressure has also conducted, verifying
that energy performance indicators do not effectively reflect changes in product quality,
compared to the extended ETE.

o Different technical solutions for the integration of a DMR process with NGL extraction
have been optimized and compared. Two different objective functions (specific energy
consumption and the extended ETE) have also been tested for the optimization of the
systems. It was observed from the optimization results with energy-based objective
function that the LNG process integrated with the NGL extraction using a refluxed
column has the smallest specific energy consumption. However, the optimization
results with exergy-based objective function verified that upstream NGL extraction has
a higher exergy efficiency with an increased quality of products, while maintaining the

quantity.

1.5 Thesis structure

This thesis is structured by nine separate chapters to discuss the evaluation and optimization of

processes for liquefaction of natural gas (LNG). This thesis has largely two parts: conventional
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analysis (Chapter 3 to Chapter 5) and exergy-based analysis (Chapter 6 to Chapter 8) for LNG

systems.

e Chapter 1 is an introductory chapter, including the motivation, scope of work, and
contributions of this thesis.

e Chapter 2 gives the technical background for LNG processes, indicating the general
overview of the entire LNG value chain.

e Chapter 3 makes a comparison of different analysis methods (energy and exergy
efficiency) for LNG systems. Various mathematical optimization algorithms are also
tested and compared to select a proper solver for LNG systems.

e Chapter 4 evaluates different configurations of DMR processes to find the most energy
efficient system. Non-flammable LNG processes are also compared with a DMR
process for FLNG applications. Finally, the effect of optimization formulations for
DMR processes is addressed to improve their energy efficiency further.

o Chapter 5 suggests new systems to manage BOG produced in LNG carriers having gas
injection engines in order to minimize both capital and operating costs of the BOG
handling system.

e Chapter 6 cxtends an exergy efficiency to be suitable for analysis of LNG systems.
The novel exergy efficiency is also compared with other exergy efficiency definitions
to prove the performance.

e Chapter 7 proposes technical options to integrate ASU systems with LNG
regasification and evaluates them based on the exergy efficiency developed in Chapter
6.

e Chapter 8 tests the new exergy efficiency as objective function for the optimization of
LNG processes integrated with NGL extraction systems. The results are also compared
with the solutions from an energy based objective function in order to assess the
performance of the exergy efficiency as a tool for the early design phase.

e Chapter 9 summarizes the studies conducted in this PhD thesis and suggests further

work.
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Chapter 2 Processes in the LNG value chain

2.1 LNG as a clean fuel

Natural gas is a mixture of lighter hydrocarbon gases that are extracted beneath the surface of
the earth. During combustion, natural gas has a lower CO> emission than other hydrocarbon
fuels such as oil and coal. Thus, the hydrocarbon mixture in gas phase is regarded as an
intermediate energy source in the transition to a carbon-free society before renewable and
cleaner energies become dominant. Therefore, with tighter regulations about CO» emission,
only natural gas and renewable energy have been the energy sources experiencing an increase
in their share of the total energy market for the last six years [1]. In 2017, natural gas was even
the energy source having the largest increase in its demand, accounting for over 23 % of total
energy consumption in the world. Although the improvement of energy efficiency reduces the
growth rate of fuel consumption, natural gas is also expected to be the primary fuel for energy
market in 2040, mainly led by power production and industry sectors [2, 3]. Even in marine
transport, more gas-fueled ships are considered to meet the extended restriction on CO>

emission, which will increase the demand for natural gas [4, 5].

To meet the high demand around the world, natural gas is typically transported either by
pipelines or in the form of liquid. Especially, the high energy density per volume allows
liquefied natural gas (LNG) to be more suitable for long-distance transport, compared to
pipelines [6, 7]. Thus, the production of LNG has increased significantly along with the
increase in natural gas demand, accounting for around 10 % of the total gas trade in 2017 [8].

In the early 2020s, the trade of natural gas in liquid form is even expected to be larger than
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through inter-regional pipelines [3]. Therefore, the technical development of LNG systems
from liquefaction to regasification has been the key issue to meet the huge LNG demand while
minimizing environmental footprint of the LNG value chain. Thus, the following chapters will
discuss the systems in the LNG value chain (liquefaction, transport, and regasification) and

address the technical issues.

2.2 Processes in the LNG value chain

Natural gas is typically extracted from onshore gas reservoirs. However, to meet the huge
energy demand, it is essential to exploit unconventional gas, especially from offshore gas fields
[9]. Even though there are other types of unconventional gas such as shale gas and tight gas,
nearly 45% of the total natural gas reserves are still located in offshore fields [10]. In order to
produce LNG from this type of fields, offshore platforms are commonly used. Natural gas from
gas reservoirs is extracted and sent to an offshore platform through riser pipelines so that oil
and other impurities from the raw gas can be removed on the platform. Then, the pre-treated
natural gas is compressed for a long distance transport to land by subsea pipelines. The
imported natural gas to an onshore LNG plant is pre-treated before being liquefied and stored
in tanks. The LNG in the storage tanks is loaded to an LNG carrier, sailing to an LNG import
terminal. Then, the LNG from the vessel is unloaded to storage tanks in the terminal. The stored
LNG is gasified and distributed through pipelines for end-users. The combination of processes

from gas production to distribution is called the LNG (value) chain as seen in Figure 2.1.

In this LNG chain, the liquefaction section accounts for 30 % of the final LNG supply cost,
which is the largest portion compared to other stages [11, 12]. Shipping of LNG via vessels
also contribute to the cost by a similar amount as the liquefaction step. Therefore, technical
improvement in these two steps (liquefaction and vessel shipping) of the LNG chain will be
important to have a better project profitability with the increased energy efficiency of the
systems. Although the influence on the LNG supply cost is less than a half of the liquefaction

section, the LNG terminal also requires novel methodologies to improve the regasification step,
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Figure 2.1 LNG chain from gas production to regasification of LNG.

where significant cold energy of LNG is wasted to the environment. Therefore, this thesis
mainly focuses on the systems for LNG plants, LNG carriers, and LNG terminals in order to

improve the total efficiency of the LNG value chain.
2.2.1 LNG processes and NGL extraction

Natural gas transported through subsea pipelines arrives in an onshore LNG plant to be
liquefied by several sub-processes as seen in Figure 2.2. Due to the low temperature of the
seabed, the pipeline gas is partially condensed, thus forming liquid slugs. In order to prevent
the possible damage to the LNG plant, the inlet gas with slug waves are collected in a reception

facility called slug catcher and the liquid is separated as condensate product [13].

Natural gas is then fed to gas cleaning facilities before being liquefied [12, 14, 15]. First, acid
gases such as CO2 and H:S are removed to a very low level in natural gas. Carbon dioxide in
natural gas causes plugging in cryogenic heat exchangers since it is easily solidified at low
temperatures. The Hydrogen sulfide is also eliminated to meet the sales specifications of LNG
as a toxic substance. Then, the sweetened natural gas is sent to a dehydration unit to remove
water content to prevent freeze-out. Finally, mercury is also extracted since it is corrosive to

aluminum, which is the main material for cryogenic heat exchangers.
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Figure 2.2 Block flow diagram of a LNG plant.

The pre-treated natural gas is fed to the natural gas liquid (NGL) extraction unit to remove
heavier hydrocarbons (HHC) from the feed gas to prevent the solidification of HHC in the
liquefier and control the heating value of the LNG product [12, 14, 15]. The NGL extraction is
performed either upstream or as an integral part of the liquefaction system. The extracted HHC
is further treated to produce liquid petroleum gas (LPG). If the liquefaction system uses

hydrocarbon refrigerants, the HHC is fractionated to make-up the working fluids.

The lean feed gas is then fully condensed in a liquefaction system. If the LNG product has a
high nitrogen content over 1 %, it goes through an N> removal system in order to prevent issues
during transport in storage tanks such as rollover [16]. The nitrogen vent stream from the N>
removal system is also restricted to have hydrocarbons lower than 1 mol % to meet the

environmental legislation [17].

Finally, the liquefied natural gas is throttled to ambient pressure and phase separated. The
liquid stream at around -160 °C is stored in tanks and the vapor stream is used as fuel for utility
systems in the LNG plant. If the feed gas contains noble gases such as helium, additional

systems will be installed to the end-flash step in order to recover the valuable gases [18].
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Table 2.1 Classification of natural gas liquefaction processes.

Refrigerants

cycle Boiling Gas
Pure Mixed Pure Mixed
1 N/A 1 HC mixture [19-21] N2 [22-24] Feed gas [25, 26]
2 R R s N
3 HC mixtures [37] (N2+CH4+C2He)-

3 C3Hs-C2He-CHa4 [36] 2 HC mixtures-N: [38] CO0O2-N20-N2 [39] (Na+CHat+CaHe)-N3 [40]

N/A: Not available, (): a mixture, -: This symbol is inserted between cycles.

Although there are a number of sub-systems to pretreat and liquefy natural gas, the liquefaction
section is the main contributor to the total cost of the LNG plant, accounting for 30 % [15, 41].
Consequently, it is natural to put more attention to liquefaction processes in order to improve

their energy efficiency, thus improving the total project profitability.

The system performance of liquefaction processes is mainly dependent on the distance between
hot (natural gas) and cold (refrigerants) composite curves in cryogenic heat exchangers [15,
42, 43]. If the two curves match closely and have a small gap, entropy generation of the heat
exchangers and the system will be minimized, increasing process efficiency. Thus, different
types of configurations have been suggested to reduce irreversibilities in cryogenic heat

exchangers as seen in Table 2.1.

Liquefaction systems for natural gas are typically categorized based on the type of refrigerants
as seen in Table 2.1. Refrigeration cycles for liquefaction of natural gas can either have boiling
refrigerants or gas phase refrigerants. Since natural gas is a hydrocarbon mixture, it has a
gliding cooling curve during liquefaction. If a refrigerant is phase changed in heat exchangers,
it can have a heating curve with varying inclination, resulting in a close match with the cooling
curve (natural gas). In contrast, gas phase refrigerants will have almost the same slope for the

heating curve in the entire region, increasing the gap from the cooling curve and thus entropy
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generation. Therefore, LNG processes with boiling refrigerants tend to have a higher energy

efficiency than the systems with gas phase refrigerants [15, 44, 45].

LNG processes can also be classified according to the number of refrigeration cycles used.
Although one refrigeration cycle can cover the entire range of cooling temperatures from
ambient to -160 °C, using multiple cycles for different temperature ranges will be advantageous
to reduce the temperature difference in the cryogenic heat exchangers by selecting the most
suitable refrigerant for each range. With multiple refrigeration cycles, LNG processes can be
improved further by applying multi-component working fluids for each cycle. The mixed
refrigerants (MR) can be customized by changing their compositions to have a better match

with the hot composite curve in the heat exchangers.

Thus, the C3-MR process [33], which has two refrigeration cycles with boiling refrigerants
(pure propane and a hydrocarbon MR) has been frequently selected as the technical solution
for base-load LNG plants, accounting for 43 % of total liquefaction capacity in the world [8].
Although multi-component refrigerants are not applied, the optimized cascade process from
ConocoPhillips [36] is the second most used system (21 % of total liquefaction capacity)
followed by the C3;-MR system. The cascade process has three cycles with pure boiling
refrigerants, which give a high process performance. In order to maximize the energy efficiency
and production capacity of LNG processes, systems using three cycles with MRs from Statoil-
Linde [37] and Air Products and Chemicals [38] have also been developed, but being deployed
in few plants [8].

The single mixed refrigerant (SMR) process having one cycle with a multi-component working
fluid and systems using gas phase refrigerants are typically considered for small scale
production of LNG, including offshore applications due to their simplicity [45-49]. However,
for large scale LNG plants, the dual mixed refrigerant (DMR) processes have been considered
as alternatives to the C3-MR process [9, 50, 51]. The DMR systems have been applied to some
sites since the replacement of the propane refrigeration part in the C3-MR process with a MR

cycle gives better flexibility and efficiency to the two MR systems [8, 47, 52-55]. Therefore,
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this thesis will discuss the DMR processes in detail to improve the system performance,

considering also NGL extraction.
2.2.2 Boil-off-gas handling during LNG transportation

During the transportation of LNG by vessels, the liquid cargo is evaporated due to heat leaks
to the storage containments, generating gas called boil-off-gas (BOG) [56, 57]. Since the
production of BOG in the tanks is a loss of cargo, it reduces the economic viability of the entire
LNG project. Thus, there have been various methods suggested to handle the valuable cargo

on LNG carriers (LNGCs) as seen in Figure 2.3 [58].

BOG handling technologies are largely categorized based on how the BOG is utilized. The gas
from storage tanks can either be fully liquefied and returned to the containments or used as fuel
for propulsion systems. The former method has only been applied in a limited number of cases,
such as Qatar LNG due to the extra fuel (diesel oil) required for propulsion [59-61]. Instead,
BOG has been typically used as fuel for the operation of LNGCs [59, 62, 63]. Historically,
steam turbines have been selected for the propulsion system of LNG vessels by feeding BOG
to the steam boilers [4, 64, 65].

However, the low efficiency of steam turbines resulted in gas-fueled diesel engines to be the
market dominator from the 2000s [59, 64, 65]. Consequently, various studies have been
performed to develop proper liquefaction systems for the BOG left after being used for the dual
fuel diesel engine generators that are running electric motors for propulsion [66-68]. Recently,
the loss of power due to the indirect propulsion system using electric motors has led engine
manufacturers to launch direct mechanical propulsion systems with the dual fuel engine having
different operating conditions (high-pressure or low-pressure fuel) [4, 69]. Thus, further
research has been required for BOG reliquefaction processes, which are suitable for the
mechanical propulsion to improve the efficiency of the total gas system on LNGCs. Therefore,
this thesis will analyze BOG reliquefaction systems especially for high-pressure gas injection

engines, considering cost.
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Figure 2.3 Classification of propulsion systems with BOG handling for LNG carriers [58].

2.2.3 LNG regasification in LNG terminals

LNG transported by vessels is typically unloaded to import terminals and stored in tanks. Upon

demand from end-users, the stored cold LNG is then regasified and distributed through pipeline

networks. The regasification of LNG is performed by heat exchange with seawater, air or other

hot streams even produced by combustion energy as seen in Figure 2.4 [14, 70]. Thus, a large

amount of cold energy in LNG is wasted in the environment during the regasification [71].

In order to utilize the valuable cold energy, various technologies have been applied to LNG

import terminals such as power production, food freezing, space cooling, desalination, and air

separation [72-77]. However, most of the applications do not match well with the temperature

range of LNG vaporization, thus not fully utilizing the LNG cold energy [73-76]. In contrast,

the cold operating temperature of air separation processes below -170 °C allows using the LNG
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Figure 2.4 Classification of LNG regasification systems [72-77].

cold energy from the beginning of evaporation, which is at around -160 °C. Thus, the heat
integration of an air separation unit (ASU) with LNG regasification is regarded as an energy
efficient, economical and technically feasible solution for LNG terminals [77, 78]. Therefore,
this thesis also study a novel ASU system with a single column integrated with the LNG

regasification processes in order to improve the total energy efficiency of the LNG value chain.






Chapter 3 Analysis methods for LNG systems

-

~

It is essential to select a proper analysis method to study cryogenic processes in order to

deliver comparative and reliable results. Thus, in this chapter, the following questions are

given to perform a rigorous study.

-

o What is the proper method for a thermodynamic analysis of LNG systems?
o What are the robust optimization algorithms for a fair comparison of LNG

systems?

J
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3.1 Energy, exergy, and cost analysis of cryogenic processes

A process is a series of operations to produce useful outputs by consuming inputs. Thus,
processes are varied based on their purposes such as using hydrocarbons to produce electricity,
heat, or petrochemical products. Such variations in the structure of processes require more
general efficiency definitions for the assessment of system performance. An energy
performance indicator is one of the possible tools for the evaluation. Regardless of difference

in energy forms (e.g. heat and power), energy efficiency is typically defined as follows:

B 2, output energy
Nenergy = Y input energy

(3.1)

If a process is designed to focus on the quantity of products, an energy performance index

(specific energy consumption) can be defined as given in Eq. (3.2).

Y input energy

Z l'hprod (3.2)

Enspecific =

Specific energy consumption (Engpecific) is @ commonly used performance index to evaluate
liquefaction and cryogenic distillation systems since the purpose of the processes is to produce
valuable products (LNG, NGL, liquid Oz, Helium) while minimizing the energy consumption.
In addition, this performance index is often used as objective function in optimization studies
for cryogenic systems to improve their thermodynamic efficiency [79-88]. Therefore, in this
thesis, specific energy consumption is selected as a performance indicator to measure the

efficiency of various systems in the LNG value chain.

However, energy performance indicators do not consider the quality of products such as
temperature, pressure, and composition. Besides, heat and power are equally treated in the
performance indexes although the thermodynamic value of heat varies based on temperature.
Thus, the use of energy performance indicators may result in an inaccurate thermodynamic
evaluation of systems having quality changes in input energy and products. Instead, exergy

based performance indicators have been applied to various cryogenic processes since exergy
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can reflect the quality of products and different energy forms [86, 89-99]. Therefore, in this
thesis, exergy efficiency is selected as an alternative to energy performance indicators and used
for a thorough thermodynamic evaluation of cryogenic systems. The detailed definition and

use of exergy efficiency are addressed from Chapter 6 to Chapter 8.

During analysis and optimization, natural gas liquefaction systems are assumed to have fixed
feed and product conditions (temperature, pressure, composition and flowrate) when focusing
on the liquefaction part of the processes [42, 80, 81, 100-105]. In this case, only mechanical
energy (electricity) and no heat is consumed. Then, exergy efficiency for the liquefaction
processes will give the same analysis result as energy performance indicators, since there will
not be changes in the quality of the product. Thus, in Chapter 4 where liquefaction is the main

topic, only energy efficiency is used to analyze and optimize LNG processes.

To realize systems in the LNG value chain, it is also essential to perform cost analysis in order
to evaluate the economic feasibility. By calculating both capital and operating costs, the
economic analysis will suggest different optimal operating conditions of the processes,
compared to the results from energy and exergy analysis. Thus, there have been various studies

conducting economic evaluation of LNG systems [51, 106-111].

Therefore, it would have been preferable to perform both energy/exergy analysis and cost
analysis in order to compare the thermodynamic and economic optima of LNG systems.
However, it is hard to conduct accurate cost analysis since the actual material, fabrication, site
construction, and maintenance costs are typically confidential. Besides, most cost estimation
methods, which were developed for standardized process units, will give a large deviation for
offshore applications where equipment is often customized [112]. Thus, in this thesis, cost
analysis is only applied to the liquefaction systems on LNG carriers in Chapter 5 by

collaborating with a research group knowledgeable about the economics of such systems.
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3.2 Optimization algorithms used for LNG systems

Liquefaction processes are very energy intensive and there is a strong need to increase their
energy efficiency. This can be performed by using mathematical optimization algorithms or
applying thermodynamic analysis to improve the process concepts. Due to the diverse design
alternatives for LNG systems, it is also important to have a comparative evaluation and
comparison in order to select the right process option for a specified condition. Unless all the
processes being compared are optimized to the same level, it is hard to achieve an objective
comparison, which eventually needs global optimization of each process. Therefore, to deal
with such challenges, rigorous process modeling and optimization in combination with
advanced thermodynamics and domain knowledge about low temperature (sub-ambient)

processes are required.

Solving an optimization problem depends mainly on the characteristics of variables, objective
and constraint functions [113]. If variables are only sets of integers, such as {0, 1}, it is a
discrete problem and solved by integer programming (IP). Continuous problems can arise if all
variables are real numbers. A mixed integer program (MIP) corresponds to a case having both
integer and real numbers in the set of variables. Another important criterion is the linearity of
objective and constraint functions. If all functions are linear, the problem can be solved by
linear programming (LP). A non-linear program (NLP) is used when any of objective and

constraint functions are non-linear.

Optimization of LNG processes is generally formulated as NLPs since it contains continuous
variables with non-linear objective and constraint functions. Unless developing a
superstructure of an LNG process, for example optimizing the number of compression stages,
mixed integer non-linear programming (MINLP) models are not considered. When formulating
an NLP, it is important to know whether an optimization problem is convex or not. In a convex
problem, no more than one solution can be found in a given domain, meaning that any local

solutions obtained are always global optima. However, multiple local solutions may appear in
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a non-convex problem and this makes it hard to guarantee that the solution found is the global

optimum [114].

As optimization of LNG processes represent non-linear and non-convex problems, these have
proven to be extremely hard to solve and most algorithms have trouble to converge to a global
optimum [104]. The use of multi-component refrigerants, the cyclic nature of these processes
and the interaction between cycles are sources of convergence problems as well as the non-
linear behavior that results in non-convexities, which prevent the optimizer to identify the
global optimum and leads to non-optimal (local optima) solutions. Thus, most of the studies
conducted in the area of LNG process optimization have used local solvers and near global

solvers [115].

To solve such NLPs, sequential quadratic programming (SQP) and other local solvers have
been used as this applies a Newton step and results in a quick convergence [51, 81, 101, 107,
116-121]. Nevertheless, this optimization technique and other local optimization solvers do not
guarantee global optima when solving non-convex problems [122]. Rather these methods
suggest a solution, which is a minimum within its neighborhood that is not necessarily the

lowest value of the objective function in a non-convex problem.

The local solvers rely on accurate gradient information, thus commercial sequential modular
(SM) simulation tools such as Aspen HYSYS are not suitable for this problem. To obtain such
gradient information, each unit module in a process flowsheet has to provide the partial
derivatives based on their inputs and outputs. This is a problem in SM flowsheeting since the
unit modules are of a “Black-box” type, which prevents the generation of analytical derivatives.
Thus, complex programming is needed to produce approximate gradient information in SM
tools. As a result, the derivative information produced is noisy and inaccurate so the optimizer

frequently fails to converge [123].

Instead, in recent studies, global search algorithms such as genetic algorithm (GA), particle
swarm optimization (PSO), and divide a hyper-rectangle (DIRECT) have been selected as

alternative solvers for SM tools since they do not require derivative information [66, 80-82, 86,
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103, 106, 108, 117, 124-126]. Besides, these solvers deliver near-global optima by
investigating the entire search space. Nevertheless, the derivative-free algorithms are
computationally expensive and time consuming compared to the local solvers due to the global

search ability.

Therefore, the two different types of solvers (local and near global) are tested in this chapter in
order to find the most suitable optimization methods for various LNG systems. Modeling of
LNG systems is performed by Aspen HYSYS. The SQP algorithm implemented in Aspen
HYSYS is selected as the representative of local solvers. In the category of near global solvers,
PSO and DIRECT are chosen since the former is based on a stochastic algorithm and the latter
is a deterministic algorithm. PSO is a metaheuristic algorithm using randomly generated initial
solutions and particles (potential solutions), which flow through the search space considering
best-known solutions nearby [127]. DIRECT is a deterministic algorithm, partitioning the
search space by n-dimensional hyper-cubes and evaluating the mid value to find potential
solutions [128]. In this chapter, a modified DIRECT algorithm using extra partitioning is
applied to have better performance in finding potential solutions located near infeasible regions
[81]. Both global search algorithms are implemented in Matlab and connected to Aspen

HYSYS where the process models for LNG systems are located.

3.3 Optimization formulation and penalty functions

Unlike SQP, the two global search algorithms (PSO and DIRECT) were originally developed
for non-constrained optimization problems. However, actual systems such as LNG processes
have various constraints to be considered. A common strategy to handle constraints in the
derivative-free algorithms is imposing a penalty on the objective function when constraints are
violated [129-131]. Thus, the use of penalty functions results in constrained optimization
problems having only a feasible region. However, inappropriate penalty functions can lead the

global search algorithms to have solutions stuck in local optima or located in an actually
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infeasible region. Therefore, various penalty functions are tested in this chapter to find a proper

strategy to handle constrained non-linear optimization problems.
An optimization problem is typically formulated as Eq. (3.3).
min F (x)
X

subjectto g¢;(x) <0, i={12,..,m}
(3.3)
hi(x) =0, j={12,..,n}

X1B <X SXUB

where F (x) is the objective function including a penalty function. g;(x) and h;(x) represent
inequality and equality constraints. In this chapter, we do not consider equality constraints since
they are not used in this thesis. If a potential solution is feasible, F(X) is equal to original

objective function f(x).

F(x) = f(x) (34

If a potential solution is infeasible, a penalty function is added to the original objective function
f(X). There are two types of penalty functions, stationary and non-stationary. Stationary
penalty functions use fixed penalty parameters during optimization, while non-stationary types
have varied penalty parameters. Stationary penalty functions can simply be calculated by Eq.

3.5).

Frtatic1 () = £(0) + €, (Z qk(x)>, k={12,..p) (3.5)
k
where
qx (x) = max{0, g, (x)} (3.6)

k represents one of the inequality constraints applied in the optimization problem. Thus, the

total amount of constraint violations is multiplied by parameter C; and added to the original



28 Analysis methods for LNG systems

objective function. This penalty function is referred to as staticl. In order to evaluate the effect

of the parameter C;, two values (25 and 50) are selected and tested in Chapter 3.4.

Stationary penalty functions can also consider the total number of constraints violated as seen

Eq. (3.7).

Fstaticc(X) = f(x) + C4 (Z qx (x)) + C, X (Number of constraints violated) 3.7
k

The second penalty parameter (C,) for the total number of constraints violated is set to be 25.

This penalty is referred to as static2.

An exponential function is another option for the stationary type of penalty functions. As seen
in Eq. (3.8), the penalty value is exponentially increased with the total amount of constraint

violation.

Fatatics X) = f(X) + C3e k&) 59)

In this case, the penalty parameter value (C3) is 25. This function gives the penalty value to be
exponentially proportional to the amount of constraint violations. Thus, the exponential penalty
function will be beneficial to find optima located near the infeasible region where the penalty

value will be relatively small. This penalty function is referred to as static3.

The most simple way to handle the infeasible region is to give an infinite number to the

objective function value as seen in Eq. (3.9).

Faean(®) = f(X) + 0 X (Z qk(x)> (39)
k

This function is typically called death penalty. The infinite penalty value will make global
search algorithms to focus only on the feasible region. However, if solutions are located near

the infeasible region, the objective function with the death penalty will struggle to find them.
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Unlike stationary type, penalty parameters in non-stationary penalty functions are changed

during optimization. Eq. (3.10) shows an annealing type of non-stationary penalty.

Fannealing(x) = f(x) X (e(quk(X))ﬁ) r={12,..,s} (3.10)

In this equation, r represents the current iteration number during optimization. Thus, the value
of the penalty parameter (v/7) in the function increases with the iteration number. Therefore,
the algorithms will have better global search ability since they can explore a wider search space
at the beginning of the optimization due to the small penalty imposed on infeasible solutions.
Besides, this penalty parameter increases significantly over time, and the algorithms will only

focus on the current feasible region, resulting in quick convergence and rigorous results.

Eq. (3.11)-(3.12) indicate another non-stationary penalty function, referred to as dynamic

penalty.
denamic(x) = fx+ Vr (z a(qk(x)) qk(x)eﬁ(qk(x))> (3.11)
k
where

10 qr(x) < 0.1
a(qr(x) =420 01<q(x <1
100 a(x) >1 (3.12)

_ 1 qr (X) <1

Blaxt9) = 00 = 1
In addition to the iteration number, this penalty function has two other parameters (o and 3),
which are changed based on the value of constraint violation. Thus, the total penalty parameter
is dependent on the degree of violation in each constraint. Therefore, the handling of infeasible

solutions will be more flexible than other penalty functions by tuning the dynamic parameters.
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3.4 Comparison of optimization algorithms

3.4.1 A simple LNG process

Process analysis based on sub-optimal solutions can cause inappropriate understanding of the
system. Especially when comparing different processes, the local optima will result in incorrect
technical decisions. Therefore, selecting a proper optimization algorithm for process systems
is vital to find its potential performance and rigorous comparison basis. Thus, in this chapter,
two different types of optimization algorithms mentioned in Chapter 3.2 are compared for a

simple LNG process having one mixed hydrocarbon refrigerant.

This process is called the single mixed refrigerant (SMR) process. As seen in Figure 3.1, the
feed gas is pre-cooled, liquefied, and sub-cooled through heat exchanger HE-1 in the SMR
system. In order to supply the cold duty of the heat exchanger, a high-pressure mixed
refrigerant (M02) is throttled to low pressure and sent to HE-1. Next, the warm and low-
pressure MR stream is pressurized through two-stage compression with intercooling. The sub-
cooled natural gas is depressurized to ambient pressure and phase separated through flash drum

V-1, producing end-flash gas and LNG.

Mo03
End-flash
MR VLV-1 gas
> - -~ F04
Mo1
Feed Gas —————--—1
FO1

HE-1
FOS LNG

Figure 3.1 Process flow diagram of the SMR process.
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Table 3.1 Conditions of the feed gas

Property Unit Value
Temperature °C 22.0
Pressure bar 60.0
Flow rate kmol/s 1.0
Methane mol % 91.60
Ethane mol % 4.93
Propane mol % 1.71
n-Butane mol % 0.35
i -Butane mol % 0.40
i-Pentane mol % 0.01
Nitrogen mol % 1.00

Table 3.2 Simulation conditions for the SMR process
Design parameters Value
LNG pressure 1.5
Condenser / intercooler outlet 22.0
Compressor Polytropic % 78.0

The SMR process is modeled in a commercial sequential modular simulation tool, Aspen

HYSYS [132]. For the calculation of thermodynamic properties, the Peng-Robinson equation

of state is applied. Feed gas conditions and other design parameter required for the simulation

model are shown in Table 3.1 and Table 3.2.

The optimization formulation used in this study is given by Eq. (3.13). Optimization is

performed to minimize the specific power consumption of the SMR process. The molar flow

rates of components in the mixed refrigerant are selected as decision variables for this

optimization. All pressure levels of the MR are also set to be variables. In addition, the outlet

temperature of LNG from heat exchanger HE-1 is defined as a variable as seen in Table 3.3.



32 Analysis methods for LNG systems

mxin f(X) = Ppecific(X) = %
subjectto  g;(Xx) =3 = ATyinpe1(X) < 0

g2(X) = —ATgyp;m(x) < 0 m = {M04,M06} (3.13)

g3x)=1-Pr,(x) < 0 n = {K-1,K- 2}

9:X) =Pr,(x) —4< 0

X;p S X < Xyp
In this optimization study, four types of inequality constraints are applied. First, the minimum
temperature approach for heat exchanger HE-1 is constrained to 3 °C to avoid temperature
crossover, considering some margin. In addition, the inlet streams of compressors are
constrained to have positive superheating values to prevent liquid formation in the turbo-
machinery. The pressure ratio of the units is also restricted between 1 and 4, considering

practical issues.

Table 3.3 Decision variables and the starting point of the SMR process.

Variable Unit LB UB Starting point
My, kmol/s 0.00 1.00 0.50
e, kmol/s 1.00 2.00 1.50
me, kmol/s 1.00 2.00 1.50
e, kmol/s 0.00 0.40 0.20
Mic, kmol/s 0.50 1.50 1.00
Mnc, kmol/s 0.00 0.40 0.20
Mic, kmol/s 0.00 0.02 0.01
Mg, kmol/s 0.00 0.40 0.20
PMo3 bar 1.30 6.00 3.65
PMos bar 4.00 10.00 9.13
PMo7 bar 10.00 20.00 14.00

Tro2 °C -165.00 -145.00 -155.00
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For a fair comparison of the different optimization solvers, the same starting point is used as
seen in Table 3.3. Besides, the starting point is located in an infeasible region in order to see
the global search ability of the tested algorithms. Multi-starting points are not considered in

this work although they can increase the chance to find better solutions for the SQP algorithms.

Table 3.4 and Table 3.5 show the optimization results from the SQP, PSO, and DIRECT
algorithms. The best solutions from the PSO algorithm indicate that this metaheuristic method
can have similar performance as the SQP algorithm. The PSO with the annealing penalty
function even gives a slightly lower objective function value than the SQP algorithm. The
static2 penalty function with the PSO also gives a low specific power consumption, which is

just 1.5 % higher than the results from the SQP.

However, the penalty functions staticl and static3 result in solutions that are violating
constraints. The penalty values from the two static functions are proportional to the amount of
constraint violation. Thus, if possible solutions violate constraints very little, the amount of
penalty imposed to the objective function can also be negligible. Therefore, the PSO algorithm
with the staticl and static3 penalties can fail to reject infeasible solutions that are close to the
feasible region. However, the other static penalty function (static2) can avoid this problem by
using an added penalty value based on the number of constraints violated. Thus, infeasible
solutions close to the feasible region can be recognized as sub-optimal solutions and rejected

during optimization with the static2 penalty.

Although the death and dynamic penalties fulfill the constraints, they give the highest objective
function values, which are at least 8 % larger than the result of the SQP algorithm. As
mentioned in Chapter 3.3, the death penalty function has less global search ability than other
penalty functions since it does not search for areas near infeasible solutions where possible
global optima may exist. For the dynamic penalty, a reduction in penalty parameters may be

required to increase the global search ability.



34 Analysis methods for LNG systems

Table 3.4 Best solutions for SQP and PSO with different penalty functions for the SMR

process.

PSO

Property Unit SQP
Staticlps Staticlsp Static2  Static3 ~ Death Dynamic Annealing

Pgpecific  kWhiton 23445 23550 25127 237.92 24043 25382 25674  233.98

LMTD °C 3.99 3.94 5.05 412 387 408 432 3.92
UA MW/°C 2430 2650  17.17 2248 2684 2739  23.04 23.05
ATpinpgs ~ °C 3.00 2.98 2.99 3.00 300  3.00 3.00 3.00
ATapmos  °C 7.42 733 11.99 7.16 501 9.00 11.93 6.41
ATapmos  °C 0.00 0.05 0.02 0.01 .01 001 0.02 0.00
Pry., - 1.51 1.48 1.73 1.46 135 1.57 1.73 1.43
Pr.» - 2.00 1.90 1.99 2.08 203 1.83 1.90 221
iy, kmol/s 0.24 0.25 0.35 033 035 043 0.49 0.26
e, kmol/s 1.00 1.05 1.04 1.07 122 133 1.20 1.00
e, kmol/s 1.52 1.67 1.51 1.63 174 1.69 1.59 1.47
e, kmol/s 0.00 0.10  0.00 0.00 000  0.00 0.00 0.08
e, kmol/s 0.81 050  0.79 0.50 084 081 0.58 0.50
Titne, kmol/s 0.07 034  0.06 0.32 004 026 0.39 0.22
Ty, kmol/s 0.02 0.01 0.02 0.01 0.00  0.00 0.02 0.01
Titnc, kmol/s 027 030 007 0.14 025  0.19 0.06 0.23
Prios bar 3.66 3.64 5.79 5.26 503 466 5.47 428
Pros bar 5.52 538 10.00 7.68 681 731 9.45 6.12
Pro bar 1105 1023 1996 1598 1380 1339  17.94 13.49

Tro2 °C -145.00  -145.00 -145.00 -145.03 -145.01 -152.40 -155.25 -145.27
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Table 3.5 Best solutions for SQP and DIRECT with different penalty functions for the SMR

process.
DIRECT
Property Unit SQP

Staticlps Staticlsp Static2  Static3 ~ Death Dynamic Annealing
Pspecific kWh/ton 234.45 262.60 25529 257.84 25779 254.66 254.70 254.66
LMTD °C 3.99 4.53 4.00 4.10 4.12 4.08 4.08 4.08
UA MW/°C 24.30 26.66 24.23 28.84 23.06  22.69 22.67 22.69
ATin HE-1 °C 3.00 3.00 3.00 3.00 3.00 3.00 3.00 3.00
ATgupMoa °C 7.42 8.05 6.80 6.61 1.46 8.70 8.76 8.70
ATgupMo6 °C 0.00 0.00 0.00 0.03 2.57 0.33 0.36 0.33
Prg.4 - 1.51 1.51 1.47 1.44 6.76 1.55 1.56 1.55
Pri., - 2.00 1.77 2.46 1.86 0.00 2.46 2.47 2.46
My, kmol/s 0.24 0.48 0.38 0.48 0.39 0.37 0.37 0.37
e, kmol/s 1.00 1.39 1.04 1.48 1.00 1.01 1.01 1.01
e, kmol/s 1.52 1.89 1.48 1.79 1.48 1.38 1.38 1.38
e, kmol/s 0.00 0.13 0.09 0.18 0.09 0.02 0.02 0.02
Mic, kmol/s 0.81 0.99 0.55 0.61 0.56 0.67 0.67 0.67
Tnc, kmol/s 0.07 0.05 0.06 0.33 0.02 0.04 0.05 0.04
Mg, kmol/s 0.02 0.01 0.01 0.00 0.01 0.01 0.01 0.01
L kmol/s 0.27 0.20 0.33 0.22 0.33 0.27 0.27 0.27
PMo3 bar 3.66 5.22 3.71 5.22 3.73 3.65 3.65 3.65
PMos bar 5.52 7.89 5.44 7.50 5.45 5.68 5.68 5.68
PMo7 bar 11.05 13.99 13.41 13.95 13.99 13.98 14.00 13.98
Tro2 °C -145.00 -149.45 -159.65 -15091 -160.48 -159.53  -159.57 -159.53
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Figure 3.2 Convergence profiles using PSO for the SMR process.
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Unlike the PSO, the DIRECT algorithm satisfies constraints with any penalty functions.
However, the objective values are at least 8.6 % larger than the SQP algorithm, showing poor
performance of the DIRECT algorithm. Figure 3.2 and Figure 3.3 also indicate that the
convergence speed of the DIRECT algorithm is slower than the PSO algorithm where most
penalty functions have converged at around function evaluation number 10,000. The problem
with this algorithm is well indicated in the optimal outlet temperature values for heat exchanger
HE-1 (Tgg,) in Table 3.5. As described in Chapter 3.2, the DIRECT algorithm evaluates only
the mid value of the n-dimensional hyper cubes. Thus, if solutions are located near the
boundary of the feasible region, it struggles to reach the optimum. Based on the results from
the SQP and PSO algorithms, the optimal outlet temperature of HE-1 is assumed to be -145
°C, which is the lower bound of the variable. However, the deterministic global search

algorithm (DIRECT) was not able to reach the lower bound as seen in Table 3.5.

The same problem can be found in the molar flow rate of propane (1, ), which has its optimal
value at the lower bound. These results mean that the extra partitioning of the hyper cubes
applied in the DIRECT algorithm in this work was not helpful to prevent the problem. Instead,
relaxation of variables may be required for the DIRECT algorithm to find optima, which will
need extra computational time. Therefore, the SQP and PSO algorithm will be more suitable
for optimization of LNG systems regardless of the location of optimal solutions. The quick
convergence is also another merit of the PSO, compared to the DIRECT. Thus, in the following
chapters, only the PSO algorithm is considered to be compared with the SQP solver in order to

prove the global search ability of the meta-heuristic method.
3.4.2 Comparison with literature

The SQP and PSO algorithms are also compared with the results from literature where an
external SQP solver is applied to optimize the SMR process built in Aspen HYSYS [133]. In
this literature, the MR in the SMR system is pressurized by one stage compression and
aftercooling as seen in Figure 3.4. In addition, the depressurization of the sub-cooled natural

gas stream (F02) is not included. Other design parameters are given in Table 3.6.
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Optimization is performed based on Eq. (3.14) and the decision variables are listed in Table

3.7.

Vl/;:omp(x)

min f(X) = Pgpecific(X) = ————~

X f( ) spec1flc( ) mLNG(X)
subjectto g;(X) =2 — ATyinue1(X) < 0 (3.14)

gz(X) = _ATsup,M04(X) <0

X1p =X =Xyp

Unlike the SMR process in Chapter 3.4.1, the MR does not have pentane, and the outlet
temperature of heat exchanger HE-1 is not selected as a variable. A minimum temperature
difference is constrained to be 2 °C. A minimum superheating of the compressor inlet stream
(M04) is set to be 0 °C. However, this literature does not restrict the pressure ratio of
compressor K-1 during optimization. For a fair comparison, the same starting point as the
literature is also applied to the SQP and PSO algorithms. The detailed information about the

variables and starting point are shown in Table 3.7.

MO03
MR % VLV-1
Mor | | Moz
Feed Gas o R > LNG
F01 F02

HE-1

Figure 3.4 Process flow diagram of the SMR process from literature [133].
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Table 3.6 Feed gas conditions and design parameters for the SMR process from the literature

[133].

Property Unit Value

Feed gas composition

Nitrogen mol % 0.37

Methane mol % 95.89

Ethane mol % 2.96

Propane mol % 0.72

n-Butane mol % 0.06
Feed gas temperature °C 20
Feed gas pressure bar 60
Feed gas flow rate kmol/s 1
LNG temperature (Tgg ) °C -164.2
Cooler outlet temperature °C 20
Compressor adiabatic % 80%

Table 3.7 Decision variables and feasible starting point for the SMR process from the literature

Variable Unit LB UB Starting point
My, kmol/s 0.00 2.00 0.40
me, kmol/s 0.00 2.00 1.00
e, kmol/s 0.00 2.50 1.20
me, kmol/s 0.00 2.00 0.00
Mg, kmol/s 0.00 2.50 0.00
Tine, kmol/s 0.00 4.00 0.50
PMos bar 1.00 8.00 1.80
PMoz bar 8.00 50.00 40.00
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The optimization results shown in Table 3.8 indicate that the SQP solver built in Aspen HYSY'S
has almost the same performance as the SQP from the literature. Thus, the objective function
value of the SQP solver in Aspen HYSYS is only 0.5 % larger than the results from the
literature. The PSO algorithm with the static2 penalty function also results in almost the same
objective function value as the SQP in HYSYS. Besides, the static2 penalty has a faster
convergence than any other penalty functions as seen in Figure 3.5. Other penalty functions
give sub-optimal solutions with slow convergence, resulting in objective function values to be
at least 3 % larger than the results with the SQP from the literature. Especially the staticl
penalty function with the penalty parameter of 25 gives an infeasible solution, allowing

temperature cross in heat exchanger HE-1 due to the small penalty parameter.

Therefore, in this chapter, the SQP solver in Aspen HYSY'S and the PSO algorithm are proven
to be valuable tools for the optimization of LNG systems. However, for the PSO algorithm, a

careful selection of penalty functions will be required to achieve proper performance.

650
600 Staticl 50
iy Static2
e 550 —— Static3
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Z 500 b )
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= I
£ 400
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o — ——
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Figure 3.5 Convergence profiles using PSO for the SMR process from the literature.
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3.4.3 A complex LNG process

The SQP and PSO algorithms are further tested by using a complex LNG process to find
whether the two solvers can properly optimize systems having a search space with considerably
more degrees of freedom. Figure 3.6 shows an LNG process with two mixed hydrocarbon
refrigerants. This process is called the dual mixed refrigerant (DMR) process. Due to the
multiple refrigeration cycles with mixed refrigerants and the multi-stage compression for each
refrigerant, the search space during optimization is extensively increased. Therefore, global
search algorithms such as the PSO will struggle to find optimal solutions, while requiring

significant computational time.

In this process, the warm mixed refrigerant (WMR) is responsible for the pre-cooling and
liquefaction of the feed gas. Then, the cold mixed refrigerant (CMR) sub-cools the liquefied
LNG before it is throttled to ambient pressure. The WMR is pressurized by a combination of
compressors and a pump, while the pressure level of the CMR is boosted by three-stage
compression with intercooling. The simulations of the DMR process are performed by Aspen
HYSYS. The information required to build the simulation model such as the feed gas
composition and compressor efficiencies are given in Chapter 3.4.1. The optimization

formulation for the DMR system is given by Eq. (3.15).

W03 VLV-1

¥ C03a

w02 va

C03d

% VLV-3 End-flash
- F06

C03c

CMR co1 co2 C04a
Feed Gas

Fo1 F02

Figure 3.6 Process flow diagram of the DMR process.
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Wi (%)
l’l‘lxll’lf(X) SpelelC(X) mLNG(X)
subjectto  g;(X) = 3 = ATyn,(X) <0 i ={HE-1,2,3}
g2(x) =5 — AT, ;(x) < 0 j ={W04,C06} (3.15)
93(xX) =Pr,(x)—4<0 k ={K-1,2,3,4,5}

gax)=1-Pr(x) <0

X1B <X SXUB

The molar flow rates of components in the two mixed refrigerants are selected as optimization
variables. In addition, all pressure levels of the WMR and CMR are defined as decision
variables. The outlet temperature levels of the first and second heat exchangers (HE-1 and HE-
2) are also chosen as variables, considering the interaction between the WMR and CMR cycles.

The detailed information about the variables and their starting point is listed in Table 3.9.

Table 3.9 Decision variables and a starting point for the DMR process.

Variable Unit LB UB Starting point
e, wMR kmol/s 0.00 1.00 0.58
e, wMr kmol/s 0.00 1.00 0.42
nc, WMR kmol/s 0.00 0.50 0.22
T, cMR kmol/s 0.00 0.25 0.09
e, MR kmol/s 0.00 1.00 0.56
Mg, cMR kmol/s 0.00 1.00 0.44
e, cMR kmol/s 0.00 0.50 0.24
Pwos bar 1.30 4.00 3.90
Pwos bar 4.00 10.00 8.50
Pwoy bar 10.00 20.00 18.00
Pcosd bar 1.30 4.00 3.60
Pcor bar 4.00 10.00 8.50
Pcos bar 10.00 25.00 20.30
Pers bar 25.00 60.00 48.60
Tro2 °C -50.00 -25.00 -33.50

Tro3 °C -130.00 -100.00 -116.50
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During optimization, a minimum temperature approach for heat exchangers is set to be 3 °C,
the same as for the SMR process in Chapter 3.4.1. A minimum superheating of compressor
inlet streams is also constrained to be 5 °C. In addition, pressure ratios for compressors and the

pump are also limited to be less than four.

The best solutions of the SQP and PSO algorithms and their performance parameters are given
in Table 3.10 and Table 3.11. The results indicate that the PSO algorithm with penalty functions
did not achieve the same objective function value as the SQP solver. The objective function
values from the PSO algorithm are 1.6 % to 6.5 % higher than the solution from the local
solver. The extensive search space also requires the global search algorithm to have a large
number of function evaluations to find optimal solutions. Thus, as seen in Figure 3.7, the meta-
heuristic algorithm is converged at a function evaluation number of around 60,000, which is

five times larger than for the SMR process.

Therefore, the PSO algorithm will not be suitable for complex LNG systems since the solver
struggles even to find local optima, while consuming significant computational time due to the
large number of function evaluations required. Thus, for the following chapters, the PSO
algorithm is applied for simple processes and the SQP algorithm is used for complex LNG

systems.
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Table 3.10 Best solutions of SQP and PSO with different penalty functions for the DMR

process.
PSO
Property Unit SQP

Staticlps  Staticlsp ~ Static2 ~ Static3 ~ Death Dynamic Annealing
e, WMR kmol/s 0.29 0.41 0.40 0.34 0.42 0.43 0.36 0.42
e, WMR kmol/s 0.27 0.18 0.21 0.24 0.22 0.36 0.27 0.20
Myc,wMr  Kmol/s 0.34 0.35 0.33 0.31 0.34 0.21 0.32 0.34
TN, CMR kmol/s 0.03 0.03 0.04 0.04 0.04 0.05 0.05 0.04
e, cMR kmol/s 0.49 0.51 0.52 0.52 0.52 0.53 0.54 0.52
e, cMR kmol/s 0.48 0.46 0.50 0.50 0.52 0.52 0.54 0.50
e, cMR kmol/s 0.24 0.21 0.21 0.23 0.20 0.19 0.22 0.22
Pwos bar 3.37 3.76 3.98 4.00 3.76 4.00 3.78 4.00
Pwos bar 7.59 9.99 8.84 8.43 8.91 10.00 9.06 9.35
Pwo7 bar 13.89 16.98 16.76 15.52 16.85 18.12 15.61 17.17
Pcosd bar 3.20 3.40 3.67 3.67 3.70 3.99 391 3.64
Dco7 bar 6.50 9.99 5.13 5.81 4.80 9.78 8.24 9.24
Pcoo bar 17.70 19.88 20.42 20.10 19.11 20.88 19.55 21.08
Pci1 bar 36.67 40.01 40.47 41.55 36.76  40.49 37.74 39.40
Tro2 °C -30.03  -34.38 -31.93 2871 -33.93 -33.62 -30.63 -32.71
Tro3 °C -119.31  -123.05  -120.69 -120.17 -118.10 -119.31 -117.34  -120.32
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Table 3.11 Performance parameters and constraints of the DMR process with different penalty

functions.

PSO

Property Unit SQpP
Staticlps  Staticlsp ~ Static2 ~ Static3 ~ Death Dynamic Annealing

Pspecific kWh/ton  205.65 211.42 210.13  210.56 208.97 218.67 209.54 210.13

Dutyyg., MW 1934 19.95 19.57  18.84 2048 2026  19.84 20.09
Dutyyg.» MW 1877 17.97 1859 1931 1822 1829  19.32 18.46
Dutyyg-s MW 2.29 1.90 217 224 246 232 2.62 2.20
UAyg1 MW/°C 5.03 4.97 505 515 519 251 5.37 5.11
UAyg.o MW/°C 4.68 4.12 448 457 448 451 4.74 4.45
Ulyg-s MW/°C 0.45 0.41 045 048 049  0.50 0.51 0.47
LMTDyg 4 °C 3.85 401 388 3.66 395  8.08 3.69 3.93
LMTDyg., °C 4.01 436 415 423 407  4.06 4.08 4.15
LMTDyg.5 °C 5.13 4.64 481 466 505  4.63 5.12 4.70
ATmin i1 °C 3.00 3.00 300 300 300  3.00 3.00 3.00
ATpin e 2 °C 3.00 3.00 300 3.00  3.00  3.00 3.00 3.01
ATminHE-3 °C 3.00 3.00 318 3.00  3.00 3.0l 3.00 3.01
ATeupwos °C 7.94 6.83 624 534 693 1530 6.98 5.97
ATqupcos °C 1540  11.56 1326 1490 1124 1134  12.59 9.29
Pry4 - 2.25 2.65 222 211 237 250 2.39 2.34
Pr.s - 1.83 1.70 189 184 189 181 1.72 1.84
Pri.s - 2.03 2.94 140 158 130 245 2.11 2.54
Prs - 272 1.99 398 346 398 213 2.37 228

Prg.s - 2.07 2.01 1.98 2.07 1.92 1.94 1.93 1.87
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Figure 3.7 Convergence profiles using PSO for the DMR process
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Chapter summary

o Apart from energy performance indicators, exergy analysis also has to be
considered for a proper thermodynamic analysis and comparison of LNG systems,
since exergy can evaluate the thermodynamic quality of input and output energies.

o For the optimization of simple LNG processes, both the SQP and PSO algorithms
will be proper solvers. However, the PSO algorithm is not recommended for

complex LNG systems due to its poor performance compared to the SQP.

N /







Chapter 4 Energy analysis for LNG processes

In this chapter, base-load LNG processes are optimized using the SQP algorithm, which
shows more robust performance for complex systems compared to some stochastic
algorithms as seen in Chapter 2. The optimization is performed using energy consumption

as the objective function to answer the following questions:

o What is the most energy efficient DMR process?
o Which LNG process is most suitable for FLNG?
o What is the proper optimization formulation for complex LNG processes to

improve their energy efficiency?

- )

This chapter is based on the following publications:

— Kim D, Gundersen T. Comparison of Liquefaction Processes for FLNG. The 28th
International Ocean and Polar Engineering Conference (ISOPE 2018). Sapporo, Japan:
International Society of Offshore and Polar Engineers (ISOPE); 2018.

— Kim D, Gundersen T. Constraint Formulations for Optimisation of Dual Mixed

Refrigerant LNG Processes. Chemical Engineering Transactions. 2017;61:643-8.
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4.1 LNG processes for large scale LNG

Demand for natural gas has increased constantly to mitigate the greenhouse effect as a cleaner
fuel. In particular, liquefied natural gas (LNG) produced for long-distance transport has been a
major source of natural gas supply, accounting for over 30 % of world trade [8]. To meet such
growing demand for LNG, there have been various types of LNG processes suggested for
energy efficient production. For a large-scale production of LNG, in excess of 2-4 million ton
per annum (MTPA), dual mixed refrigerant (DMR) processes have been considered as
favorable technical solutions [9, 50, 51]. This is due to its low specific power, large train
capacity and the less flammable refrigerant for its pre-cooling circuit compared to the C3-MR
process, which is the current market dominator for base-load LNG plants [8]. The mixed
refrigerant (MR) for the pre-cooling circuit also gives better operational flexibility as it can
handle the variation of feed gas conditions and ambient temperature [47, 55]. However, DMR
processes are not a mature technology since it has been deployed only to a limited number of
sites, and with only one of the several suggested configurations realized [8, 52-54]. Especially,
the complex structure of DMR processes and the interaction between the two mixed

refrigerants have been the challenges to developing the system.

Thus, Nogal et al. [55] optimized a DMR system, showing a better performance than a single
mixed refrigerant (SMR) process, and the study suggested using multistage compression with
intercooling to reduce both capital and operating costs for the two MR systems. A DMR
process was also compared with various base-load liquefaction systems such as C3-MR and
multi fluid cascade (MFC) systems, indicating a high efficiency of the configuration with two
MRs [93, 109]. For further improvement of DMR processes, different objective functions and
constraint formulations were tested during optimization, resulting in a better thermodynamic
efficiency with the objective function of total UA value and relaxed superheating constraints
for the two MRs [134, 135]. Yang et al. [117] also conducted stochastic optimization studies

for a DMR process with varying seawater temperature.
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Besides, profit optimization was performed based on cost analysis, verifying that a DMR
process is economically favorable for the production range between 2 to 4 MTPA compared to
SMR and C3-MR processes [51]. In addition, You et al. [136] performed risk analysis for two
different DMR configurations for floating LNG facilities, ensuring the safety of the systems.
Recently, Vikse et al. [137] even applied a nonsmooth multistream heat exchanger model to
build a DMR process model, giving rigorous simulation results compared to commercialized

tools such as Aspen Plus.

Nevertheless, detailed thermodynamic analysis on the effect of the different configurations for
DMR processes has not yet been conducted. Instead, comparisons of DMR processes were
performed with a lack of analysis about the structural differences [121, 138]. Therefore, in this
chapter, DMR processes with different configurations are analyzed and compared in order to
find the most energy efficient process structure. Mathematical optimization is also performed

for the various DMR processes to have a fair performance comparison.
4.1.1 DMR processes

Natural gas is a mixture of hydrocarbons and other gases. Thus, when it is cooled down, it has
a gliding temperature. To produce LNG, typically natural gas has to be cooled down to around
-158 °C. During this process, natural gas is pre-cooled, liquefied and sub-cooled. These steps
can be done using one, two, or even three cycles. The DMR system is a process having two
refrigeration cycles. The first cycle decreases the temperature of the feed gas and the refrigerant
for the second cycle down to around -50 °C. Then the second cycle liquefies and sub-cools the

pre-cooled natural gas to around -158 °C.

Each cycle has its own hydrocarbon mixed refrigerant. Thus, in total, there are two mixed
refrigerants in a DMR process. The one used for the pre-cooling cycle is called a warm mixed
refrigerant (WMR). The other utilized for the liquefaction and sub-cooling part is referred to
as a cold mixed refrigerant (CMR). As natural gas has a gliding cooling temperature, using

mixed refrigerants has the advantage of having small gaps between hot streams and cold
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streams in the heat exchangers. This small gap leads to a lower entropy generation through the

heat exchanger, thus reducing irreversibility [43].

DMR processes can be categorized by the number of evaporation pressure levels on the WMR
and CMR cycles. Besides, the phase separation of the pre-cooled CMR also affects the structure
of the liquefaction and sub-cooling part in DMR processes. Based on this criterion, there are

mainly four commercialized DMR processes as shown in Table 4.1.

Table 4.1 Categorization of DMR processes.

WMR cycle CMR cycle

Process Number of Number of Phase separation of
evaporating pressures —evaporating pressures pre-cooled CMR

AP-DMR (APCI) [28, 29] 1 1 1
Shell DMR (Shell) [30] 2 1 1
Liquefin (Air Liquide) [31] 3 1 0
Tealarc (Technip) [32] 3 1 1

4.1.1.1 AP-DMR process

Air Products and Chemicals Inc. (APCI), who is the market dominator with the C3-MR system,
has also suggested a DMR process, called AP-DMR [28, 29]. This process utilizes only one
evaporating pressure level of the WMR and CMR, which makes the configuration simple. The

schematic of this technology is illustrated in Figure 4.1.

The WMR is used for the pre-cooling of the feed stream and the CMR. First, the high pressure
WMR is throttled by a Joule-Thomson valve to deliver the cold duty required in the pre-cooling
step. Afterwards, the pressure level of the WMR is boosted by using not only compressors but
also a pump, which reduces the power consumption for the pressure increase of the refrigerant.
Then, the pre-cooled CMR is used for the liquefaction and sub-cooling of the pre-cooled feed

stream.
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Figure 4.1 Process flow diagram of the AP-DMR process [28, 29].

In this second refrigeration cycle, the pre-cooled CMR (C02) from the WMR cycle is separated
to the vapor and liquid streams, which are responsible for the liquefaction and sub-cooling of
the feed gas respectively. Finally, the sub-cooled natural gas is expanded to ambient pressure
to produce LNG (F07). Since this process is composed of two mixed refrigerants, one can
manipulate the composition of the working fluids to adapt the variation of the feed gas, giving

an operational flexibility. This process, however, has not been applied in the field.

4.1.1.2 Shell DMR process

Royal Dutch Shell also has offered a DMR process (named Shell DMR in this paper), which
has a similar structure to the AP-DMR [30]. Compared to the AP-DMR, the Shell DMR has
one more evaporating pressure level on the WMR as seen in Figure 4.2. The increase in the
number of evaporating pressure levels results in extra decision variables such as the additional
pressure level and the split ratio of stream W02. Thus, this system has a higher complexity than

the DMR process from APCI, but a higher efficiency is expected.

However, the Shell DMR does not utilize pumps to boost the pressure of the WMR, which will
bring a penalty on the process efficiency compared to the AP-DMR. In addition, the absence
of pumps in the WMR cycle means the refrigerant is leaner than the one in the AP-DMR
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Figure 4.2 Process flow diagram of the Shell DMR process [30].

process so that it is not condensed in intercoolers during compression. This lean WMR will
also affect the process performance. Thus, the Shell DMR will be a proper process option for
the comparison with the AP-DMR in order to evaluate the effect of the structural difference. It
should be remarked that the Shell DMR is already proven technology as this system has been
applied to an onshore base-load LNG plant and a floating LNG facility, showing the reliability
of the system [8, 52-54].

4.1.1.3 Liquefin process

Air Liquide even proposes a process having three evaporating pressure levels for the WMR
cycle, named Liquefin [31]. Thus, this system is more complex than the Shell DMR as depicted
in Figure 4.3, having a larger number of decision variables. However, other design features of
this technology compensate for the added complexity. First, the outlet temperature of the pre-
cooling cycle in the Liquefin process is lower than the AP-DMR and Shell DMR processes.
The low temperature leads to an identical power consumption for the WMR and CMR cycles,
which is an advantageous condition when operating gas turbines [139]. Second, unlike other
DMR processes, the CMR is not phase separated before entering the liquefaction and sub-
cooling steps, making this system simpler. Therefore, the CMR cycle requires only one main

heat exchanger (CHE-1).
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Figure 4.3 Process flow diagram of the Liquefin process [31].
4.1.1.4 Tealarc process

Technip also provides a system, having a distinct process structure compared to other DMR
processes [32]. The schematic of the technology is shown in Figure 4.4. Like the Liquefin
process, this system (named Tealarc), has three evaporating pressure levels for the WMR.
However, this WMR only cools down the CMR to around -50 °C. Then, the chilled CMR pre-
cools, liquefies and sub-cools the feed gas. Thus, the CMR cycle needs an extra heat exchanger

for the pre-cooling part, compared to other DMR processes.

This cold mixed refrigerant is also phase separated like the AP-DMR and Shell DMR processes
before supplying the cold duty of the heat exchangers in the cycle. Therefore, this process has
the most complex configuration compared to other DMR processes, resulting in the largest

number of decision variables for optimization.

This system is sometimes categorized as a single mixed refrigerant process as the feed gas is
liquefied by only one mixed refrigerant, which is the CMR. However, the Tealarc process is
regarded as a DMR process in this chapter as this system have two-mixed refrigerants like other

DMR processes.
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Figure 4.4 Process flow diagram of the Tealarc process [32].
4.1.2 Design basis and optimization

In this chapter, the simulation work was limited to the liquefaction processes only, disregarding
various sub-systems in LNG plants such as acid gas removal, dehydration, mercury removal,
NGL extraction and nitrogen removal. Aspen HYSY'S [132] was used for the simulation, and
the Peng-Robinson equation of state was selected for the calculation of thermodynamic

properties in the simulation tool.

As seen in Table 4.2, the feed gas is regarded as pre-treated natural gas, thus not requiring
further removal of heavier hydrocarbon in the DMR processes. In this chapter, natural gas was
assumed to be cooled to -148 °C before being throttled to around ambient pressure. The detailed

simulation conditions of the feed gas, LNG and rotating machinery are shown in Table 4.3.
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Table 4.2 Feed gas conditions of the DMR processes.

Property Unit Value
Temperature °C 22.00
Pressure bar 60.00
Flow rate kmol/s 1.00
Methane mol % 91.60
Ethane mol % 4.93
Propane mol % 1.71
n-Butane mol % 0.35
i -Butane mol % 0.40
i-Pentane mol % 0.01
Nitrogen mol % 1.00

Table 4.3 Simulation conditions of the DMR processes.

Design parameters Unit
LNG temperature before expansion °C
LNG pressure bar
Condenser / intercooler outlet °C
Compressor Polytropic %
Pump / Liquid turbine Adiabatic %

For a fair comparison, all the DMR processes were optimized by the sequential quadratic

programming (SQP) algorithm. The optimization formulation is given in Eq. (4.1). In this

optimization, the WMR was assumed to be composed of ethane, propane, and butane. Nitrogen,

methane, and ethane were also chosen to make the CMR. However, for the Tealarc process,

butane was added to the CMR to cover the pre-cooling of the feed gas. Thus, all the molar flow

rates of each component in the two MR were defined as decision variables. In addition, all the

outlet temperature of heat exchangers were set to be the variables except for the last heat

exchanger in the CMR cycle, which is fixed at -148 °C. All the pressure levels of MRs were

also controlled as decision variables. Besides, the stream splitters in the Shell DMR, Liquefin,
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and Tealarc processes were selected as variables during the optimization. The entire decision

variables for each process are given in Table 4.4.

Wi (%)
min f(X) = Pypecific(X) = ————
X f spec1flc( ) mLNG(X)
subject to ATpin(x) = 3 i = {WHE, CHE}
. 4.1)
ATsup,j,inlet(x) =5 ] = {WK, CK}

1<Prx)< 4
X1B SXSXUB

Optimization was performed to minimize the specific power consumption of the DMR
processes, which is the total compression work divided by the mass flow rate of the LNG
product. A minimum temperature difference for heat exchangers was constrained to be 3 °C in
order to have a balance between the thermal efficiency and the area of the heat exchangers [86,
140]. The degree of superheating in the compressor inlet streams was also set to be larger than
5 °C to prevent liquid formation in the compressor [134]. The pressure ratio of the compressors

was limited to be lower than 4, considering practical issues of the turbo-machinery [141].
4.1.3 Results

In this section, four different DMR processes were compared based on the optimization results
in Table 4.5. During optimization, all the constraints were fulfilled as seen in Table 4.6. The
results indicate that the Liquefin process has the largest specific power consumption compared
to the other DMR processes. Although the Liquefin system has three evaporation pressure
levels of the WMR, the process gives the largest averaged LMTD value for the heat exchangers
in the pre-cooling cycle. The large temperature gap between the hot and cold composite curves
will result in significant entropy generation in the heat exchangers, while decreasing process

efficiency.
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Table 4.4 Decision variables and the best solutions of the DMR processes.

Best solution

Variable Unit LB UB AP- Shell Liquefin  Tealare
DMR DMR

mc,wMr  kmol/s 0.00 1.00 0.29 0.21 0.93 0.32
mc,wmr ~ kmol/s 0.00 1.00 0.27 0.70 0.94 0.68
Myc,wMr ~ kmol/s 0.00 0.50 0.34 0.20 0.01 0.03
Ty, CMR kmol/s 0.00 0.25 0.03 0.01 0.03 0.03
e, cMR kmol/s 0.00 1.00 0.49 0.44 0.33 0.51
mMe, cMR kmol/s 0.00 1.00 0.48 0.42 0.45 0.53
Mc, cMR kmol/s 0.00 0.50 0.24 0.21 0.06 0.10
Tpe,cMr ~ kmol/s 0.00 0.25 - - - 0.02
PLLP,WMR bar 1.30 4.00 3.37 1.84 2.03 2.12
PLP,WMR bar 4.00 10.00 7.59 5.36 5.66 5.08
PMP,WMR bar 10.00 20.00 13.89 11.26 13.56 9.68
PHP WMR bar 20.00 40.00 - - 20.77 16.08
PLLP,CMR bar 1.30 4.00 3.2 2.57 2.19 3.71
PLP.CMR bar 4.00 10.00 6.5 4.10 7.14 8.86
PMP,CMR bar 10.00 25.00 17.7 16.39 15.01 17.23
PHP,CMR bar 25.00 60.00 36.67 33.19 25.80 32.96
°C -10.00 5.00 - -6.42 -0.23 4.17
TwHE,out °C -40.00  -20.00 -30.03  -39.15 -29.66  -20.25
°C -50.00  -20.00 - - -59.87  -46.44
°C -50.00  -20.00 - - - -44.68

TcHE out
°C -130.00 -100.00 -119.31 -126.33 - -121.58
Tee-1 - 0.20 0.80 - 0.60 0.45 0.28
Tee-2 - 0.20 0.80 - - 0.55 0.58
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Since the Liquefin process is designed to have a colder outlet temperature of the pre-cooling
cycle, a wider temperature range was covered by the WMR, compared to the other systems
(see Table 4.4). Although mixed refrigerants are able to be adapted to the variations in the
operating temperature by changing their compositions, it is harder to find the composition
keeping the temperature gap between the hot and cold composite curves low through an
increased temperature range, while fulfilling minimum temperature difference constraints.
Eventually, on average, the LMTD values for the heat exchangers in the pre-cooling cycle were

larger than other DMR processes.

This multiple mixing of substreams in the WMR due to the various evaporation pressure levels
also causes an increase in entropy generation in the pre-cooling cycle. After delivering the cold
duty in the heat exchanger, the three WMR streams with different pressure levels are mixed
with the streams from the compressor outlets. The mixing of these streams having different

temperature levels contribute to larger irreversibilities.

The Liquefin process also has the largest LMTD value for the heat exchanger in the CMR cycle
compared to other processes, which causes an increase in power consumption. Unlike the
Liquefin process, the pre-cooled CMR in other systems is phase separated and supplied to the
heat exchangers for the liquefaction and sub-cooling of the feed gas. The phase separation gives
extra flexibility of the MR to reduce LMTD values by throttling the vapor and liquid CMR at
different temperature levels to supply the cold duty of the heat exchangers. However, the
Liquefin process uses the CMR without phase separation, thus giving the largest temperature
gap in heat exchanger CHE-1. The phase separation of the CMR also helps to prevent solid

formation of the heavier components in the refrigerant.

Through the flash drum, the liquid CMR is supplied to the warmer heat exchanger in the cycle,
while the vapor stream is sent to the coldest heat exchanger in the system. Thus, the heavier
components in the liquid will have less chance to be solidified in the system, increasing process
reliability. Nevertheless, as seen in Table 4.5, the Liquefin process delivered compression work
equally distributed to the WMR and CMR cycle, which results in the easy operation of the gas

turbines connected to the compressors.
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Table 4.5 Performance parameters of the DMR processes.

Property AP-DMR Shell DMR Liquefin Tealarc
Pspecific

[KWh/ton] 205.65 202.23 206.63 201.72

2.20 1.36 1.28 0.73

WMR 0.86 2.39 2.65 1.36

0.032 - 2.13 1.50

W 3.09 3.75 6.06 3.59

[I\T\;‘]’ 2.35 1.26 2.59 3.41

CMR 3.96 4.58 2.02 2.32

2.68 2.28 1.46 2.52

8.99 8.12 6.07 8.25

Total 12.07 11.87 12.13 11.84

12.33 12.61 4.29

WMR 19.34 9.44 7.38

9.06 831 5.76

19.34 21.39 30.36 17.43

Dutyye 3.67
[MW] 18.77 16.75

CMR 13.99 15.88

2.29 1.56 206

21.06 18.31 13.99 21.61

Total 40.40 39.71 44.35 39.05

285 243 1.01

WMR 5.03 2.16 1.84

1.94 2.00 1.39

Udyg 5.03 4.79 6.59 4.24

[MW/°C] 468 411 0.90

CMR 2.62 3.69

0.45 0.29 0.41

5.13 44 2.62 5.00

Total 10.16 9.20 9.21 9.25

432 5.19 4.26

WMR 3.85 4.37 4.00

4.67 4.15 4.13

LMTD 3.84 4.47 4.61 4.11

["C]HE 4.01 4.07 4.09

CMR 5.34 4.30

5.13 5.36 501

4.11 4.16 5.34 432

Average 3.98 4.32 4.82 4.22

2Power consumption of pump P-1.
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Table 4.6 Constraint values for the DMR processes.

Constraint Unit AP-DMR Shell DMR  Liquefin Tealarc

C 100 3.00 3.00
ATmmwne  °C 3.00 3.00 3.00
3.00
°C 3.00 3.00
C 300 3.00 3.00
AT, °

min CHE ¢ 3.00 3.00 3.00 3.00
°C 3.00
°C s 5.71 5.02

ATsu inle © . . .
pwiiner  °C 7.94 500 17.59 12.30
°C 513 16.69
ATgpckimer  °C 154 10.53 5.90 61.29
- 225 291 2.79 2.39

P - . .
TwK 1.83 2.10 241 191
; 1.53 1.66
- 2.03 1.59 3.26 2.39
Prex ; 272 4.00 2.10 1.94
] 2.07 2.03 1.73 1.91

The AP-DMR process also consumes a substantial amount of compression power, close to the
Liquefin system. It is noticeable that the AP-DMR process has such large power consumption
although this system has the lowest average LMTD values for both the WMR and CMR cycles.
The AP-DMR process was optimized to utilize the pump in the WMR cycle. Thus, the WMR
became richer so that the working fluid can be condensed through cooler C-1 in Figure 4.1,

which is different from the other processes.

A richer MR is not effective to reduce the LMTD value in a heat exchanger in the a colder
temperature range due to the higher boiling temperature of the working fluid. Therefore, the
outlet temperature of the pre-cooling cycle was increased in the AP-DMR process to reduce

the temperature range for the colder part (see Table 4.4). As a result, the AP-DMR process has
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a smaller heat exchanger duty in the WMR cycle and a larger duty in the CMR cycle compared
to the Shell DMR process.

This heat duty distribution is not thermodynamically favorable since irreversibilities per unit
duty are inversely proportional to temperature [42]. Even though the AP-DMR process can
minimize entropy generation in the WMR cycle with a smaller average LMTD and heat duty,
the increased heat duty in the CMR cycle will bring a larger entropy generation in total. Thus,
the AP-DMR shows that the increment of the compression work in the CMR cycle is greater
than the reduction in the one in the WMR cycle, compared to the Shell DMR process.
Therefore, the total compressor work of the AP-DMR process is larger than the Shell DMR
process due to the distribution profile of the heat duty.

The Tealarc process, however, shows an even smaller power consumption for LNG production
than the Shell DMR. The three evaporation pressure levels of the WMR and the use of a phase
separator for the CMR give the largest flexibility to the process to reduce the temperature gap
between hot and cold composite curves in the heat exchangers, resulting in the second smallest
LMTD value on average. Although the duty of the CMR cycle is the largest compared to other
DMR systems due to the pre-cooling of the feed gas, the actual duty used for the liquefaction
and sub-cooling of the natural gas is less than that of the Shell DMR process. Besides, the duty
of the WMR cycle with the pre-cooling part of the CMR cycle is also smaller than the Shell
DMR. Therefore, the low values in the average LMTD and heat duty achieved by the complex

structure result in the highest process efficiency compared to other DMR processes.

4.1.4 Conclusions

Different configurations of DMR technologies have been optimized to compare their process
efficiency and analyze the effect of the structural differences. First, the use of the pump in the
WMR cycle is not encouraged since it results in a larger cold duty for the CMR cycle where
irreversibilities per unit duty are larger than in the pre-cooling cycle. However, the WMR cycle
with pumps will be helpful to reduce the total compression work in the cycle, compensating

the penalty on the CMR cycle. Although multiple evaporation pressures can be applied, a wider
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operating temperature range of the WMR cycle is also unfavorable, resulting in a larger average
LMTD value and entropy generation. However, the individual use of the phase separated CMR
streams is advantageous to reduce the power consumption while increasing the complexity of
the system. Thus, the Shell DMR with two evaporating pressure levels for the WMR and the
CMR phase separator will be a well-balanced process with a high process efficiency and

intermediate level of system complexity.

4.2 Alternative LNG processes for FLNG

The concept of floating LNG (FLNG) has attracted the attention of the gas industry as natural
gas demand is expected to grow [8]. Deploying an FLNG vessel, however, has required the
technical development of natural gas liquefaction processes to be suitable for the offshore
environment. This has led many process suppliers and oil & gas operators to propose new

liquefaction processes to be able to handle the harsh conditions.

Single mixed refrigerant (SMR) processes are one of the main suggestions for mid-scale
FLNG, which is the range from 1.5 to 2 million ton per annum (MTPA) of LNG [45, 142]. The
small number of units and simple operation make the SMR processes attractive to offshore
applications in spite of a relatively low thermodynamic efficiency [46, 47]. For a large
production of LNG, in excess of 2-4 (MTPA), dual mixed refrigerant (DMR) processes have
been recommended. The DMR has a low specific power consumption and a large train capacity
compared to other LNG processes [9, 50]. The mixed refrigerant (MR) for the pre-cooling cycle
also gives better operational flexibility with the variation of feed gas conditions by changing

the composition [47].

However, the large liquid inventory of hydrocarbons in the SMR and DMR processes will
increase the risk of fire and explosion on an FLNG vessel. Thus, gas expander based systems
have been considered as an alternative process option for small-scale FLNG due to the inherent
safety, simplicity, and ease of operation [45, 143]. Nevertheless, the low thermodynamic

efficiency and the small single train capacity make gas expander processes less favorable for
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floating LNG ships. To improve such low efficiency, a dual nitrogen expander cycle has been
used [23, 35]. The efficiency was further increased by introducing an additional pre-cooling

cycle to a dual nitrogen expander process [34].

Therefore, the three types of liquefaction processes all have limitations when applied to FLNG.
The SMR and DMR processes have a large amount of liquid inventory of hydrocarbon
refrigerants. The various gas expander processes show a poor thermodynamic efficiency even

with the extra pre-cooling cycle, which offsets the simplicity of gas expander processes [144].
4.2.1 FLNG Process options

4.2.1.1 Non-hydrocarbon cascade process

One of the process options for FLNG is a cascade process using non-hydrocarbon (non-HC)
refrigerants [27]. By using such refrigerants, liquid hydrocarbon inventory is entirely removed
in the liquefiers, achieving a high level of safety on the vessel. The schematic of the process is
shown in Figure 4.5. Compared to the conventional cascade process [145], the propane cycle
for pre-cooling of natural gas is replaced with a hydrofluorocarbon (HFC) refrigerant (R-

410A), which has a similar normal boiling point (NBP = -52 °C) as C3Hs (NBP = -42 °C).

R-410A is a mixture of R-31 and R-125 (50/50 wt. %), and it behaves like a single component
refrigerant since the blend is zeotropic but a near-azeotropic mixture [146]. Liquefaction of
natural gas is conducted by a xenon refrigerant as a substitute for ethylene. Xenon is a non-
flammable and non-toxic noble gas, having an NBP of -108 °C, which is close to the NBP of
ethylene (NBP =-104 °C).

The last cycle of the conventional cascade process for sub-cooling of natural gas uses methane
as a refrigerant. However, the methane cycle is replaced by a nitrogen removal unit (NRU) and
multi-stage Joule-Thomson (J-T) expansion in the non-HC cascade process. Through the NRU,
the liquefied feed is slightly cooled, and a gas stream is extracted as fuel to control the nitrogen

content in the bottom product of the column. The liquefied feed is then sent to multi-stage
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Figure 4.5 Process flow diagram of the non-hydrocarbon cascade process [27].

throttling steps to produce sub-cooled LNG. All the end-flash gases generated after J-T
throttling is recycled and merged with the feed gas. Therefore, liquid hydrocarbon refrigerant

inventory does not exist in the sub-cooling stage.
4.2.1.2 Triple gas expander process

To overcome the low efficiency of gas expander technologies, Technip developed a triple gas
expander process [40]. This process consists of three gas expander cycles, and the refrigerants
responsible for each cycle are the mixtures of methane, ethane, and nitrogen. The three
refrigerants are always in gas phase in the process, and their initial compositions used in this

chapter was adopted from the patent, listed in Table 4.7.

The schematic of the technology is shown in Figure 4.6. The triple gas expander process
integrates the first cycle with the second cycle and the second cycle with the last one. This

integration is achieved by sending a portion of the expanded refrigerant in the first cycle to the
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Figure 4.6 Process flow diagram of the triple gas expander process [40].

second cycle to reduce the degree of superheating of the second refrigerant before being
compressed. The second cycle is also connected with the third cycle in the same way. This
integration improves system efficiency by a good distribution of the refrigeration duty from

one cycle to another [147].

Table 4.7 Initial refrigerant compositions of the triple gas expander process.

Refrigerant Component Unit Value
CH4 mol % 87.50

1* Refrigerant C2Hs mol % 8.50
N2 mol % 4.00

CH4 mol % 93.00

2" Refrigerant C2Hs mol % 0.50
N mol % 6.50

3 Refrigerant N> mol % 100.00
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Figure 4.7 Process flow diagram of the self-liquefaction process [25].
4.2.1.3 Self-liquefaction process

For simplicity, an open cycle gas expander process was also suggested [25]. This self-
liquefaction process utilizes the feed gas as a refrigerant, which is always in gas phase in the
system. In addition, refrigerant make-up facilities like refrigerant storage tanks and make-up

injection lines used in conventional LNG processes are not required [148, 149].

Pre-cooling and liquefaction of natural gas is conducted by an expander, and sub-cooling of
the liquefied feed is performed by cold energy recovery of the end-flash gases produced by the
J-T valves. The end-flash gases are recycled and merged with the feed gas. A part of the
recycled end-flash gas is extracted as fuel gas after delivering cold duty to the main cryogenic
heat exchangers in the open cycle gas expander system. The process flow diagram is shown in

Figure 4.7.
4.2.2 Design basis and optimization

The SMR and AP-DMR processes introduced in Chapter 3.4 and Chapter 4.1.1 were selected
as references for the comparison of the alternative liquefaction processes. The simulations were
performed by Aspen HYSYS V 9.0 [132]. The feed gas is assumed to be sweetened, dehydrated
natural gas, containing a small amount of heavier hydrocarbons. Thus, extraction of natural gas

liquid (NGL) from the gas is not considered during liquefaction. The detailed conditions of the
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feed gas are shown in Table 4.8. The conditions of the LNG and the end-flash gas are listed in
Table 4.9. Due to the recycling of the end-flash gas in the non-flammable cascade and the self-
liquefaction processes, an additional gas stream was extracted as a fuel gas from the systems.
Besides, the amount of the fuel gas was controlled to be equal to the chemical energy value

contained in the end-flash gas from the reference processes.

Table 4.8 Conditions of the feed gas.

Property Unit Value
Temperature °C 22.00
Pressure bar 60.00
Flow rate kmol/s 6.50
Methane mol % 91.60
Ethane mol % 4.93
Propane mol % 1.71
n-Butane mol % 0.35
i -Butane mol % 0.40
i-Pentane mol % 0.01
Nitrogen mol % 1.00

Table 4.9 Specifications of the LNG and the end-flash gas.

Property Unit Value
LNG production MTPA 3.00
LNG temperature °C -157.70
LNG pressure bar 1.40
End-flash production kmol/s 0.55
End-flash temperature °C -157.70
End-flash pressure bar 1.40
End-flash LHV MJ/kmol 736.00

End-flash chemical energy MW 405.00
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The temperature and pressure levels of the fuel gas were not considered as restrictions since
the cold energy recovery system of the end-flash or the fuel gases are not considered in this
work. In addition, the cold energy recovery system will have a marginal effect on total process

efficiency.

Optimization using SQP algorithms was performed to evaluate the different LNG processes.
Except for the self-liquefaction system, the molar flow rates of components in their refrigerants
were selected as decision variables. The pressure levels of the working fluids were also defined
as optimization variables. The outlet temperature of all heat exchangers were set to be variables
to manipulate the heat duty. Besides, the split ratio of stream splitters in the non-hydrocarbon
cascade and the triple gas expander processes were also defined as decision variables.
Minimum temperature approach in cryogenic heat exchangers was assumed to be 3 °C for all
the processes. The minimum superheating value of the refrigerants at compressor inlets was
also set to be 5 °C to protect compressors from liquid droplets. Pressure drops and heat leakage

in equipment were disregarded. Other simulation conditions are summarized in Table 4.10.

Table 4.10 Simulation conditions of the alternative LNG processes.

Design parameters Unit Value
Equation of state - Peng-Robinson
Condenser / intercooler outlet °C 22
Compressor Polytropic % 78
Gas expander Polytropic % 85
Pump / Liquid turbine Adiabatic % 75
Compressor in a Compander Polytropic % 73

Expander in a Compander Polytropic % 83
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4.2.3 Results

4.2.3.1 Comparison of process options

The process efficiency of the non-flammable liquefaction processes for FLNG was assessed
and compared to the SMR and AP-DMR processes. Process performance was measured by
specific power consumption, which is the power required per unit mass of LNG produced.
Based on 3 MTPA production of LNG with plant availability of 330 days per year [44], specific
power consumption for the alternative LNG processes was calculated. The results in Figure 4.8
indicate that the AP-DMR technology is the most efficient process compared to other LNG
processes studied. However, the non-HC cascade system has a marginal penalty in specific
power consumption of about 2 % compared to the SMR process. In addition, the SMR system
has a significantly smaller number of units compared to the non-HC cascade process, making

the MR scheme more favorable for offshore applications.

The triple gas expansion system gives a larger specific power consumption than the processes
applying refrigerant boiling (i.e. the SMR, AP-DMR, and non-HC cascade). This is a typical
feature of reversed Brayton processes since the heat transfer coefficient and the heat capacity
of gaseous refrigerants are substantially lower than the boiling ones [150]. The poor
thermodynamic properties will result in a larger flow rate of the refrigerants and thus power
consumption for the same amount of LNG production. The self-liquefaction process, which is
also based on gas phase refrigerants, consumes the largest amount of power for the LNG
production. The fact that the composition of the refrigerant is fixed by the feed gas is one of

the possible reasons for the low efficiency.

Table 4.11 indicates that the processes using refrigerant boiling have larger cold duties and
UA values than the two gas expander based processes. Although the non-HC cascade process
has a smaller duty and a UA value compared to the SMR and AP-DMR processes, the reduced
heat exchanger area may be counter acted by the area required for the NRU and the multi-stage

phase separators in the LNG sub-cooling stage.
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Figure 4.8 Specific power consumption of the alternative LNG processes.

The triple gas expander and the self-liquefaction processes may also require a large heat
exchanger area since the heat transfer coefficients of refrigerants used in the MR based and
cascade processes are regarded to be 5 to 15 times higher than the gaseous refrigerants [150].
Thus, a detailed heat exchanger design will be required to evaluate the size of heat exchangers

for a comparison of the different type of LNG process.

The SMR and AP-DMR processes have a low level of process safety when applied to offshore
installations. The mixed refrigerants (MRs) consist of hydrocarbon components, which are
highly flammable. Especially, the propane component in the MRs can easily be accumulated
on a deck floor in the event of leakage due to the dense vapor. The MR based processes also
carry hydrocarbon inventory in liquid phase. Liquid form of hydrocarbons has a higher energy
density, so the fire from the leakage is more intense than in gas phase. Blow-down of liquid

refrigerants in the processes also needs a longer time than gaseous refrigerants in emergencies.

Table 4.11 Properties of cryogenic heat exchangers in the alternative LNG processes.

Triple

. Non-HC Self-
property Unit AP-DMR SMR cascade £as liquefaction
expander
Duty MW 306.7 633.5 181.0 150.6 150.0

UA MW/°C 68.1 148.6 34.6 11.9 31.7
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Table 4.12 Refrigerant flow rates of the alternative LNG processes.

Uit APDMR sMR R e queicton
I# Cycle  kmol/h 38936 92 374 31451 45159 127 986
2" Cycle  kmol/h 33761 - 24 815 73777 -
3¢ Cycle kmol/h - - 16 1022 38 724 -
Total kmol/h 72 697 92374 72 368 157 660 127 986

2The end-flash gas from the multi-stage J-T expansion.

Therefore, the SMR and AP-DMR systems are relatively less safe options for FNLG although
the flow rates of the refrigerants are smaller than the gas expander based processes as shown

in Table 4.12.

In contrast to the SMR and DMR systems, the alternative LNG processes have a higher safety.
The non-HC cascade process utilizes HFCs and a noble gas, which are almost non-flammable.
R-410A used for the first cycle of the cascade process is a mixture of R-32 and R-125. R-32 is
slightly flammable, but it has a very low flame propagation speed. R-125 is a non-flammable
component. Therefore, R-410A is relatively safe to be used on a ship. Xenon applied to the
second cycle is also non-flammable and even non-toxic. The third cycle using the end-flash
gas obviously contains hydrocarbons but it is in gas phase throughout the system, and the flow
rate is relatively small as seen in Table 4.12. Thus, no liquid hydrocarbon inventory is needed

in the process, assuring a high level of safety.

The triple gas expander and the self-liquefaction processes show high inherent safety as well.
Although the refrigerants used in this process consist of hydrocarbons, they are always in gas
phase, avoiding liquid hydrocarbon inventory. Thus, the large flow rate of the refrigerants will
only have a minor effect on the safety. When blow down of refrigerants are required in
emergencies, the self-liquefaction process will be more favorable due to the smaller flow rate

of the refrigerant compared to the triple gas expander process.
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4.2.3.2 Sensitivity analysis

The composition of the feed gas was varied from lean to rich gas in order to identify the effect
on the process efficiency of the LNG processes with non-flammable refrigerants. The variation

of the composition in the feed gas is listed in Table 4.13.

The mole fraction of nitrogen in the feed gas was fixed to maintain the operating conditions of
the NRU in the non-HC cascade process. The chemical energy of the end-flash gas varies with
the feed gas composition. Thus, the flow rate of the fuel gas in the non-HC cascade and the
self-liquefaction systems was manipulated to have the same amount of chemical energy as the

end-flash gas in the MR processes.

Figure 4.9 indicates that when the feed gas is richer, the non-flammable processes are able to
decrease the specific power consumptions. Notably, the non-HC cascade and the triple gas
expander processes had the same reduction in specific power consumption as the MR based
systems, showing proper operational flexibility with different feed gas. However, the self-
liquefaction process has the smallest decrease in the specific power consumptions for the rich
feed gas compared to other LNG systems. In this process, the composition of the refrigerant is
fixed since the feed gas acts as the working fluid. Thus, the operational flexibility of this system
is restricted, resulting in the small improvement of the specific power consumption with the

rich feed gas.

Table 4.13 Variation of feed gas composition.

Component Unit Rich Gas Base case Lean Gas
Nitrogen mol % 1.00 1.00 1.00
Methane mol % 85.50 91.60 97.50
Ethane mol % 9.00 4.93 1.00
Propane mol % 3.00 1.71 0.30
n-Butane mol % 0.70 0.35 0.09
i -Butane mol % 0.78 0.40 0.10

i-Pentane mol % 0.02 0.01 0.01
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Figure 4.9 Variation of specific power consumption for the alternative LNG processes with

different feed gas conditions.

Nevertheless, the self-liquefaction process with the lean feed gas has the minimum penalty in
specific power consumption compared to other systems. Since the refrigerant also became rich
in methane with the lean feed gas, the effect of the changes in feed gas composition on the

power consumption was minimized in the self-liquefaction process.
4.2.4 Conclusions

This chapter evaluates process options for floating LNG and compares them with the SMR and
AP-DMR as reference systems. When it comes to thermodynamic efficiency, only the non-HC
cascade technology achieved a system efficiency close to the MR based system (SMR).
Inherently, the gas expander based processes displayed a poor process efficiency. Especially,
the self-liquefaction process showed the lowest efficiency compared to other LNG processes
due to its simple structure. Although the alternative LNG processes consume considerable
amount of power, they are much safer than the reference processes since they do not carry any
liquid hydrocarbons in their systems. The non-HC cascade process applies hydrofluorocarbons

and a noble gas as refrigerants, and the refrigerants in the expander based systems are always
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in gas phase. The non-flammable LNG process options also have smaller UA values than the
SMR and DMR systems, giving a smaller heat exchanger area. However, the complex
configuration of the non-HC cascade process results in a large number of units. The number of
rotating machines in the two gas expander based processes are even larger than other processes,
increasing the capital cost of the process. Thus, a detailed cost analysis will be required to select

the most suitable LNG process for floating facilities.

4.3 Problem formulation for complex LNG processes

As introduced in Chapter 4.1, there have been various studies to make the DMR process more
energy efficient. The challenge is given by the fact that this system has a complex structure due
to multiple cycles with mixed refrigerants. This grants flexibility in its configuration and
operating conditions, but makes the system difficult to analyze and optimize due to the large
size of the optimization problem. Thus, several papers have focused on the formulation of the
optimization problem. Nevertheless, there has been less interest in the formulation of
constraints that may result in energy savings such as refrigerant superheating and maximum
heat exchanger conductance. Therefore, this chapter studies constraint formulations of
refrigerant superheating in the DMR process, while considering both minimum temperature
difference (ATy,i, ) and maximum heat exchanger conductance (UAy,.x) constraints in the
cryogenic heat exchangers. This work also provides insight on the interaction between the two

refrigerant cycles in the DMR process, which is affected by the implemented constraints.
4.3.1 Superheating in refrigeration cycles

For the typical refrigeration cycle based on vapor compression, some degree of refrigerant
superheating at the condenser outlet is used for a practical purpose, which is to prevent liquid
formation at the compressor inlet. However, various experimental works indicate that
superheating will decrease the system efficiency [151]. Even though superheating allows the

refrigerant to take a larger amount of heat in the evaporator, the higher temperature and larger
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volume of the compressor inlet stream will increase compression power, which may exceed
the increased refrigeration effect. Nevertheless, the effect of superheating on the refrigeration
cycle has not been extensively examined as an optimization problem. Thus, Jensen and
Skogestad (2007) optimized the refrigeration system with a single component refrigerant and
proposed that superheating is not encouraged to achieve minimum compressor work [152].
However, they also suggested that refrigeration systems with internal heat exchange between
the condenser and the evaporator, such as natural gas liquefaction processes, may need some

degree of superheating.

The characteristics of refrigeration systems with superheating will vary depending on the type
of refrigerant and the structure of the process. For refrigeration systems with a mixed
refrigerant, the PRICO process was selected and optimized to verify the effect of superheating
[153]. Unlike the typical refrigeration cycle, the PRICO process had higher energy efficiency
when there is a certain degree of superheating. Processes operated by multiple refrigeration
cycles with pure component refrigerants also had a distinctive characteristic with refrigerant
superheating [140]. In the case of pure refrigerant cascade LNG processes, maximum

refrigerant superheating was required to decrease the power consumption.

Despite the previous studies on superheating, optimization results of LNG processes are still
misinterpreted such that superheating will reduce the energy efficiency, which is a common
thought for vapor compression refrigeration [154]. In addition, fixed or limited bounds of
superheating are still used in the optimization of the DMR processes even though the effect of
superheating is determined by the structure of the refrigeration system. Thus, this chapter
examines refrigerant superheating constraints on an LNG process having multiple cycles with
mixed refrigerants. Since the above-mentioned optimization studies are performed with
minimum temperature difference constraints for heat exchangers, maximum heat exchanger

conductance constraints are also tested to see the change in the effect of superheating.
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4.3.2 Design basis and optimization

The AP-DMR process introduced in Chapter 4.1.1 was studied as a representative of

refrigeration systems with multiple cycles of two mixed refrigerants [28]. The process flow

diagram is shown in Figure 4.10. Pre-treated natural gas was assumed as the feed gas and

liquefied through the AP-DMR process. The end-flash step for the subcooled LNG was not

included in this simulation. Table 4.14 shows other design conditions used in this work.

As seen in Eq. (4.2), the simulation model was optimized to minimize power consumption per

unit mass of LNG produced.

Feed Gas

FO1

Figure 4.10 Process flow diagram of the AP-DMR process [28, 29].

Table 4.14 Simulation conditions and assumptions.

Design parameter Unit Value
Feed gas flow rate kmol/s 1
Feed gas pressure bar 60
Feed gas temperature °C 22
LNG temperature °C -148
Compressor efficiency Polytropic 78 %

End-flash
gas

V-3
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The molar flow rates of components in both the warm mixed refrigerant (WMR) and the cold
mixed refrigerant (CMR) were set as variables. The warm mixed refrigerant (WMR) consists
of ethane, propane and n-butane, while the cold mixed refrigerant (CMR) contains nitrogen,
methane, ethane and propane. In addition, all pressure levels of the WMR and the CMR and
the outlet temperature of heat exchangers HE-1 and HE-2 were defined as variables so that the
duty of the heat exchangers can be manipulated during optimization. The optimization problem
applied minimum temperature difference constraints of 3 °C for all the heat exchangers.
Minimum superheating was also constrained for the inlet streams of compressors K-1 and K-

3, and various degrees of minimum superheating were tested as case studies.
4.3.3 Results

4.3.3.1 Effect of superheating with minimum temperature difference

constraints

The AP-DMR process was optimized with different values of minimum superheating on the
compressor inlet streams from 0 K to 25 K. As illustrated in Figure 4.11 (left), the lowest
specific power consumption was achieved with the minimum superheating of 0 K and 5 K. The
power consumption gradually increased with the larger constraint values. This means that
specific superheating values are needed to achieve higher energy efficiency. This is a similar
conclusion made in the previous study by Jensen and Skogestad (2009) for the PRICO single
mixed refrigeration LNG process [153].
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As seen in Figure 4.12, the superheating values at the best-known solutions required around 8
K and 14 K for the WMR and the CMR respectively. After 10 K of minimum superheating,
the WMR and/or the CMR did not reach the optimal superheating values due to the constraints,
and rather settled at the minimum values of the constraints. Thus, constraint values that are
higher than the optimal superheating values will lead to sub-optimal solutions, which means

larger power consumption of the process.

This can also be observed by the LMTD values of the heat exchangers in Figure 4.11 (right).
After 5 K of minimum superheating, the LMTD value of heat exchanger HE-1 increased
significantly. The other heat exchangers also experienced a rise in the LMTD values after 10 K
of minimum superheating. An increase in the LMTD values means larger temperature
difference between hot and cold composite curves in the heat exchangers, which results in

larger entropy generation due to increased irreversibilities.

4.3.3.2 Effect of superheating with maximum heat exchanger

conductance constraints

Minimum temperature difference constraints are widely applied in modeling and optimization
of processes with heat exchangers. By specifying the value of minimum temperature
difference, one can manipulate the trade-off between process power consumption and heat
exchanger area. Nevertheless, the minimum temperature difference does not optimally utilize
the heat exchanger area since it results in a sub-optimal distribution of temperature driving
forces particularly for systems operating below ambient temperature such as LNG processes
[43, 153]. The temperature driving forces should be distributed proportional to the temperature

level to achieve the optimal use of heat transfer area.

Thus, in this work, maximum heat exchanger conductance constraints were tested with the UA
value from the best solution obtained by using minimum temperature difference constraints in

the previous section. Eq. (4.3) is the optimization formulation with the UA value.
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Figure 4.13 (left) demonstrates that the use of the maximum heat exchanger conductance

constraint also leads to a similar trend in specific power consumption as the use of minimum

temperature difference constraints. However, the difference in the specific power consumption

between the best and the worst cases was reduced to less than a half, compared to the one with

ATin constraints. As expected, the best solution was improved from 200.1 to 196.6 kWh/ton

LNG when using the UA,;,,x constraint.
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As illustrated in Figure 4.14, the optimal superheating values for the WMR and the CMR were
10 K and 12 K correspondingly. Thus, the superheating constraint values less than 15 K had
no influence on the specific power consumption. From 15 K and higher superheating
constraints, the specific power consumption increased almost proportionally to the difference

between the optimal superheating values and the minimum superheating constraints.

As seen in Figure 4.13 (right), the effect of the minimum superheating constraints became less
sensitive with the UA,, constraints due to the optimal distribution of temperature driving
forces in the heat exchangers. At superheating constraint values larger than the optimal degree
of superheating, the LMTD of heat exchanger HE-3 operating at the lowest temperature is
reduced, while the others have larger LMTD. The use of UA,ax constraints results in smaller
driving forces for the heat exchangers operating at lower temperatures and larger driving forces
for heat exchangers operating at higher temperatures, which reduces total irreversibilities. This
agrees with the results of the previous studies about the optimal use of heat exchanger area [42,

155].

Returning to the optimization case using AT, constraints, one should notice that the LMTD
for HE-3 increased more than the LMTD for HE-2 for increasing values of the superheating
constraint, thus increasing total irreversibilities. The superiority of the maximum heat
exchanger conductance constraint over the minimum temperature difference constraint can be
explained by comparing their best and worst cases. With the same UA value, the UAp,ax
constraint reduced power consumption with 2 % points compared to the AT, constraint for

the best case, and 8 % points for the worst case.

Figure 4.15 (left) and Figure 4.15 (middle) also illustrate that the maximum heat exchanger
conductance constraint results in reduced AT, and LMTD values for lower operating
temperatures for the heat exchangers. Thus, the UA,,x constraint guides the temperature
driving forces to be proportional to temperature as explained before. In contrast, the constraint
of minimum temperature difference results in larger LMTD values for colder heat exchangers
and smaller LMTD values for warmer heat exchangers as illustrated in Figure 4.15 (middle).

The maximum heat exchanger conductance constraint also redistributes the cooling duties of
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the heat exchangers to be proportional to temperature as shown in Figure 4.15 (right). This
means to place less duty on the heat exchangers having larger irreversibilities per unit duty,

and irreversibilities are inversely proportional to temperature.

4.3.4 Conclusions

In this chapter, the effect of superheating constraints was examined for a dual mixed refrigerant
LNG process. Unlike refrigeration processes with pure component refrigerants, the case studies
indicate that a certain degree of superheating of the two mixed refrigerants is encouraged to
improve the system efficiency for the DMR process. In order to find optimal superheating
values, relaxation of the minimum superheating constraint is required since a high value of the
minimum superheating constraint may lead to sub-optimal solutions, missing optimal

superheating values.

In addition, the use of maximum heat exchanger conductance is recommended as constraints
for the heat exchangers in the DMR process, since it gives higher energy efficiencies than the
minimum temperature difference constraint. UA,,x is superior to the AT, constraint due to
an optimal distribution of temperature driving forces in the heat exchangers. The penalty of the
sub-optimal superheating values was also reduced with the UA,,,, constraint, compared to the

minimum temperature difference constraint.
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~

o A large number of evaporation pressure levels for the WMR cycle with a proper

Chapter summary

operating temperature range and the phase separation of the pre-cooled CMR are
the main contributors to an efficient DMR process.

o Due to the low process efficiency, non-flammable LNG processes will not be
favorable options for mid-scale LNG production, compared to systems using
hydrocarbon mixtures as refrigerants.

o The use of relaxed superheating constraints for the two MRs and the use of total
UA value constraints with relaxed AT,,;, constraints improve the efficiency of

DMR processes.

N /




Chapter S Cost analysis for LNG transport

~

In Chapter 4, various base-load LNG processes were optimized and evaluated using
energy efficiency. Due to the high level of energy consumption in LNG processes, it is
reasonable to use energy efficiency as an objective function especially to optimize the
system in the conceptual design phase. However, economic evaluation will be more
critical than energy analysis in some cases like small-scale LNG systems on LNG
carriers. Therefore, such LNG processes are designed and optimized based on economic

analysis in this chapter to answer the following questions:

o Regarding economics, what are the design criteria for LNG systems on LNG

carriers?

o What is the advantage of cost analysis for LNG liquefaction processes?

N /

This chapter is based on the following publications.

— Kim D, Hwang C, Gundersen T, Lim Y. Process design and economic optimization of

boil-off-gas re-liquefaction systems for LNG carriers. Energy (in review).
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5.1 Introduction

Following the event when liquefied natural gas (LNG) was produced by external refrigerants
and Joule-Thomson throttling for commercial purposes in 1941, the first long-haul transport of
LNG was made from Louisiana in the US to Canvey Island in the UK in 1959 [57, 156]. This
successful shipment resulted in LNG becoming an attractive option to supply energy over long
distances, where it is not economical to use pipeline transmission of natural gas [6, 7]. Thus,
LNG has been an important solution for energy security in many countries such as Japan and

Korea, accounting for 10 % of global gas supply [8].

For the transportation of LNG, specially designed vessels with highly insulated storage tanks
are used to avoid evaporation of the valuable cargo during a voyage [56, 57]. Nevertheless, it
is inevitable to have heat leaks to the tanks, and a portion of LNG will vaporize on the liquid
surface of the cargo, producing boil-off gas (BOG) [157]. The sloshing of LNG in the storage
tanks due to ship motions also accelerates BOG generation [158]. Since the BOG increases the
pressure level of the storage tanks and thus the mechanical stress of the structure, it has to be

removed from the containment system [159].

In order to remove or utilize the BOG from the tank, steam turbine (ST) propulsion systems
have been widely used since the 1960s [4, 64, 65]. The unnecessary BOG is burned in boilers
to produce steam, which is fed to STs and turbo generators to supply propulsion and electric
power [58, 65]. However, the ST system has a lower thermal efficiency compared to heavy
fuel oil (HFO) driven two-stroke low speed diesel engines, which is the main propulsion
principle for commercial ships [4, 59, 63-65]. This low efficiency of STs may require extra
fuel supplied by the LNG cargo for modern LNG carriers, which minimize BOG production
due to improved insulation technology. The larger amount of carbon dioxide in the exhaust gas
compared to the internal combustion engines also made the ST propulsion system less

favorable for LNG vessels.

In addition to low efficiency, STs have two additional disadvantages: First, improved insulation

technologies [65] reduce the amount of BOG available. Second, the larger amount of carbon
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dioxide in the exhaust gas from the boiler will causes problems for LNG vessels, where the
International Maritime Organization (IMO) recently extended their restriction about CO>

emission [4].

Thus, a dual fuel diesel electric (DFDE) propulsion system was developed in the early 2000s
to use both HFO and BOG as fuel for diesel engines, which delivers a higher efficiency with
less pollution compared to STs [59, 64, 65]. The DFDE system supplies a mixture of the pre-
treated BOG and air into four-stroke diesel generator engines in order to produce electric power
for motor-driven propellers and other electricity needs on the LNG vessel [58]. This system is
also equipped with gas combustion units (GCU) to burn the surplus of BOG after being
consumed as fuel. The DFDE quickly dominated the market share, and 30 % of the current
LNG fleet is operated by this propulsion system [8].

However, the DFDE propulsion system does not fully utilize the power output of diesel engines
due to the extra units required to deliver the combustion energy from the engines to the
propellers such as electrical generators and propulsion motors [64, 65]. This electric system
also requires additional parts, which demand more maintenance efforts [59]. As a consequence,
ship engine manufacturers modified the conventional HFO fueled two-stroke slow speed diesel
engines to adapt BOG as fuel and directly drive the impellers, which is more efficient than the
four-stroke machinery applied to the DFDE [4, 69]. The injection of compressed BOG fuel into
the engine cylinders enables the newly developed diesel engines to achieve the same efficiency

as the conventional HFO driven diesel engines [69].

There are two main manufacturers providing such engines on the market: Man Diesel & Turbo
with the M-type electronically controlled gas injection (ME-GI) engine and Win GD with the
extra-long stroke dual fuel (X-DF) engine [160, 161]. The ME-GI system feeds high pressure
BOG to the cylinders after the compression stroke, which is close to the Diesel cycle [69]. In
contrast, the X-DF engine allows supplying relatively low pressure BOG to the combustion
chamber by injecting it in the middle of the compression stroke, thus working as an Otto cycle

[161]. As of 2018, there were 18 LNG vessels operated by the ME-GI based system and around
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42 % of LNG carriers in the order books will be built with the high pressure gas injection
engine [8].

With the improved efficiency of the propulsion system, less BOG is consumed as fuel on
voyages, and the rest is burned in a GCU. The amount of BOG treated in the GCU is a
significant economic loss of the cargo, and this increases during low load operations. Thus,
there have been various suggestions for the ME-GI based propulsion system to re-liquefy the

valuable product and return it to the LNG tanks.

The EcoRel system from Cryostar liquefies BOG through a nitrogen gas expander refrigeration
cycle [160, 162]. A part of the liquefied BOG is then sent to the storage tank, and the rest is
pressurized by LNG pumps and vaporized to be fed to the engine. Wirtsila (Hamworthy) also
supplies a re-liquefaction system (the Mark III type), having similar principles as the EcoRel
[160, 163]. The drawback of these two processes is that the entire BOG is always liquefied
although some part of the liquid product has to be re-vaporized as fuel for the engines, wasting

the cold energy.

Instead, Wirtsild (Hamworthy) modified the Mark III system so that BOG is pressurized in gas
phase by the Laby-GI compressors (reciprocating type) to supply fuel for the propulsion system
[160]. Thus, the BOG from the cargo tank does not need to be liquefied all the time, and this
can save energy consumed in the liquefaction cycle when liquefaction of BOG is not required
during voyages. However, some of the energy savings will be offset by the larger power
consumption in the compressor, compared to liquid compression in the pumps. TGE Marine
Gas Engineering also offers a cascade liquefaction system with the Laby-GI compressors in

order to overcome the inherent low efficiency of the N2 expander refrigeration cycle [164].

Although the above mentioned liquefaction technologies minimize the amount of LNG wasted
in the form of BOG and bring a larger amount of the cargo to LNG import terminals, they need
extra equipment and increased capital cost. One of the alternatives is to employ a less efficient
but simpler liquefaction system such as the Joule-Thomson (JT) cycle. This process, also

known as the Linde-Hampson process, compresses a feed gas above the critical pressure and
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depressurizes it through a JT valve in order to liquefy the gas by temperature drop without an

external working fluid [165].

The use of the self-reliquefaction process in the propulsion system with the high pressure gas
injection engine will only require a heat exchanger and a phase separator in addition to the
Laby-GI compressor where the pressurization of BOG is achieved. The simple structure of the
JT cycle will reduce the number of units and thus capital cost for a BOG liquefaction facility,
while accepting a reasonable increase in power consumption due to the low efficiency of the

process.

Therefore, this chapter suggests self-reliquefaction processes using the JT cycle for the
propulsion system with high pressure gas injection engines on LNG carriers. The costs of the
reliquefaction systems are estimated and compared with the propulsion scheme without BOG
reliquefaction in order to ensure the economic feasibility of the additional JT cycle based
processes. The capital and operating costs of the systems are calculated based on equipment
size, wasted BOG, and utility consumption. For a fair comparison, all the propulsion systems
are optimized using a stochastic algorithm to minimize the capital and operating cost by finding
proper operating conditions for the total system. Various improved process schemes are also
suggested to reduce the total cost while keeping the equipment count low. A sensitivity analysis
is also performed with respect to LNG price, since this is one of the most important parameters

affecting the economics of the liquefaction system.

5.2 Process design

5.2.1 Fuel supply system without BOG liquefaction

The propulsion system considered in this chapter has two types of engines; generating
electricity (DFDE engines) and driving the propeller of the vessel (high pressure gas injection
engines). Thus, as seen in Figure 5.1, the fuel supply system requires two fuel gas streams with

different pressure specifications. First, the BOG produced in the storage tank is sent to the first
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Figure 5.1 Process flow diagram for the fuel supply system without BOG liquefaction.

compressor (K-1). Due to the cryogenic temperature of stream B1 at the inlet of K-1, the outlet
stream of the compressor (B2) has a low enough temperature to avoid any intercooling for the
next compression stage. Then, the unnecessary part of stream B2 is fed to the GCU to be
burned. The rest of the BOG is further pressurized through the second compressor (K-2) and
cooled by the intercooler (IC-1). The intermediate pressure BOG (B6) is then split into streams
B7 and B8, which will be supplied to the DFDE generators and the high pressure compressors,
respectively. Stream B8 is passed through a three-stage compression (K-3 — K-5) and
intercooling (IC-2 — IC-4) to meet the fuel requirement and then delivered to the propulsion

engines.

If there is a lack of BOG to run the two engines, LNG from the storage tank is extracted to
supply additional fuel for the gas injection engines. This LNG is boosted by the high pressure
pump (LNG pump) and evaporated in a heat exchanger (LNG vaporizer). In this chapter, the
LNG supply scheme is not considered, assuming that BOG produced in the tanks is sufficient
to operate the propulsion system. The system described in Figure 5.1 is referred to as the

reference fuel supply system in this chapter.
5.2.2 Fuel supply system with BOG liquefaction

The reference fuel supply system is modified to include the BOG self-reliquefaction system.

The re-liquefaction is performed by extracting a relatively high pressure BOG during multi-
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Figure 5.2 Process flow diagram for the fuel supply system with the LT process (the LT-JT
process is indicated by the dotted equipment LT).

stage compression in order to use it as a refrigerant in the JT cycle for BOG liquefaction. Thus,
a part of the pressurized BOG (B16) from compressor K-4 is recycled to the cryogenic heat
exchanger (CHE) after being cooled by the intercooler (IC-4) as seen in Figure 5.2.

Due to friction in the long return pipeline, the pressure level of the recycled stream (R1) is
reduced and supplied to the cold box where it is liquefied. The pre-cooled and liquefied BOG
stream from the CHE (R2) is then depressurized through JT valve VLV-1. The throttled stream
R4 is separated to liquid (RS5) and vapor (R7) products in the phase separator. Stream RS is
returned to the LNG storage tank after adjusting the pressure level by another JT valve (VLV-
2) to be suitable for injection into the tank. Stream R7 is further depressurized by JT valve
VLV-3 to have the same pressure level as the BOG from the tank (B1). The two gas streams
are mixed and sent to heat exchanger CHE to supply the cold duty. This process is referred to

as the JT process.

Unlike the reference system, the inlet stream of the compressor K-1 does not have a cryogenic
temperature since the mixed stream (B2) is heated in heat exchanger CHE. Thus, the fuel
supply system with BOG liquefaction will require an extra intercooler (IC-1) to cool the

superheated outlet stream of the first compressor. If, however, the outlet temperature of
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compressor K-1 is equal to or lower than that of the intercoolers, the intercooler IC-1 will be

disregarded during simulation and economic evaluation of the system.

One of the possible modifications of the system is the use of a cryogenic liquid turbine (LT)
together with the JT valve (VLV-1) for the depressurization process of the high pressure
liquefied BOG (R2). Since LTs can be used in a limited range of pressure drop to avoid vapor
production at the outlet, a JT valve is also installed downstream to take the rest of the pressure

change required in the system.

The LT in the liquefaction process allows stream R2 to have an isentropic expansion, resulting
in a larger temperature reduction and smaller vapor fraction in the outlet stream with a given
pressure drop compared to isenthalpic expansion in JT valves [166]. Thus, through the phase
separator, the combination of an LT and a JT valve will produce a larger amount of liquid

product (LNG) and a colder vapor stream, which is used as part of the refrigerant in the system.

Besides, the LT converts the pressure energy into work, decreasing the total power
consumption of the fuel supply system although the turbo-machinery requires extra capital cost.
Thus, in this chapter, the use of the LT in the fuel supply system with BOG liquefaction is
considered as an option to improve the economics of the total system and compared with the

case without the LT. This process configuration is referred to as the LT-JT system.
5.2.3 Utilization of the recycled cold BOG

The top product from the phase separator tends to have a much lower temperature than the
BOG from the LNG tanks. However, the previous schemes do not utilize the cold energy of
stream RS, instead it is mixed with the BOG (B1), thus increasing entropy generation due to
the temperature difference. Instead, as seen in Figure 5.3, the two cold streams can be sent to
heat exchanger CHE separately to deliver their cold energy and then mixed at the outlet of the
exchanger. Although the low temperature of stream RS8 increases log mean temperature
difference (LMTD) of the CHE and thus entropy generation, such large temperature difference

results in smaller heat exchanger area, reducing the cost of the exchanger.
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Figure 5.3 Process flow diagram for the fuel supply system with the LP mix LT-JT process.

In addition, the two cold streams at the CHE outlet have almost the same temperature, resulting
in smaller entropy generation through the mixer (MIX-1). Stream R8 will also make it possible
to manipulate design parameters of the CHE, such as LMTD and heat exchanger area by
controlling the two JT valves (VLV-1 and VLV-3), and thus the temperature and pressure of

stream R8. This modification is referred to as the LP mix LT-JT process.

Due to the mixing process in the LP mix LT-JT system, the vapor product from the phase
separator (R7) has to be throttled by JT valve VLV-3 to the pressure level of stream B1, which
is just above atmospheric pressure. As an alternative, the CHE outlet stream of the recycled
BOG (R9) can be mixed with the slightly pressurized BOG stream (B6) (see Figure 5.4). This
configuration is referred to as the IP mix LT-JT process. Since stream R9 bypasses compressor
K-1 and intercooler IC-1, the duties of the turbo-machinery and the heat exchanger are reduced,

saving both capital and operating costs.
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Figure 5.4 Process flow diagram for the fuel supply system with the IP mix LT-JT process.

Using the same principle as the [P mix LT-JT system, the recycled BOG stream (R9) heated in
the CHE can be mixed with the high pressure BOG stream (B10), thus bypassing two stages of
compression and intercooling. Figure 5.5 shows the configuration with the high pressure
mixing, which is referred to as the HP mix LT-JT process. If stream R9 is mixed with the BOG
streams from the third or fourth compressors (K-3 and 4), the throttling pressure at VLV-1 will
be limited to the discharge pressure of the compressors, which is more than 40 bar. Due to the
high throttling pressure, vapor will not form in the JT valve and the structure of the process
will be identical to the LT-JT process, except there is no flow in the phase separator top product
(stream R7 and R8). Therefore, further mixing of the recycled BOG with other compressor

outlet streams is not considered in this chapter.

The three configurations utilizing the recycled BOG are also tested without the liquid turbine
in consideration of the downtime for the turbo-machinery. They are referred to as the LP, IP
and HP mix JT processes. This test will indicate the effect of the modified process schemes on

the liquefaction systems using only Joule Thomson valves.
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5.3 Design basis

5.3.1 Simulation conditions

In this work, the scope of simulation models was limited to the fuel supply systems and the
liquefaction processes on LNG carriers. Thus, other sub-systems related to LNG tanks, gas
combustion units, propulsion engines, cooling water systems were not considered. In addition,

the auxiliary fuel supply system using LNG is also out of scope as mentioned Section 2.1.

The fuel supply systems were modeled and simulated by using Aspen HYSYS V9 with the
Peng-Robinson equation of state (EOS) [132]. Heat leaks are neglected for all process units in
the systems, assuming that these are highly insulated. However, it should be noticed that the
imperfect insulation in real cases will allow some heat losses, despite the fact that a high level
of insulation is applied to cryogenic systems on-site. This will result in minor deviations for

the simulation results. Other specifications for the equipment are listed in Table 5.1.
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Figure 5.5 Process flow diagram for the fuel supply system with the HP mix LT-JT process.
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Table 5.1 Design parameters for the fuel supply system.

Parameters Unit Value
Compressor isentropic efficiency % 75
Liquid expander isentropic efficiency % 75
Intercooler outlet temperature °C 45
Intercooler Ap bar 0.5
Heat exchanger AT i, °C 3
Heat exchanger Ap bar 0.03-1

5.3.2 BOG feed

The LNG stored in the cargo tanks is assumed to have a composition that gives a gross heating
value within the acceptable range for the EU market [167]. This composition and other LNG
conditions are shown in Table 5.2. The BOG supplied to the fuel supply system is expected to
have higher temperature and lower pressure values than the stored LNG due to heat leaks and

pressure drop through the cargo tanks and pipelines [158, 168] (see Table 5.3).

Regarding the amount of BOG, the calculation of the boil-off rate (BOR) of the LNG in the
cargo tanks will require comprehensive CFD models since it is a complex function of the
ambient temperatures (air and sea water), characteristics of the tanks (dimensions and
thickness), and vessel movement [159]. Besides, the vaporization of the lighter components in
the LNG will continue during voyages, making the LNG rich in heavier hydrocarbon
components. The composition change in the stored LNG with time is known as the weathering
(aging) process, and this also affects the vaporization mechanism and thus the amount and the
composition of the BOG in the tank [157]. In industry, 0.1 to 0.15 vol % of stored LNG per
day is known as a typical BOR for LNG vessels [56, 157, 158].
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Table 5.2 The conditions of the stored LNG.

Parameters Unit Value

LNG composition

Nitrogen mol % 0.37
Methane mol % 95.89
Ethane mol % 2.96
Propane mol % 0.72
n-Butane mol % 0.06
LNG temperature °C -161.80
LNG pressure bar 1.06
LNG density kg/m? 437.89
BOR vol % / d 0.1

Table 5.3 The conditions of BOG from the storage tank.

Parameters Unit Value

BOG composition

Nitrogen mol % 0.48
Methane mol % 99.49
Ethane mol % 0.03
BOG temperature °C -120.00
BOG pressure bar 1.03

Thus, a constant value of BOR is applied in this work to estimate the amount of BOG as seen

in Table 5.2. With the given BOR, the amount of BOG can be calculated by

MBoG = T80R * Viank * LVtank " PLNG (5.1

where rgqpR is the rate of boil-off, Vp, i is the total volume of the storage tanks, Lvr,py is the

average liquid level of the tanks in percentage, and pyng is the density of the LNG [169]. In
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this work, a typical large size LNG carrier with membrane type storage tanks (a volume of
170,000 m3) is considered, and 95 vol % of the tanks are assumed to be filled with cargo. Thus,
based on Eq. (5.1) , 2946.5 kg/h of BOG is thought to be generated during voyages. In the
simulation model, a uniform heat input to the storage tanks was assumed to produce the given

amount of BOG, and the corresponding composition is shown in
Products

Two DFDE generators are assumed to be operated at 50 % load to produce 4000 kW to supply
the electricity needed on the LNG vessel. The specific fuel oil consumption (SFOC) with gas
fuel operation is 7671 kJ/kWh for the generators from the reference model by assuming an
intermediate engine load with power production [170]. For the engines, the MAN Diesel &
Turbo 5G70 model is considered to deliver the power output of 9938 kW for an intermediate
speed voyage, and the SFOC is assumed to be 6280 kJ/kWh [160]. The required mass flow
rates of fuel to the engines for electricity production and propulsion power are then obtained

from Eq. (5.2).

Pengine ) SFOCengine
LHVfyer

Meyel = (5.2)

where Pengine and SFOCepgine are the power requirement and the SFOC of the engines, and
LHVg,q is the lower heating value (LHV) of the two fuels. Except for the reference fuel supply
system, the mass flow rates of the two fuels will vary since the LHV depends on the

composition, which is changing due to the recycled BOG and its liquefaction ratio.

The re-liquefied BOG is throttled to 2.5 bar, and the two-phase stream is sent to the LNG cargo
tanks. Thus, the vapor product is mixed with the BOG produced in the storage tanks and
recycled to the fuel supply system. The pressure level of the BOG extracted for the GCU is
specified to 3.5 bar in order to overcome pressure drops in pipelines and auxiliary equipment
[60, 160]. Table 5.4 indicates other conditions for the fuels and re-liquefied BOG applied in
this chapter.
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Table 5.4 Specifications of the products.

Parameters Unit Value
DFDE fuel temperature °C 45
DFDE fuel pressure bar 11.5
DFDE fuel mass flow rate® kg/h 621
Propulsion fuel temperature °C 45
Propulsion fuel pressure bar 300
Propulsion fuel mass flow rate” kg/h 1262
Re-liquefied BOG pressure bar 2.5
BOG pressure for GCU bar 3.5

“Only for the reference fuel supply system.
5.4 Economic analysis and optimization

5.4.1 LNG price and BOG loss

Initially, the LNG price is set to 5 USD/MMBtu (IMMBtu = 1055 MJ) by assuming that the
LNG carrier sails from the US to Spain [171]. This price is used to estimate the economic loss
of the BOG burned in the GCU. The amount of BOG wasted will differ based on the voyage
status of the LNG carrier. During voyages, the BOG will be used for the engines, and the rest
is sent to the GCU. During the unloading of the cargo at an import terminal, it is assumed that
only the DFDE is operated and the surplus of the BOG is burned. Thus, for the estimation of
the amount of BOG burned in a year, the voyage schedule is considered as seen in Table 5.5.

In this chapter, an annual vessel operation with 12 cycles is considered.
5.4.2 Cost evaluation

The total annual cost (TAC) is estimated [112] for the reference fuel supply system and the

other configurations with BOG liquefaction in order to evaluate the economic advantage of the
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Table 5.5. The voyage schedule of the LNG vessel.

Parameters Unit Value
Voyage speed kts 15.5
Voyage d/cycle 12
Unloading d/cycle 0.5
Number of cycles cycles/yr 12

additional liquefaction facilities. The TAC consists of the annual total capital investment
(ATCI), the annual total operating cost (ATOC), and the cost related to the annual BOG losses
as seen in Eq. (5.3).

TAC = ATCI + ATOC + Cog 1oss (5.3)

Regarding the ATCI, an LNG vessel is assumed to operate for 20 years [172], and an annual
interest rate of 10 % is applied to estimate the annual investment cost for the equipment.

i1+ )

a+ror-1 oD

ATCI =TCI - (
where i is the annual interest rate and n is the service life of the vessel. The total capital

investment (TCI) is defined by Eq. (5) where Q is the set of units in the system.

TCI = Fgy - Z Ch-Fly, JjE€Q (5.5)
j

C;' represents the purchased cost of equipment j, and FJM is the factor for bare module costs
related to operating pressure, material and installation of equipment j. The factor for bare
module cost is listed in Table 5.6. Extra cost is also considered in estimation of TCIs by

applying a factor (Fgy), which is assumed to be 1.18 [31].
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Table 5.6. Coefficients for capital cost calculation [112].

Equipment Fgu K, K, K3
Compressor 7 2.29 1.36 -0.10
Liquid Turbine 6.2 2.25 1.50 -0.16
Heat exchanger 43 4.67 -0.16 0.15
Intercooler 3.3-8.8 2.77 0.73 0.08
Phase separator 10.3-36.9 3.50 0.45 0.11

The purchased cost is a function of the capacity of units (A) as shown in Eq. (5.6) [112]. The
coefficients (K;, K,, K3) for the cost function are shown in Table 5.6 for various process

equipment.

10810 C) = Ky + K, log1o A + K3 (logy A)? (5.6)

As indicated in Eq. (5.7), the fixed cost, the maintenance cost and the cost for supplies are
estimated as a fraction of the ATCI (Fcrg), while the utility cost is calculated from the
electricity price (v,) for total power consumption in compressors and the cooling water price

(vew) for the cooler duties. In this work, ferg is assumed to be 0.066 [112].

ATOC = Fero - ATCI + (v, Z Promp + Vew Z Dew) (5.7)

The annual cost for BOG loss is represented by Eq. (5.8) where the sum of the annual BOG

loss during voyages and unloading is considered based on the voyage schedule.

_ i . [ yvoyage unloading |
CBOG loss = VLNG Ncycle (LB()G tvoyage + LBOG tunloading) (5~8)
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5.4.3 Optimization

The reference fuel supply system and its modifications with BOG liquefaction were optimized
applying the same optimization formulation for a fair comparison. The optimization studies

were performed to minimize the TAC with the decision variables X as seen in Eq. (5.9).

min f(x) = TAC
X
subjectto  ATpincue = 3

Apyiva = 0 (5.9)

vap  _
xLT,out =0

1.5 < PrK*S <4
X1B <X SXUB

The outlet pressure of the first compressor was fixed to meet the pressure requirement for the
BOG stream sent to the GCU. The discharge pressures of the second and fifth compressors
were specified to meet the fuel pressure requirements for the DFDE and the propulsion engines.
The system was optimized by varying the pressure ratio of only the third and fourth
compressors from 1.5 to 4, considering practical issues [141]. To avoid a high pressure ratio of
compressor K-5 due to low discharge pressure of the fourth compressor (K-4), the ratio was

constrained to be below 4.

The precooling temperature of the recycled BOG and the outlet pressure of valve VLV-1 were
also manipulated as decision variables. Besides, the mass flow rate of the BOG sent to the GCU
was selected as a key variable, which will affect the capacity of the liquefaction facility and its
cost. The upper bound of the variable was set to the BOG flow rate supplied to the GCU in the

reference system.

If the system contains an LT, the outlet pressure of the turbo-machinery was also included as a

variable in the optimization formulation. The vapor fraction of the outlet stream from the LT
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was constrained to zero to avoid efficiency drop due to vapor production in the turbo-
machinery [173, 174]. Since there is an overlap in the ranges for the variables of the outlet
pressures between the LT and the JT device (VLV-1), the pressure drop through the valve was
restricted to be larger than zero. A minimum temperature difference of 3 K in the cryogenic
heat exchanger was also applied to constrain the processes, which is the value that reflects a

balanced trade-off between capital and operating cost of the system [86, 140].

The optimization was performed by the particle swarm optimization (PSO) algorithm. PSO is
a derivative-free stochastic algorithm based on candidate solutions (particles), thus it is suitable
for black box functions where derivative information is either not available or noisy and costly
if finite differences are considered [175, 176]. The optimization results for the fuel supply

systems are shown in Table 5.7.

Table 5.7. Bounds for the decision variables and the best solutions obtained.

Optimal value

LP mix IP mix HP mix

Variable  Unit LB UB

Reference T LTJT LTJT LT-JT LT-JT
Mgy kg/h 0.0 10704 10704 0.0 0.0 0.0 0.0 0.0
Pri.s - 1.5 4.0 3.8 3.9 3.8 39 3.9 3.9
Pri_4 - 1.5 4.0 3.1 3.1 3.1 3.2 3.1 33
PR3 bar 5.0  60.0 - - 7.9 7.7 8.7 12.0
Pra bar 2.5 20.0 - 25 25 25 4.0 12.0
Tr2 °C  -122.0 -60.0 - -119.6 -120 -120.2 -117.4 -117.2

4.0 for the LP mix LT-JT process and 12.0 for the HP mix LT-JT process.

5.5 Results

5.5.1 Comparison of process options

In this section, the simulation and optimization results for the liquefaction processes using the

JT cycle and its variations are addressed and compared with the reference system. Table 5.8
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indicates that the fuel supply systems with BOG liquefaction have a smaller total annual cost
than the reference process. Although the TCI is increased by at least 2.34 million USD when
the BOG liquefaction is included in the fuel supply system, the TAC is reduced by at least 9.4
% compared to the reference scheme. Therefore, with an LNG price of 5 USD/MMBtu, an
additional BOG self re-liquefaction facility in the fuel supply system will provide a larger profit

than the reference system.

Due to the additional equipment and the increase in compression power, the ATCI and the
ATOC of the fuel supply systems with BOG liquefaction are more than the double compared
to the reference configuration. The main contributor to the cost increment is the extra
compression power and the additional heat exchanger for the liquefaction of BOG. However,
the liquefaction systems managed to recover almost all the BOG wasted in the GCU in the
reference process during voyages as seen in Table 5.8. Thus, the BOG losses in the fuel supply
systems with BOG liquefaction only occur during unloading when all the BOG except for the
fuel demand of the DFDE engine is burned in the GCU. Therefore, the loss of the cargo in the
form of BOG through the GCU is decreased by 91.7 % compared to the reference system, thus

compensating for the increased values of the ATCI and the ATOC in the liquefaction systems.

It is important to mention that the liquefaction ratios of the BOG condensation systems are less
than one as seen in Table 5.8. This relatively low liquefaction ratio means that the BOG sent
to the liquefiers do not need to be fully liquefied in order to prevent the BOG from being burned
in the GCU. The result is liquefaction systems with smaller duty and TAC.

Regarding the configurations with BOG liquefaction, the systems with an LT require less TAC
than the JT processes except for the HP mix LT-JT process. The addition of the turbo-
machinery to the JT system (the LT-JT process) results in 2.4 % savings in the TAC. The
reduction in TAC comes mostly from reduced compression power and reduced heat exchanger
cold duty. As seen in Table 5.8, the liquefaction systems with an LT have a higher liquefaction
ratio than the systems using JT valves only. This high liquefaction ratio leads to a smaller flow
rate of the vapor product in the phase separator, which is mixed with the BOG from the storage

tank. The reduction in flow rate of the process feed stream results in smaller duties for all the
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Table 5.8. Optimization results with process performance parameters (LNG price = 5

USD/MMBtu).
. LP mix IP mix HP mix
Unit  Reference JT LTJT LT-IT LT-IT LT-IT

Liquefaction ratio” - - 0.75 0.80 0.80 0.83 0.97
minG kg/h - 1063.34 1063.67 1063.70 1063.31 1062.92
Mgy kg/h 1070.42 0.00 0.00 0.00 0.00 0.00
mep kW 511.09 1097.41 1071.33 1069.25 1055.61 1098.98
Wir kW - 0.00 8.59 8.57 8.61 9.10
Pgpecific” kWh/kg - 0.46 0.44 0.44 0.44 0.46
Duty kW - 268.47 251.95 251.17 253.86 261.74
UA MW/°C - 26.55 21.47 21.23 20.47 19.17

MCH
LMTD °C - 10.11 11.74 11.83 12.40 13.65
ATpmin °C - 3.52 3.24 3.43 4.80 8.36
TCI k$ 2032.69 4509.45 4421.16 4413.08 4370.17 4467.56
Compressor kS$/yr 234.16 421.75 414.34 413.74 409.84 422.19
LT kS$/yr - - 3.98 3.97 3.99 4.26
CHE kS$/yr - 75.31 68.77 68.45 67.45 65.69

ATCI
Intercooler kS$/yr 4.60 16.93 16.53 16.50 16.35 16.92
Separator k$/yr - 15.69 15.69 15.69 15.69 15.69
Total kS$/yr 238.76 529.68 519.31 518.36 513.32 524.76
Other® k$/yr 134.16 297.63 289.56 289.03 289.19 311.57
Net power kS$/yr 226.06 485.39 470.05 469.14 463.09 482.05
ATOC

Intercooler k$/yr 2.10 6.86 6.65 6.64 6.56 6.85
Total kS$/yr 362.31 789.87 766.27 764.81 758.84 800.47
BOG loss kS$/yr 948.69 78.83 78.83 78.83 78.83 78.83
TAC kS$/yr 1549.76 1398.38 1364.41 1362.00 1350.99 1404.06

“Liquid fraction of the phase separator inlet stream.

*The fraction of the total compression work related to recycled BOG mass flow rate divided by the final liquid
product entering the storage tank.

“The fixed cost, the maintenance cost and the cost for supplies.
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equipment in the systems, thus decreasing the ATCI and the ATOC. The small power

production from the LT also helps to decrease the operating cost.

It is noticeable that the processes with an LT have increased LMTD values in the CHE
compared to the JT system. Although the increase in the LMTD value causes larger entropy
generation and lower thermodynamic efficiency of the system, it decreases the UA value and

the capital cost of the exchanger.

In summary, the LT based liquefaction facilities have lower or equal specific power
consumption of BOG reliquefaction compared to the JT process, indicating that they are able
to improve the process thermodynamic efficiency, even with an increased LMTD value.
Therefore, the liquefaction systems with an LT result in better trade-off points where the benefit

from decreasing the UA value is larger than the penalty of the increased LMTD value.

Regarding the variations of the LT based systems, the LP mix LT-JT configuration shows a
marginal decrease in TAC compared to the LT-JT process. The mixing of the BOG from the
tank and the vapor product from the phase separator increases entropy generation in the mixer
(MIX-1) due to the large temperature difference of the streams. In contrast, the LP mix LT-JT
system mixes the two cold streams after they pass through the CHE. The mixing at the CHE
outlet decreases the entropy generation in the mixer as the streams have almost the same
temperature. Although the economic improvement is minor, the smaller entropy generation

reduces the compressor work.

The IP mix LT-JT system also shows some savings in the TAC compared to the LT-JT process.
As mentioned in Section 2.3, the vapor stream from the phase separator by-passes the first stage
compressor and intercooler and is supplied to the second compressor. This simple modification
leads to a reduction in the duty of the compressor and the intercooler. Thus, these units have

the smallest capital cost compared to other system options.

In contrast to other LT based processes, the HP mix LT-JT system has a larger TAC than the
LT-JT system. As seen in Table 5.7, the optimization results of the high pressure mixing

configuration indicate that it has a throttling pressure of 12 bar. This high depressurization
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pressure results in a phase separator with marginal vapor product, as it can be observed by the
liquefaction ratio of 0.97 for the HP mix LT-JT system in Table 5.8. As a result, this system
eventually has almost the same characteristics as the LT-JT process without the vapor stream
from the phase separator. Thus, the optimization work performed for the HP mix LT-JT system
is similar to the work done for the LT-JT process, however with a reduced lower bound for the
throttling pressure, which is constrained to the discharge pressure of the second compressor.
The limited bound of the outlet pressure of the JT valve (VLV-1) leads to sub-optimal solutions
for the configuration, resulting in larger TACs with higher specific power consumption for

LNG production in the HP mix LT-JT system (see Table 5.8).

The configurations used in the LP and IP mix LT-JT systems are also advantageous even when
the liquid turbine is unavailable as seen in Table 5.9. Without the LT, the LP and IP mix
configurations can achieve noticeable savings in TAC compared to the basic JT system. In
addition, the IP mix JT process even has a TAC close to the cost for the LT-JT system.
Therefore, the IP mix JT configuration is a promising alternative to BOG liquefaction systems

with an LT if the reliability of the turbo-machinery is not sufficiently high.

Table 5.9. The optimization result of the LP, IP and HP mix JT processes.

Parameter Unit JT LT-JT LP mix JT IP mix JT HP mix JT

TAC k$/yr 1398.38 1364.41 1395.72 1366.65 1428.21

5.5.2 Sensitivity analysis

LNG price is an important parameter when evaluating the economics of the fuel supply systems
for LNG vessels. The price is directly linked to the BOG burned in the GCU as a loss of the
cargo. To measure the effect on the process, sensitivity analysis is performed with varying
LNG price from 2 to 8 (USD/MMBtu). Not surprisingly, Figure 5.6 indicates that the TAC of
the reference system increases with the LNG price. The configuration and operating conditions
of the reference process are not affected by the price during optimization, and the TAC is

changed only due to the economic loss of the BOG wasted in the GCU. Detailed cost evaluation
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based on the LNG price is listed in Table 5.10. Thus, the economics of the reference fuel supply
system is sensitive to the LNG price as the process always burns a significant amount of BOG
all the time. If the LNG price increases from 2 to 8§ USD/MMBtu, the TAC of the reference

system is more than doubled.

In contrast, the fuel supply systems with BOG liquefaction are less sensitive to the LNG price
as illustrated in Figure 5.6. All the liquefaction schemes show some increase in their TAC from
2 to 4 USD/MMBtu. However, they only have marginal increase in the TAC from 4 to 8
USD/MMBtu. As indicated in Table 5.11, the optimization results for LNG prices equal to or
greater than 4 USD/MMBtu show that the liquefaction facilities have been optimized to have
almost no BOG burned in the GCU. Thus, BOG losses only occur during unloading, which is
the reason for the minor increase in the TAC from 4 to 8 USD/MMBtu.

2.2
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Total Annual Investment [M$/yr]

LNG price [$/MMBtu]

m Reference ®JT WmLT-JT @ LP mix LT-JT ®IP mix LT-JT ®mHP mix LT-JT

Figure 5.6 Total annual cost as function of LNG price.
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Table 5.10 Cost breakdown of fuel supply systems as function of LNG price
2 $/MMBtu 3 $/MMBtu 4 $/MMBtu
System
TCI ATCI ATOC BOG TAC|TCI ATCI ATOC BOG TAC | TCI ATCI ATOC BOG TAC
Reference 2033 239 362 379 981 |2033 239 362 569 1170|2033 239 362 759 1360
JT 2678 315 425 366 1105|2698 317 432 538 1287|4404 517 768 97 1382
LT-JT 2679 315 425 365 1105|2708 318 434 533 1285|4418 519 766 63 1348
LPmix LT-JT |2676 314 425 365 1104|2707 318 434 532 1284|4411 518 765 63 1346
IPmix LT-JT | 2674 314 426 365 1105|2714 319 438 528 1285(4369 513 759 63 1336
HP mix LT-JT |2679 315 444 365 1124|2704 318 452 535 1305|4470 525 800 63 1388
5 $/MMBtu 6 $/MMBtu 7 $/MMBtu
System
TCI ATCI ATOC BOG TAC| TCI ATCI ATOC BOG TAC | TCI ATCI ATOC BOG TAC
Reference 2033 239 362 949 1550|2033 239 362 1138 1739|2033 239 362 1328 1929
T 4509 530 790 79 1398|4509 530 790 95 1414|4509 530 790 110 1430
LT-IT 4418 519 766 79 1364|4418 519 766 95 1379|4418 519 766 110 1395
LPmix LT-JT |4411 518 765 79 1362|4411 518 765 95 1378|4411 518 765 110 1393
IPmix LT-JT [4369 513 759 79 1351|4369 513 759 95 1367[4369 513 759 110 1383
HP mix LT-JT |4470 525 800 79 1404|4470 525 800 95 1420|4470 525 800 110 1435
8 $/MMBtu
System
TCI ATCI ATOC BOG TAC
Reference 2033 239 362 1518 2119
JT 4509 530 790 126 1446
LT-IT 4418 519 766 126 1411
LPmix LT-JT |4411 518 765 126 1409
IPmix LT-JT 4369 513 759 126 1399
HP mix LT-JT |4470 525 800 126 1451
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Table 5.11. Mass flow rates of the LNG product and the BOG sent to the GCU for different

LNG prices.
LP mix IP mix HP mix
LNG price Reference JT LT-IT LTJT LT-JT LT-JT
[$/MMBu]
MUNG Thgey | Ting Mecu | Tune Macu | Mine Mecu | Mune Maeu |Mune Macu
2 0 1070 40 1030 45 1025 45 1025 45 1025 43 1027
3 0 1070 63 1007 73 997 75 995 83 987 69 1001
4 0 1070 | 1015 55 | 1064 0 | 1064 0| 1063 0 | 1063 0
5 0 1070 | 1063 0 | 1064 0 | 1064 0| 1063 0 | 1063 0
6 0 1070 | 1063 0| 1064 0 | 1064 0| 1063 0 1063 0
7 0 1070 | 1063 0 | 1064 0 | 1064 0| 1063 0 | 1063 0
8 0 1070 | 1063 0 | 1064 0 | 1064 0| 1063 0 | 1063 0

For LNG prices below 4 USD/MMBtu, all the liquefaction processes increase the amount of
BOG wasted in the GCU with decreasing LNG price, as seen in Table 5.11. The increase in the
burned BOG results in reduced liquefaction requirements in the systems (i.e. smaller LNG

production from BOG).

Thus, when the LNG price is below 4 USD/MMBtu, the configurations with BOG liquefaction
are optimized to considerably reduce LNG production, since the economic benefit from smaller
equipment sizes related to reduced liquefaction demand overcomes the cost of larger BOG
losses. Therefore, if the LNG price is below 4 USD/MMBtu, liquefaction of BOG is less

attractive than simply burning it, at least from an economic point of view.

It should also be noticed that although the optimization of all configurations with BOG
liquefaction systems try to decrease the TAC by minimizing the LNG production for LNG
prices below 4 USD/MMBtu, they all have higher annual cost compared to the reference
system. The larger number of units is the main reason for the higher TAC. Even though the
capacity of the units is minimized, the fixed charge term of the purchased cost (coefficient K1
in Eq. (6)) adds considerably to the total investment cost. Other equipment related costs such

as maintenance and supplies will also contribute to the larger TAC.
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For LNG prices above 4 USD/MMBtu, the fuel supply systems with BOG liquefaction will
have lower total annual cost than the reference process. The LT based systems, except for the
HP mix configuration, will be more economical than the reference process from slightly below
4 USD/MMBtu. Other liquefaction schemes are profitable compared to the reference system
when the LNG price is above 4 USD/MMBtu. The higher TAC of the reference process than
the configurations with BOG liquefaction are mainly caused by the increase in BOG losses,
which are proportional to the LNG price. Therefore, there are economic benefits from

liquefaction facilities on LNG carriers when the LNG price is higher than 4 USD/MMBtu.

Among the fuel supply systems with BOG liquefaction, the IP mix LT-JT configuration is the
most economic to be used on LNG ships when the LNG price is higher than 4 USD/MMBtu,
and it is followed by the LP mix LT-JT and the LT-JT configurations. The JT and the HP mix
LT-JT systems have similar TACs, which are larger than the other LT based processes. This is
the same trend as observed with a fixed LNG price of 5 USD/MMBtu in Section 5.1. However,
if the LNG price drops to 2 or 3 USD/MMBHu, all configurations with liquefaction facilities
have almost identical TACs except for the HP mix LT-JT system. The minimized LNG
production and reduced equipment sizes in the processes weaken the characteristics of each
configuration. In the case of the HP mix LT-JT process, the restricted throttling pressure causes

sub-optimal operating conditions, giving a larger TAC than for other liquefaction systems.

5.6 Conclusions

For an LNG vessel propelled by the high pressure gas injection engines, a reference fuel supply
system and its variations with BOG liquefaction based on the Joule-Thomson (JT) cycle were
optimized and compared. Total annual cost was selected as the objective function for the
optimization in order to evaluate the economic benefit of the additional liquefaction facilities

compared to the reference system.

With an LNG price of 5 USD/MMBHtu, the optimization results indicate that the reliquefaction

systems employed on the vessel improve the economics of the LNG carrier with lower TAC
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values than the reference configuration, saving at least 9.4 % of the TAC. The relatively simple
structure of the liquefaction processes results in a marginal increase in capital cost while
minimizing cargo loss, making the additional facilities economically profitable on LNG
carriers. The use of a liquid turbine (LT) and the simple structure modifications lead an even

smaller TAC value of the liquefaction systems.

The sensitivity analysis with different LNG prices indicates that the installation of the
liquefaction systems on LNG carriers is profitable compared to the reference process when the
LNG price is above 4 USD/MMBtu. Compared to the liquefaction processes, the reference fuel
supply system with an LNG price of 8 USD/MMBtu even results in at least 46 % point increase
in the TAC value due to the high cost of the BOG loss in the GCU. However, if the LNG price
is below 4 USD/MMBtu, the reference fuel supply system will be superior to the configurations
with BOG liquefaction since the BOG losses have a small impact on the economics of the LNG
vessel compared to the additional capital investment, which is the major concern of the
liquefaction systems. In conclusion, the optimal design of the fuel supply system for LNG

carriers will be dependent on the LNG price.

[ )

Chapter summary

o The small-scale LNG processes have important design criteria such as the
liquefaction capacity (equipment size) and the loss of product, which cannot be
evaluated by energy efficiency.

o Therefore, cost analysis is essential for the design of the small capacity systems

to evaluate not only the liquefaction performance but also the economic feasibility

of the sub-system in the total process.

= J




Chapter 6 Exergy analysis for LNG value chain:
LNG processes

/In previous chapters, LNG systems were only evaluated by energy or cost analysis.\
Exergy efficiency is also a widely used post design tool to measure the thermodynamic
performance of cryogenic processes. Unfortunately, a number of exergy efficiencies
have been proposed in literature with different definitions. In addition, most existing
exergy efficiencies have not been developed to handle sub-ambient processes. Thus, in

this chapter, different exergy efficiencies are tested to answer the following questions:

o What is the most suitable type of exergy efficiency to be used as the basis of
objective performance comparison?

o What is the requirement for the exergy efficiency to measure the performance
improvement of complex LNG processes, having changes in temperature,
pressure and composition?

o How to extend the previously developed ETE from our group to systems with

\ changes in composition? /

This chapter is based on the following publications.

— Kim D, Gundersen T. Development and use of exergy efficiency for complex cryogenic

processes. Energy Conversion and Management. 2018;171:890-902.
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6.1 Introduction

With the current focus on global warming and the use of fossil fuels, energy efficiency is an
important performance measure in industrial plants. As a post-design tool, energy efficiency
has been applied to various energy systems in order to evaluate and compare them, thus finding
opportunities to improve the processes. Such definitions of energy efficiency are case-
dependent based on the characteristics of a process, which means a general mathematical
expression for energy efficiency does not exist [177]. This may bring misinterpretations into
the definitions of energy efficiency and produce inconsistent results even for the same system.
Thus, there is a need for an objective performance parameter for energy conversion efficiency.
Another limitation of using energy efficiency is that it does not take energy quality into account
when measuring process performance. Different energy forms have different qualities, for
example, the value of heat cannot be directly compared with the value of power because the
energy quality of the heat will vary, depending on the temperature level. In the case of
refrigeration processes where work is transformed into a cooling duty, there is no proper
definition for energy efficiency [95]. Instead, a coefficient of performance is used, which

unfortunately gives equal values to heat and power.

Unlike energy analysis, exergy accounts for both quantity and quality of various energy forms,
which is why exergy has been recommended as a measure of system performance [178]. Due
to the characteristics of entropy generation below ambient temperature, exergy efficiency is a
good performance indicator, especially for low temperature processes in a post-design phase.
Regarding liquefied natural gas (LNG), specific power consumption per produced amount of
LNG is widely used to evaluate the performance of liquefiers, since there is no proper energy
efficiency definition for such processes. However, this value does not consider the cold energy
of the produced LNG. The LNG generally contains a significant amount of cold exergy (around
1000 kJ/kg), and this exergy is utilized in many LNG terminals [179]. Thus, the cold energy of
the produced LNG has to be included when measuring the performance of the liquefaction
process. In addition, the specific power consumption will depend on local environmental

conditions (i.e. climate). An LNG plant located in a warm climate region will always show a
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larger power consumption than one in cold climate, even when they have exactly the same
processing system. In contrast, exergy can represent various energy forms in one standard (i.e.
heat, work and power), while considering the effect of the environment conditions, particularly
temperature and pressure. Therefore, exergy efficiency would be a good candidate to measure

the performance of processes in order to have an objective and consistent analysis.

Such an exergy efficiency can be formulated in various ways, but tends to fall into two main
categories [177]. One is the input-output efficiency, which is the ratio between the exergy
leaving and entering the system. The input-output efficiency is defined by a simple formulation
and applicable to any types of processes, thus widely used [180]. Yet, this efficiency definition
may not be ideal for process evaluation and comparison [94, 180-183]. The input-output
efficiency may show only a marginal difference with changes in process performance, since it
is not focusing on the task of a process. Thus, there have been various suggestions for exergy
efficiency, considering the purpose of a system [183-188]. These are called the consumed-
produced or task efficiencies, which is the second category of exergy efficiency. The
consumed-produced efficiency describes what is consumed to deliver a specific or targeted

product from a process.

Nevertheless, it is difficult to determine which efficiency definition is the right one to use due
to their inconsistent results for a typical process. Several definitions of the consumed-produced
efficiency suggested in the literature do not contain general mathematical expressions, thus
causing room for different interpretations [96]. This has resulted in different definitions of
exergy efficiency for the same system, from small units to large systems such as Joule Thomson
valves, gas expanders, air separation units (ASUs), LNG processes and processes for offshore
platforms [67, 89, 91, 95, 180, 189-193]. Thus, there have been attempts to develop more
generalized task efficiencies by removing so-called transit exergy from consideration, which is
defined as the amount of exergy that is preserved across a system [187]. However, this
definition requires a high calculation effort. Zanchini also formulated an exergy efficiency that
can generalize some of the task efficiencies, while being applicable for both flowing and non-

flowing systems [191]. Nguyen et al. suggested an efficiency for offshore platforms, which can
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cover various processes with decomposition of exergy to the chemical component level [94].
None of the efficiencies mentioned above have explicit definitions for cases where processes

operate across or below ambient temperature.

Thus, a new general exergy efficiency, the Exergetic Transfer Effectiveness (ETE) was
developed to handle all operating conditions with less computational effort by defining exergy
sources and sinks as consumed and produced exergy [194]. The ETE also allows encapsulating
the actual transfer of exergy in a process, indicating the purpose of the system. Such careful
definition is achieved by focusing on the effect of temperature and pressure changes, and by

decomposing exergy into different forms.

However, the use of the ETE has so far been limited to processes without chemical reactions
or compositional changes, simply because the decomposition of exergy forms to identify
sources and sinks had not been developed to include chemical exergy. Thus, this chapter
extends the ETE by including chemical exergy to cover all types of processes at all operating
conditions with a general mathematical expression. The extended ETE and other consumed-
produced efficiencies are then thoroughly classified and compared, indicating the
characteristics of the efficiency definitions. This chapter also compares the ETE with the input-
output efficiency and selected task efficiencies, where generalized formulas have been

suggested.

The comparison is conducted by applying them to a natural gas liquefaction process referred
to as the dual mixed refrigerant (DMR) process. The DMR process is a good candidate to study
the capability of exergy efficiencies to manage changes in temperature, pressure and chemical
composition. This comparison of exergy efficiencies will provide guidance about a proper
choice of exergy efficiency based on their characteristics (classification). The mathematical
optimization of the DMR process is also performed to evaluate exergy efficiencies for the
optimal operating conditions. Although exergy efficiency is a post design tool to measure the
improvement of systems, the comparison of the efficiency values for the initial and the optimal

operating conditions have not been made in previous literature. Thus, this chapter conducts the
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comparison in order to evaluate the performance of exergy efficiencies whether they properly

reflect the improvement of the process after optimization.

6.2 Exergy

Exergy is the maximum available work obtained by bringing a system to equilibrium with its
environment [195]. Thus, it is a function of both the state of the system and its environment.
However, there are various exergy classifications suggested with different exergy forms [194].
Thus, in this work, the classification suggested by Marmolejo Correa and Gundersen is used

with further decomposition of exergy [96].

Based on the classification, exergy of a material stream flowing through a system can be
expressed by two components, thermo-mechanical exergy (E™) and chemical exergy (E")
as seen in Eq. (6.1) [187]. This will be referred to as the first level of exergy decomposition.
Due to the nature of the processes studied, kinetic, potential, electrical and nuclear exergies are

not considered.

FTotal — pTM + ECh 6.1

Thermo-mechanical exergy represents the available work obtained from the material stream by
bringing it from its original state to its environment temperature (7o) and pressure (po) through

reversible processes and is given by:
E™ = H(T, p)— H(To: po) — To [S(T: p) — S(TOJPO)] (6.2)

Thermo-mechanical exergy, also referred to as physical exergy in various literature [182, 183,
195], can be further decomposed to temperature based exergy (ET) and pressure based exergy
(EP) as seen in Eq. (6.3). These terms indicate the temperature and pressure portions of the

available work (E™), respectively. Similar to thermo-mechanical exergy, temperature based
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exergy and pressure based exergy can be defined by Eq. (6.4) and Eq. (6.5). This decomposition
is not unique, thus it does not have a specific physical meaning. Nevertheless, it has proven

advantageous when analyzing processes.

E™ =ET + EP (6.3)
ET = H(T,p) — H(Ty, p) — To[S(T,p) — $(To, p)] (6.4)
EP = H(T,,p) — H(To,p0) — To[S(To, p) — $(To, po)] (6.5)

Chemical exergy is the reversible work obtained by bringing the material stream with
environment temperature and pressure to equilibrium with the chemical composition of the
environment. Thus, chemical exergy is independent of the temperature and pressure level of
the material stream. Similar to thermo-mechanical exergy, chemical exergy has two parts,
referred to as compositional exergy (E©°™P) and reactional exergy (ER®3¢) as introduced in Eq.

(6.6).
ECh — pComp 4 pReac (6.6)

Compositional exergy indicates the work required to separate a mixture into pure chemical
components(i) as seen in Eq. (6.7). The value of compositional exergy for mixtures is negative
due to the interactions between chemical components in real gases and the work needed to
increase the partial pressure of each component separated from the mixture to environment
pressure. For ideal gases and ideal mixtures, only the latter will remain in the expression for
compositional exergy. Compositional exergy is also referred to as mixing exergy since it

represents the reduction in exergy due to mixing pure components [181, 196].

EComp = H(TO,PO) - ZixiHipure(To,Po) — T [S(TO,PO) - Zixisipure(To,Po)]

= RT, X; n;Inx; for ideal gas and ideal mixture

(6.7)
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For reference species in the environment, reactional exergy is the reversible work obtained
from a pure component stream at 7o and po by bringing it to the partial pressure of the
component in the environment (Eq. (6.8)). Thus, the value of reactional exergy for reference
species depends on the concentration of the species in the environment. In Eq. (6.8), e_ic_(l}em
stands for the standard chemical exergy of component i at ambient conditions. In this work,
the reference species and concentrations were implemented from Szargut to calculate molar
reactional exergy of a pure component, which is also referred to as the standard chemical
exergy [197]. The standard chemical exergy for species not present in the environment will be

calculated by an extra step, which is a reversible reaction to convert the non-reference

components to reference components.
"Reac — > 5Chem
E = Zx;n;€;y (6.8)

Then, the four components of exergy (ET, EP, EC°mP_EReac) are regarded as the second level
of exergy decomposition. Finally, these exergy components can be further decomposed to the
chemical component level in a mixture by performing numerical calculations, and this will be
referred to as the third level of exergy decomposition in this chapter. The partial molar exergy
can be determined by Eq. (6.9) where EX is the set of exergy components in the second level
decomposition. Figure 6.1 shows an overview of exergy decompositions defined and used in
this work. Based on this decomposition of exergy, various definitions of exergy efficiency can
be categorized in the next section.

OE™.
emn = (ﬂ) , me€EX (6.9)
on T, DM

Apart from the exergy carried by a process stream, heat can also flow into a system, having an

exergy value as seen in Eq. (6.10).

EQ=0 x (1 - %) (6.10)
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Decomposition
Level Exergy

Level 1

Level 2

Level 3

Figure 6.1 Decomposition of exergy for a material stream.

In this chapter, the exergy of heat (EQ) is also included in the definitions of exergy efficiency
in the next section in order to handle systems with heat input and output although it is not the

case for the process candidate evaluated by the exergy efficiencies in this chapter.

Use of an efficiency parameter helps to evaluate and compare processes with different
operating conditions and configurations. For an objective comparison, applying an efficiency
definition containing an explicit expression is essential to achieve consistent results as a
performance parameter. Efficiencies having ambiguous definitions will leave room for

different interpretations when applied to the same process.

Thus, for exergy efficiency, several definitions have been suggested with general mathematical
expressions for the sake of consistency [94, 187, 194]. Such generalized equations for the
definitions allow handling all types of processes that are experiencing changes in both thermo-
mechanical and chemical exergies. Therefore, the following generalized exergy efficiencies
were selected and compared as performance indicators in this chapter in order to evaluate their

accuracy and consistency for a complex process.
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6.3 Generalized exergy efficiencies

6.3.1 Input-output exergy efficiency

One of the generalized exergy efficiencies can be classified as the input-output efficiency. This
efficiency is expressed as the ratio between all the exergy leaving and entering the system as

seen in Eq. (6.11).

_ Y Exergy out

i = 6.11
Min—out 2 Exergy in ( )

The input-output efficiency is regarded as a reasonable performance parameter for systems
having most of the output streams as valuable products [177]. The input-output efficiency can
also be an alternative to the consumed-produced efficiency. The task efficiency, which is
another name for the consumed-produced efficiency, requires a definition of the necessary
exergy inputs and the desired exergy products of a system. In addition, describing the
consumption and production for dissipative units or complex processes will be even more
challenging. The input-output efficiency, however, can be applied to any type of process due
to the simple definition of the numerator and the denominator. On the other hand, the simplicity
reduces the ability of the input-output efficiency to properly address the task or purpose of a

system.
6.3.2 Consumed-produced exergy efficiency

There are also a number of exergy efficiencies classified as the consumed-produced type of
efficiency. These efficiencies address the task of a process and are expressed by the ratio
between the produced and the consumed amount of exergy:

Produced Exergy

Tconsumed—produced = Consumed Exergy (6.12)
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Depending on the definition of the consumed and produced exergies, the value of the efficiency
can vary. Kotas [183] defined them as desired outputs and necessary inputs. Tsatsaronis [182]
used exergy of products and exergy of fuel for the definition of the task efficiency. The
aforementioned definitions, however, do not have general mathematical expressions. Thus,
they may result in different interpretations. Therefore, the following task efficiencies
suggesting generalized formulas are in this chapter considered candidates for evaluation of

complex processes having changes in temperature, pressure and chemical composition.
6.3.2.1 Coefficient of exergy efficiency

Brodyansky et al. [187] defined an exergy efficiency, offering general mathematical
expressions for changes in both thermo-mechanical and chemical exergy. It is called the
Coefficient of Exergy Efficiency (CEE) and expressed by subtracting the transit exergy from

the inlet and outlet streams:

Exergy out — Transit Exer;
CEE — 2. Exergy gy

= 6.13
Y. Exergy in — Transit Exergy 6.13)

The transit exergy is the amount of exergy that does not undergo any change across a process.
Thus, by subtracting the transit exergy from the total exergy entering and leaving the system,
the CEE only focuses on the amount of exergy that is changed through the process, which is
directly related to the task of the system. Table 6.1 shows the formulas of transit exergy for
thermo-mechanical, chemical, work and heat exergies. Here, work exergy will be pure
electricity or shaft work supplied or produced by turbo-machinery in a process. Ty, and T ax
are the lowest and highest temperatures among the inlet and outlet streams of a system. Due to
the detailed definition of the thermo-mechanical transit exergy in the CEE, the ambient

conditions are partly accounted for.

However, the CEE does not decompose thermo-mechanical exergy to the second or third level
(see Figure 6.1), and chemical exergy is decomposed to the chemical component level without

splitting it into compositional and reactional exergy. This may give an inaccurate estimation of
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consumed and produced exergies. In addition, Table 6.1 indicates that the calculation procedure
for the transit part of thermo-mechanical exergy requires extra streams, which have different
conditions than the original inlet and outlet streams. This will increase the computing effort for
the CEE [189]. Due to the definition of transit work exergy, the CEE considers only net work

as consumed or produced exergy.

Table 6.1 Transit part of exergy components [187].

Transit exergy

Thermo-mechanical exergy

a. Systems operating above 7To:

EglM (Tmin' pin) E;Ir;M (Tmin: pout)
! EEL% (Tmint pin) EOTLII\g (Tmin' pout)
b. Systems operating below 7o:

El’{lM (Tmax: pin) EITIM (Tmax' pout)]
L Egm (Tmax' pin) EOT% (Tmax' pout)

c. Systems operating across 7o:
EE1M (TO' pin) EglM (TOJ pout)]
EOTlll\g (TO' pin) EoTlll\g (T0: pout)
Chemical exergy

E' = ¥;mminfel;  egi]
Work exergy

EY = min[EY EW.]
Exergy of heat

BT = min[Ei% E(?ut]

E'Y = min

E'Y = min

E'™ = min

6.3.2.2 Component-by-component exergy efficiency

As part of an effort to develop a performance parameter for offshore oil and gas processing,
Nguyen et al. [94] developed an exergy efficiency with explicit formulas, which is referred to
as the Component-by-Component exergy efficiency (called CBC in this chapter). Eq. (6.14)

represents the CBC where Z is the set of chemical components, I is the set of inlet streams, and
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O is the set of outlet streams. The CBC pays attention to the changes in partial molar thermo-
mechanical exergy of each chemical component between inlet and outlet streams across a
process (AE"JT,E") (Egs. (6.15)-(6.17)). If the partial molar exergy value of an inlet stream is
larger than the one of an outlet stream, the reduction will be considered as consumed exergy
and vice versa. For Eq. (6.17), only multiple inlet streams with one outlet stream or one inlet

stream with multiple outlet streams are considered for a unit or a process.

Y Sk(AETM)T + AECh

CBC = ik 7 ., i€ZjeELkeO (6.14)
2 Se(BET) -+ B+ EC !
where

: STM _ 5TMy i¢ 5TM o 5TM

. Zni,j,k(ei,k —e; ) ife >e;;
(AEJT}(VI =15 (6.15)

0 ifefy < e

(e STM o 5TM
OB ={5 o g e ] 16

Yity (€ — e ) ife, <eé;;

. _ fli,k lfnl_] > fli,k

ni’j’k - { fli,j if T.li'j < fli,k} (617)

7 j i represents the molar flow rate of component i flowing from the inlet stream j to the outlet
stream k. The CBC is mainly intended for petroleum separation processes. Thus, the formula
for exergy efficiency assumes that chemical exergy is always increasing and there is no heat
produced in the separation process. The increment in chemical exergy (AEP) is regarded as
produced exergy, while the heat used in the separation is regarded as consumed exergy. This
explains the numerator and denominator in Eq. (6.14). However, in the case of mixers, the total
chemical exergy of the inlet streams will decrease due to reduction in compositional exergy.
Further, in the case of exothermic reactions, heat will be produced. Thus, in our work, the CBC
exergy efficiency was modified to properly cover both positive and negative changes in
chemical exergy and heat of reaction (Egs. (6.18)-(6.20)). In addition, net work was regarded

as consumed exergy since the original CBC does not consider the case where work is produced
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from a process. The CBC applies decomposition of thermo-mechanical exergy only to the
component level (i.e. the third level). Without the second level decomposition of thermo-
mechanical exergy, the effect of variation in temperature and pressure will not be correctly
represented by the CBC. In addition, the efficiency does not consider further decomposition of

chemical exergy, and this will result in inaccurate consumed and produced exergies.

2 Zk(AE'}TI]c\/I)+ + (AECh)+ + EQprod

CBC = T ey T —, (6.18)
Z} Zk(AE]T]?/I) + (AECh) + EWnet + EQcons
where
(AESM)* = B = X BN Af N Bt > ZjEjCh} 619
0 if ¥, B < 3, BCt :
2Ch)” = 0 if Ti B > ) B 6.20
(AE") = ECh _y fCh ~Ch [Ch (6.20)
Y = ik if LB < X Ej

6.3.2.3 Exergy Transfer Effectiveness

Marmolejo Correa and Gundersen also suggested a generalized exergy efficiency that is
particularly applicable to low temperature processes, called the Exergy Transfer Effectiveness
(ETE) [194]. The efficiency defines the consumed and produced exergies as exergy sources

and exergy sinks respectively:

_ X Exergy Sinks

ETE =
Y Exergy Sources

6.21)

An exergy sink is an exergy component that increases across a unit or system, whereas an
exergy source has a decrease in its exergy value. Thus, ETE can easily be formulated by
knowing the changes of exergy components across a unit. ETE also considers the ambient
temperature and pressure when decomposing thermo-mechanical exergy to the second level.
This gives accurate efficiency estimation for a process operating across or below ambient

temperature. Based on the definition of ETE, work and heat supplied to a system will be
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considered consumed exergy, while work and heat delivered from a system will be considered
produced exergy. However, the original ETE only considered thermo-mechanical exergy, so it
cannot be utilized for a process undergoing chemical reactions and compositional changes.
Therefore, the ETE has been extended to handle such systems in this work. Due to the simple
concept of exergy sinks and sources, the efficiency can vary with different combinations of
exergy decomposition levels. Thus, in this work, the extended ETE includes decomposition of
exergy to the first, second, and third level, called ETE 1, ETE 2 and ETE 3 respectively. ETE
3 with exergy decomposition to the third level for both thermo-mechanical and chemical
exergies can be expressed by Egs. (6.22)-(6.26). For the ETE, we define a set for streams that

operate across ambient:
S={(€eLk€0):T;>Ty>T, VT, >T,>T;} (6.22)

Then for m € EX and i € Z we have:

3 Zij Zk(AEj";()-F + FEWprod + F Qorod

BT S 3, SeRE) + EWerns + Eeons (623)
where
(atyy” = (PG 020
(AE7R) = { oo ek e:‘n}} (6.25)
ik Yinije(el — el if ey <ef)
However, for (j, k) € S
(AEJTk)Jr =Yk Crpo (6.26)
(BEf) =Xing el (6.27)

For ETE 1 and ETE 2, Eqs. (6.23)-(6.27) do not contain subscript i and EX will be {E™, ECP}

and {ET, EP, EConc EReacy regpectively. The set S indicates the cases where units or systems
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are operated across the ambient temperature. With Eqgs. (6.23)-(6.27), ETE can accurately
evaluate the performance of processes operating across T. For equipment or processes with
multiple inlets and outlets, exergy can still be decomposed to the third (component) level, but
then a summation of the inlet streams on one hand and the outlet streams on the other hand will

replace the exergy sources and sinks in the exergy efficiency calculations.

All exergy efficiencies discussed in this chapter can then be classified based on the level of
exergy decomposition and whether ambient temperature is considered, as shown in Table 6.2.
The classification will help to indicate the characteristics of the efficiency definitions, and

thereby identifying the reasons for their possibly poor accuracy as performance indicators.

Table 6.2 Classification of exergy efficiencies.

Exergy Decomposition Level T,
Thermo-Mechanical Chemical consideration
Input-output X X X
CEE 1 3@ v
CBC 32 1 X
ETE 1 1 X
ETE 2 2 2 v’
ETE 3 3 v

*Level 2 decomposition not included

6.4 Design basis and optimization

For the evaluation of the selected exergy efficiencies, the dual mixed refrigerant (DMR)
process for liquefaction of natural gas was studied as a representative of cryogenic systems,
having multiple cycles with two mixed hydrocarbon refrigerants [28]. The process flow
diagram is shown in Figure 6.2, and the simulations were performed with Aspen HYSYS V9

using Peng-Robinson equations of state [132].
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C03d

VLV-3

FO06 End-flash

CMR co1
Feed Gas

Figure 6.2 The AP-DMR process flow diagram [28, 29].

A pre-treated natural gas having small amounts of heavier hydrocarbons (F01) is fed to heat
exchanger HE-1 and pre-cooled together with the cold mixed refrigerant (CMR) and the warm
mixed refrigerant (WMR). The pre-cooled WMR (W02) is then subject to Joule Thomson
throttling in valve VLV-1 to reduce its temperature and returned to HE-1. The heated WMR
from the heat exchanger (WO04) is pressurized through multi-stage compression and
intercooling so that the WMR after further cooling in C-2 and HE-1 can produce sufficient cold
duty for HE-1 by throttling. If liquid forms in intercooler C-1, it is sent to pump P-1 to boost

the pressure level.

The feed stream from the first heat exchanger (F02) is passed through HE-2 and HE-3 to be
liquefied and sub-cooled before it is depressurized by liquid expander E-1, discharging the two-
phase stream (F05). The mixture is separated into vapor (F06) and liquid (FO7) products by
phase separator V-3. The pre-cooled CMR (C02) is responsible for the liquefaction and the
sub-cooling of the feed gas. The liquid part of the stream (C04a) is further cooled by heat
exchanger HE-2 and depressurized by valve VLV-2 in order to liquefy the feed stream in the
second heat exchanger. The vapor part of the CMR (C03a) is cooled in the second and third
heat exchanger and throttled to sub-cool the feed gas in HE-3, and the rest of the cold energy
is delivered to HE-2. Table 6.3 and Table 6.4 show simulation conditions and design

parameters used in this work.
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Table 6.3 Simulation conditions for the DMR process.

Description Unit Value
Feed gas flow rate kmol/s 1.00
Feed gas temperature °C 22.00
Feed gas pressure bar 60.00
LNG temperature °C -157.90
LNG pressure bar 1.40
Feed gas composition
Nitrogen mol % 1.01
Methane mol % 91.59
Ethane mol % 4.93
Propane mol % 1.71
i-Butane mol % 0.35
n-Butane mol % 0.40
i-Pentane mol % 0.01
Table 6.4 Design parameters for the DMR process.

Process parameters Unit Value
Compressor polytropic efficiency % 78
Expander adiabatic efficiency % 87
Cooler outlet temperature °C 22
Total Ap in heat exchangers bar 0.6
Ap in vessels (liquid/vapor outlet) bar 0.1/0.2
Pressure drop in coolers bar 0.1
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The DMR process was optimized to minimize the net power consumption. As key decision
variables, the compositions of the WMR (ethane, propane and n-butane) and the CMR
(nitrogen, methane, ethane and propane were varied during optimization. Besides, the
discharge pressures of the turbo-machinery in the system were selected as variables. The outlet
temperatures of heat exchangers HE-1 and HE-2 were also manipulated so that the heat
exchanger cold duties can be varied. The three cryogenic heat exchangers were constrained to
a minimum temperature difference of 3 K, considering the trade-off between the capital and

operating costs of the process [86, 140].

A minimum superheating of 5 K was also applied to compressor inlet streams to prevent liquid
formation at the inlet of the equipment, which is a proper value for the optimization of the
DMR process [134]. The liquid expander E-1 and the phase separator V-3 are not affected by
the optimization since the operating conditions of these units are not selected as optimization
variables in this work. The optimization is performed by SQP (sequential quadratic
programming), which is a local solver. The detailed process stream data for the initial case and

the final case (optimal solution) are listed in Table 6.5 and Table 6.6.
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Table 6.5 Stream conditions for the initial case of the DMR process.
Vapor T p 7 ET £p [;Conc fReac
Stream  Fraction
[-] [°C] [bar] [kmol/s] [kW] [kW] [kW] [kW]

FO1 1.00 22.0 60.0 1.00 0.7 9749.7 -960.1 892 561.4
FO2 1.00 -33.5 59.7 1.00 355.3 9739.1 -960.1 892 561.4
FO3 0.00 -115.7 59.4 1.00 45682 9729.1 -960.1 892 561.4
F04 0.00 -148.0 59.4 1.00 6697.2 97283 -960.1 892 561.4
FO5 0.06 -157.0 1.5 1.00 15 187.5 969.3 -960.1 892 561.4
F06 1.00 -158.1 13 0.06 209.9 38.5 -50.2 467854
FO7 0.00 -157.9 1.4 0.94 15099.4 749.0 -871.7 845 776.0
WOl 0.17 22.0 17.9 1.22 9.1 7459.1  -3108.5 23829432
w02 0.00 -335 17.6 1.22 876.0 74454 231085 23829432
W03 0.02 -36.5 4.4 1.22 3894.9 42856  -31085 23829432
W04 1.00 10.8 4.1 1.22 29.6 40839  -3108.5 23829432
W05 1.00 475 8.6 1.22 74.4 6131.6  -31085 23829432
W06 0.97 22.0 8.5 1.22 6.9 6100.6  -3108.5 23829432
W07a 1.00 215 8.3 1.18 1.8 58413 -2969.7 22855412
W07b 1.00 63.3 18.0 1.18 616.5 72814 -2969.7 22855412
W08a 0.00 216 8.4 0.04 0.3 162.7 98.5 97 402.0
WO08b 0.00 225 18.0 0.04 0.1 166.4 98.5 97 402.0
W09 1.00 557 18.0 1.22 613.0 74634  -3108.5 23829432
Co1 1.00 22.0 48.5 1.34 15 11901.1  -4057.6 16441749
€02 0.30 335 482 1.34 12572 118866  -4057.6 16441749
C03a 1.00 -33.6 48.0 0.40 134.0 3699.1 -964.2 334107.9
C03b 0.00 -115.7 477 0.40 1980.9 3694.0 964.2 334107.9
C03c¢ 0.00 -148.0 477 0.40 28453 3693.6 964.2 334107.9
€03d 0.14 -158.4 39 0.40 49976 1316.7 964.2 334107.9
C03e 0.79 -118.7 3.8 0.40 1595.0 13116 964.2 334107.9
C04a 0.00 335 48.1 0.94 853.5 80940 27340  1310067.0
C04b 0.00 -115.7 47.8 0.94 37674 8086.7  -27340  1310067.0
CO4c 0.11 -124.7 3.8 0.94 8306.2 30459 27340  1310067.0
C05 0.32 -123.4 3.8 1.34 10 235.0 43595 -4057.6 16441749
C06 1.00 412 3.6 1.34 525.6 41136  -4057.6 16441749
Co7 1.00 284 10.6 1.34 1.3 75949  -4057.6 16441749
C08 1.00 22.0 10.5 1.34 1.0 75653  -4057.6 16441749
€09 1.00 68.8 203 1.34 2154 95737 -4057.6 16441749
Cl10 1.00 22.0 20.2 1.34 1.1 9559.3  -4057.6 16441749
Cll 1.00 86.9 48.6 1.34 4824 119059  -4057.6 16441749
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Table 6.6 Stream conditions for the final case of the DMR process.

Vapor

Steam  Fracion T » 7 ET Ep J;Conc [;Reac
[-] [°C] [bar] [kmol/s] kW] (kW] (kW] (kW]
FO1 1.00 22.0 60.0 1.00 0.7 9749.7 -960.1 892 561.4
F02 1.00 -30.6 59.7 1.00 3137 9739.1 -960.1 892 561.4
FO3 0.00 -118.1 59.4 1.00 47052 9729.1 -960.1 892 561.4
F04 0.00 -148.0 59.4 1.00 6697.2 97283 -960.1 892 561.4
FO5 0.06 -157.0 15 1.00 15187.5 969.3 -960.1 892 561.4
F06 1.00 -158.1 13 0.06 209.9 38.5 -50.2 46 785.4
FO7 0.00 -157.9 1.4 0.94 15 099.4 749.0 8717 8457760
Wol 0.00 22.0 15.1 0.90 54 46960 24129 1940490.6
W02 0.00 -30.6 14.8 0.90 574.8 4690.7 2412.9  1940490.6
W03 0.02 -33.6 3.7 0.90 2397.8 2774.7 24129  1940490.6
W04 1.00 18.2 34 0.90 54 25964 24129 1940490.6
W05 1.00 59.1 8.3 0.90 295.0 4251.8 24129  1940490.6
W06 0.55 22.0 8.2 0.90 6.0 42370 24129 19404906
W07a 1.00 215 8.0 0.50 0.7 24373 -12363 9597042
WO07b 1.00 55.6 15.2 0.50 146.0 30110  -12363 9597042
Wo8a 0.00 21.6 8.1 0.40 2.6 1526.0 -9275 980 786.4
W08b 0.00 223 15.2 0.40 0.7 1553.2 9275 9807864
W09 0.49 44.0 15.2 0.90 205.1 4697.5 24129  1940490.6
Co1 1.00 22.0 414 1.31 14 112605 37524 16780868
02 0.30 -30.6 41.1 1.31 12664 112433 37524  1678086.8
C03a 1.00 -30.7 40.9 0.40 119.4 3510.1 897.0 3677647
C03b 0.00 -118.1 40.7 0.40 2109.3 3504.2 897.0 3677647
C03c 0.00 -148.0 40.6 0.40 2906.3 3503.7 897.0 3677647
C03d 0.07 -152.9 4.1 0.40 4907.7 1353.6 897.0 3677647
C03e 0.70 -121.1 4.0 0.40 19289 1348.8 897.0 3677647
C04a 0.00 -30.7 41.0 0.92 861.6 76732 25144  1310322.1
C04b 0.00 -118.1 40.8 0.92 3908.8 7663.9 25144  1310322.1
Co4c 0.06 -121.9 4.0 0.92 8 140.4 3091.7 25144  1310322.1
Co5 0.25 -121.1 4.0 1.31 10 388.0 44424 37524 16780868
C06 1.00 -33.7 3.8 131 406.7 4214.1 37524 16780868
Co7 1.00 323 10.6 1.31 6.0 74459 37524  1678086.8
Co8 1.00 22.0 10.5 1.31 1.0 74170  -37524 16780868
C09 1.00 744 22.1 1.31 273.8 9613.6 37524 16780868
Cl10 1.00 22.0 22.0 1.31 1.1 9 600.9 37524  1678086.8
Cll 1.00 68.3 415 1.31 2388 112663 37524 16780868
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6.5 Results

This chapter shows the values of the selected exergy efficiencies for both the initial and the
final cases of the DMR process in order to illustrate the improvement of the process and the
accuracy of the efficiencies. Regarding the coolers, the exergy efficiencies were not measured
since the heat from the compressor discharge streams is absorbed by cooling water, and its

exergy is wasted to the environment. Thus, the coolers do not have any produced exergy.

6.5.1 Compressors

Table 6.7 indicates that all consumed-produced type of efficiency definitions give reasonable
(similar) values for the compressors, whereas the input-output efficiency shows values close to
100 %. As seen in Table 6.8, the chemical exergy of hydrocarbons is significantly larger than
other exergy components, thus diluting the effect of other exergy components in the input-
output efficiency. This also results in a negligible change in the value of the input-output
efficiency between the initial and final cases. The changes in compressor performance as

measured by other efficiency definitions are also relatively small except for compressor K-2

and exergy efficiency ETE 3.

In conclusion, the input-output efficiency will give inaccurate optimization results for
equipment handling hydrocarbons. In Table 6.8, the final case for compressor K-1 produces

less thermo-mechanical exergy, while also consuming less compression power, compared to

Table 6.7 Exergy efficiencies of compressors for the initial and final cases [%].

Unit K-1 K-2 K-3 K-4 K-5
Operating condition Across To Across To Across To Across To Across To
Case Initial ~ Final  Initial  Final  Initial  Final  Initial  Final  Initial  Final
Input-output 99.98 9997 9998 9998 9995 9995 9997 9996 99.96  99.97
CEE 78.51 7896  79.14 7892 783l 7827 7940  79.57 7996  79.38
CBC 7827 7891 79.12 7890 7537 7590 7940  79.57 7995 7937
ETE 1 7827 7891 79.12 7890 7537 7590 79.40 7957 7995 7937
ETE 2 78.51 7896  79.14 7892 7830 7827 7940  79.57 7996  79.38

ETE 3 78.51 7896  83.84 83.08  78.30 7827  79.40 79.57  79.96 79.38
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the initial case. The decrease in compression power (consumed) is larger than the decrease in
thermo-mechanical exergy (produced), thus the performance of the compressor is improved.
However, the input-output efficiency has a small decrease after optimization, whereas all
consumed-produced type of efficiencies show an increase. During compression, the equipment
consumes less cold temperature based exergy due to the warmer inlet temperature below
ambient and produces more hot temperature based exergy as a result of the warmer outlet
temperature above ambient. However, the input-output efficiency may not catch this effect of
thermo-mechanical exergy since it is based on total exergy, while the portion of thermo-

mechanical exergy in total exergy is negligible, compared to chemical exergy.

When a compressor operates across ambient temperature, some of the consumed-produced
efficiencies may also give inaccurate efficiency values if they do not decompose thermo-
mechanical exergy into temperature and pressure based exergies. Table 6.7 shows that CBC
and ETE 1, which only use total thermo-mechanical exergy without decomposition, have
slightly lower efficiency values, compared to CEE, ETE 2 and ETE 3, handling both
temperature and pressure based exergies. Although CEE does not split thermo-mechanical
exergy into temperature and pressure based terms, the use of transit exergy in CEE can have a

similar effect as the decomposition into two terms.

Table 6.8 Exergy decomposition for compressor K-1 in the initial and final cases.

. Initial Final
Case Unit In Out A In Out A

T [°C] 10.8 475 - 18.2 59.1 -

P [bar] 4.1 8.6 - 3.4 8.3 -

Compression power  [kW] 26735 - - 2 464.7 - -

E™ [kW] 41135 6206.0 2092.5 2601.8 4546.8 1945.0
ET [kW] 29.6 74.4 44.8 5.4 295.0 289.6
EP [kW] 4083.9 6131.6 2047.7 2596.4 4251.8 1655.4

ECh [kW] 23798347 2379834.7 0.0 1938078.1 1938078.1 0.0
[ Cone [kW] -3108.5 -3108.5 0.0 24129 -2412.9 0.0
[EReac [kW] 23829432 23829432 0.0 1940491.0 1940491.0 0.0

ETotal [kW] 23839482 2386040.7 20925 19406799 19426249 1945.0
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The underestimated values of CBC and ETE [ are due to the nature of temperature based
exergy across ambient temperature. As indicated in Table 6.9, compressor K-1 increases the
stream temperature from 10.7 °C at the inlet to 47.5 °C at the outlet. Thus, the compressor
operates across the ambient temperature of 25 °C. Figure 6.3 shows that the temperature based
exergy of the WMR that is compressed in K-1 is first reduced from the inlet temperature to the
ambient temperature and then increased from 7 to the outlet temperature. As a result, the
WMR in K-1 is first a source (consumed exergy) and then becomes a sink (produced exergy)
for the temperature based exergy. However, the thermo-mechanical exergy of the WMR
increases monotonically across the compressor as seen in Table 6.9. This will give incorrect
values for consumed and produced exergies in CBC and ETE [ due to the incomplete

information about changes in temperature based exergy.

However, CEE, ETE 2 and ETE 3 only show marginal differences compared to CBC and ETE
1, while demanding larger computational efforts due to the decomposition of thermo-
mechanical exergy [186]. Yet, the minor improvement of accuracy in the exergy efficiency
may have a noticeable impact when analyzing optimization results. As seen in Table 6.7, CEE,
ETE 2 and ETE 3 for K-3 show a slight reduction in their efficiency values after optimization,
while CBC and ETE [ have the opposite trend, thus giving incorrect indications for the effect

of optimization.
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Figure 6.3 Changes in temperature based exergy of compressor K-1 operating across To.
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Table 6.9 Exergy decomposition for the inlet and outlet streams of compressor K-1.

Unit Inlet Ambient Ty Outlet A (Outlet-Inlet)

Temperature  [°C] 10.7 25 47.5 -

Pressure [bar] 4.1 5.5 8.6 -

E™ [kW] 41135 4911.9 6206.0 2092.5
ET [kW] 29.6 0 74.4 44.8
EP [kW] 4083.9 4911.9 6131.6 2047.7

ECh [kW] 23798345 23798345 23798345 0.0
[ Comp [kW] -3108.5 -3108.5 -3108.5 0.0
EReac [kW] 2382943.0 2382943.0 2382943.0 0.0

ETotal [kW] 2383 948.0 2384746.4 2386 040.5 2092.5

One noticeable result is the larger efficiency value of ETE 3 for compressor K-2. Generally,
all the exergy components that include partial molar exergies increase through a compressor
operating across ambient temperature. However, in the case of K-2, partial molar temperature
based exergy shows a different behavior, and this affects the exergy sinks and sources in such
a way that ETE 3 is larger than other consumed-produced efficiencies. Even though CBC
decomposes thermo-mechanical exergy to the component level, it has a different behavior than
ETE 3. Since CBC does not decompose partial molar thermo-mechanical exergy into
temperature and pressure based terms, it will not account for the effect of temperature based

exergy.
6.5.2 Throttling valves and the liquid expander

For throttling valves in Table 6.10, the input-output efficiency does not give meaningful
efficiency values due to the large chemical exergy of the streams. ETE [ also fails to measure
the performance of the valves, delivering a 0 % efficiency value. Below ambient temperature,
the purpose of a throttling valve is to reduce the temperature of a stream by reducing the
pressure through the valve. Thus, pressure based exergy is converted to temperature based

exergy across the valve, while having some exergy losses.
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Table 6.10 Exergy efficiencies of valves and one expander for the initial and final cases [%].

Unit VLV-1 VLV-2 VLV-3 E-1
Operating condition Below Below Below Below Below Below Below Below
To To To To To To To To

Case Initial Final Initial Final Initial Final Initial Final
Input-output 99.99 99.99 99.96 99.97 99.93 99.96 99.99 99.99
CEE 80.34 74.69 67.04 54.76 81.87 71.17 99.29 99.29
CBC 94.74 93.47 72.56 73.00 72.48 70.93 93.56 93.56
ETE 1 0.00 0.00 0.00 0.00 0.00 0.00 71.90 71.90
ETE 2 95.54 95.15 90.04 92.55 90.55 93.08 99.14 99.14
ETE 3 96.01 95.60 90.63 92.88 91.90 93.92 99.23 99.23

However, ETE 1 only accounts for the changes in thermo-mechanical and chemical exergy.
The former is always reduced due to the irreversibilities of the equipment (that are large for
valves), thus it acts as consumed exergy, while the latter is not changed since there is no
chemical reaction or compositional changes. As a result, there will be no produced exergy in
this unit, resulting in a zero efficiency using the definition of ETE [. The CEE and CBC
efficiencies tend to underestimate the performance of the valves, compared to ETE 2 and ETE
3. Similar to ETE 1, the CEE and CBC efficiency definitions only use thermo-mechanical
exergy without decomposition, which means that information about the conversion between
temperature and pressure based exergies is lost. However, CEE and CBC avoid zero efficiency
values for valves since the transit exergy and the partial molar thermo-mechanical exergy in

their definitions are able to partly account for these effects.

In conclusion, the CEE and CBC may not properly measure the improvement in the
performance of the valves after optimization. In the final case, all the valves except VLV-1
have higher exergy efficiencies for ETE 2 and ETE 3. As seen in Table 6.11, the ratio by which
pressure based exergy is converted to temperature based exergy is increased from 0.91 to 0.93
for VLV-3 with smaller exergy loss (AET°®!) in the final case, fulfilling the purpose of a
throttling valve operating below ambient temperature. In contrast, the values of CEE and CBC
are significantly decreased after optimization for this valve. Therefore, decomposition of
thermo-mechanical exergy into temperature and pressure based exergies is essential to

calculate accurate exergy efficiencies for equipment operating below ambient temperature.
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Table 6.11 Exergy decomposition for valve VLV-3 in the initial and final cases.

Initial Final
Case Unit
In Out A (Out-In) In Out A (Out-In)

E™ [kW] 65389 6314.2 -224.7 6410.1 6261.3 -148.8
ET [kW] 28453 4997.6 21523 2 906.3 4907.7 2001.3
EP [kW] 3693.6 1316.7 -2376.9 3503.7 13536 -2 150.1
ECh [kW] 333 143.7 3331437 0.0 366 867.7 366 867.7 0.0
E Comp [kW] -964.2 -964.2 0.0 -897.0 -897.0 0.0
[ Reac [kW] 334 107.9 334107.9 0.0 367 764.7 367 764.7 0.0
ETotal [kW] 339 682.7 339458.0 -224.7 373277.8 373 129.0 -148.8

Liquid expanders operating below ambient temperature have two tasks. The primary task is to
provide cooling (temperature based exergy) and the secondary task is to produce power. The
source is pressure based exergy. Thus, the input-output efficiency, CBC and ETE [ are not
appropriate efficiency definitions for such units because they have incomplete information
about the conversion between pressure and temperature based exergies. The high values of
CEE, ETE 2 and ETE 3 mean good conversion of pressure based exergy into temperature
based exergy and work, explaining why liquid turbines are considered a good alternative to
throttling valves for the end-flash step in LNG processes [166]. As mentioned earlier, the
operating conditions of expander E-1 and the end-flash are not selected as optimization
variables in this work. This is why the columns for initial and final efficiencies are identical in
Table 6.10. Again, ETE I is not able to properly measure the efficiency of turbines below

ambient temperature.
6.5.3 Heat exchangers and mixers

In Table 6.12, all consumed-produced efficiencies have similar values for heat exchangers, and
they are all improved after optimization, especially for HE-1. This is mainly due to the reduced
values of LMTD for all the heat exchangers in the final case as seen in Table 6.13. The input-
output efficiency again fails to produce meaningful values, approaching 100 % due to the large
reactional exergy of hydrocarbons. Regarding CEE and CBC, they give slightly different
values compared to ETE 1, 2 and 3.
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Table 6.12 Exergy efficiencies of heat exchangers and mixers for the initial and final cases [%].

Unit HE-1 HE-2 HE-3 MIX-1 MIX-2
Operating condition Below T Below To Below To Across To Below To
Case Initial ~ Final Initial ~ Final Initial  Final Initial Final Initial  Final
Input-output 99.98 9999 9998 9998 9997 99.99 9999 9999 99.99  99.99
CEE 6033 8247 8994 92112 87.81 9344 8454 9425 9876 98.77
CBC 59.95 8228 90.01 9248 8792 9376 7774 91.19 9836  98.72
ETE 1 5995 8224 8991 9210 87.81 9344 9985 9995 9998  99.98
ETE 2 59.95 8224 8991 9210 87.81 9344 9985 9995 99.99  99.98
ETE 3 5995 8224 8992 9237 87.81 9344 87.19 9272 9873  98.99

The two efficiency definitions CEE and CBC consider the effect of pressure drop as exergy
sources only (consumed exergy) on both the hot and cold stream sides. However, below
ambient temperature, the pressure drop for hot streams reduces the increment of thermo-
mechanical exergy through a heat exchanger. In addition, cold streams have a larger decrease

in thermo-mechanical exergy through a heat exchanger due to the pressure drop.

Table 6.13 LMTD values of the heat exchangers [°C].

Unit HE-1 HE-2 HE-3
Case Initial Final Initial Final Initial Final
LMTD 1231 388 519 4.04 887 4.63

As aresult, ETE 2 and ETE 3 have a smaller exergy sink and a larger exergy source compared
to CEE and CBC, thus decreasing the exergy efficiency of the heat exchangers. Nevertheless,
this effect is marginal in this work since pressure drops in the heat exchangers are small.

However, with large pressure drops, the effect can be significant [194].

Unlike units having no changes in chemical exergy, mixers have significant differences
between efficiency definitions as shown in Table 6.12. The input-output efficiency gives
almost 100 % efficiency, thus not properly showing the performance of the equipment. As
mentioned in Section 2.3.3, ETE [ and ETE 2 are defined in order to handle changes in both
thermo-mechanical and chemical exergies by decomposing them to the first (E™, E°M) and

second level (ET, EP, ECOmP [Reacy However, they also give similar efficiency values as the
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input-output efficiency. Values for MIX-1 in Table 6.14 indicate that due to mixing, stream
Inlet]l experiences an increase in reactional exergy (18,167.0 kW), which then becomes an
exergy sink. At the same time, reactional exergy of stream Inlet2 decreases by the same amount
and becomes an exergy source. Since the changes in reactional exergy of stream Inletl and
Inlet2 are substantially larger than the variations in other exergy components, they dominate
both the exergy sink and source terms in the definition of ETE [ and ETE 2. Thus, they give
efficiency values close to 100 %, since the sink and source sides of the reactional exergy are

similar.

In contrast, CEE, CBC and ETE 3 successfully give distinctive efficiency values for the units
having chemical exergy changes. Due to the decomposition of chemical exergy to the chemical
component level, CEE and ETE 3 can prevent reactional exergy from dominating both exergy
sink and source terms. After this decomposition, the efficiency definitions are able to account
for the difference in partial molar reactional exergy between the inlet streams and the outlet
stream for the mixer. The molar reactional exergy of each component, however, does not
change because all the streams include the same components. However, the streams have
different compositions, thus different molar compositional exergy values for the components.
In the case of chemical exergy in CBC, only the difference in chemical exergy between the sum
of the two inlet streams and the outlet stream is considered. Since there is no chemical reaction
happening in the unit, reactional exergy is cancelled, and only the changes in compositional

exergy are left in the difference between inlet and outlet.

Table 6.14 Exergy decomposition for mixer MIX-1 in the initial case.

Stream Inletl Inlet2 Outlet Outlet1? - Inletl Outlet2? - Inlet2
Flow [kmol/s] 1.1798 0.0406 1.2204 1.1798 0.0406
Unit [kJ/kmol] [kJ/kmol] [kJ/kmol] [kJ/kmol] [kW] [kJ/kmol] [kW]
5™ e’ 522.6 1.3 502.3 -20.3 -239 501.0 20.3
ep 6171.6 4100.3 6115.5 -56.1 -66.2 2015.2 81.8
_Ch gComp -2517.1 -2426.9 -2 547.1 -30.0 -35.4 -120.2 -4.9
¢ gReac 1937 187.0 2400280.0 1952585.0 15 398.0 18 167.0 -447 695.0 -18 167.0
gTotal 1941364.1 2401954.7 1956 655.7 15291.6 18041.5  -445299.0 -18 069.8

Qutlet] = (mlnlm/mo,mst) ><Outlet, Outlet2 = (mlnletz/momle‘) xQutlet
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Therefore, CEE, CBC and ETE 3 can disregard the reactional exergy in efficiency calculations,
resulting in meaningful performance values. However, the CEE and CBC efficiencies will not
contain accurate information about the changes in partial molar temperature and pressure based
exergies. In addition, for CEE, calculating the transit part of thermo-mechanical exergy across
the units is required, and this demands a large computational effort, compared to CBC and ETE
3[189]. Hence, ETE 3 has a clear advantage in measuring the performance of mixers compared

to other efficiency definitions.

In an analysis of LNG processes, mixers appear to have no important thermodynamic purpose
since the equipment is just mixing streams that are separated upstream. Thus, exergy analysis
of mixers has either been omitted or just performed for an illustrative purpose [93, 185].
However, in the final cases in Table 6.12, all the consumed-produced efficiencies clearly
indicate a performance improvement of the mixers. Table 6.15 shows that the optimizer reduces
the temperature difference between the two inlet streams. This results in a smaller amount of
entropy generation in the mixer and thus higher exergy efficiency. Therefore, exergy analysis

of mixers may be necessary to measure the performance improvement of the process.

Table 6.15 Operating temperatures of MIX-1.

Initial Final
Case
Inlet-1 Inlet-2 Outlet Inlet-1 Inlet-2 Outlet
Temperature [°C] 63.3 22.5 55.7 55.6 22.3 44.0

6.5.4 Phase separators and total process

Phase separators used in the LNG process have a similar trend in the efficiency values as
mixers. Table 6.16 indicates that efficiency definitions without the decomposition of chemical
exergy to the third level, such as the input-output efficiency, ETE [ and ETE 2, give
approximately 100 % efficiency values for the phase separators. During phase separation, the

total amount of exergy remains the same if there is no pressure drop or heat exchange as
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illustrated in Figure 6.4. However, the total compositional exergy of the vapor and liquid

streams increases since this exergy form is a measure of the degree of mixing.

This increment is compensated by decreasing thermo-mechanical exergy, while keeping total
exergy across the unit unchanged. Thus, the performance of phase separators depends on the

conversion ratio from thermo-mechanical exergy to compositional exergy.

In addition, the amount of exergy destruction (indicated by EP in Fig. 4) due to pressure drop
affects temperature based, pressure based and compositional exergies. This means that
decomposition of exergy at least to the second level (ET, EP, ECO™P  [Reac) is required to
properly measure the performance of phase separators. Thus, ETE [ is not suitable for this type
of equipment. In addition, a phase separator will split a stream into two outlet streams, one with
higher and one with lower molar reactional exergy compared with the inlet stream. This makes
reactional exergy dominating both the exergy sink and source terms in ETE 2, giving close to

100 % efficiency.

Table 6.16 Exergy efficiency of phase separators and the total process for the initial and final

cases [%].

Unit V-1 V-2 V-3 Process

Operating condition below Tp below Tp below Tp below Tp

Case Initial Final Initial Final Initial Final Initial Final
Input-output 99.99 99.99 99.99 99.99 99.99 99.99 99.02 99.34
CEE 60.93 95.95 99.52 99.42 98.98 98.98 63.13 71.66
CBC 51.30 95.14 99.64 97.01 83.22 83.22 42.98 52.68
ETE 1 99.67 99.98 99.99 99.99 99.76 99.76 64.02 72.44
ETE 2 99.67 99.98 99.99 99.99 99.78 99.78 73.26 80.18

ETE 3 71.00 96.85 99.75 97.89 84.61 84.61 63.43 71.92
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Figure 6.4 Relationship between exergy components across a phase separator.

In contrast, CEE, CBC and ETE 3 give reasonable efficiency values for the phase separators
since they can disregard the large values of reactional exergy in both the consumed and
produced exergy terms in the same way as for mixers. However, CEE and CBC tend to
underestimate the efficiency values due to lack of detailed information about changes in

temperature and pressure based exergies, showing the superiority of ETE 3.

Similar to the case with mixers, CEE, CBC and ETE 3 also in general indicate performance
improvement of phase separators after optimization. The task of phase separators is to divide
an inlet stream into a vapor and a liquid stream. Table 6.17 indicates that the optimizer
manipulates the LNG process to have more even molar flow rates in the vapor and liquid outlet
streams, while having constant pressure drop as indicated in Section 3, Table 4. This means a
larger degree of separation is achieved for the same pressure drop in the final case. As
mentioned in Section 3, the operating conditions of the end-flash (V-3) are not selected as
optimization variables in this work, resulting in identical efficiency values for the initial and

final case.

Table 6.17 Vapor fraction in phase separators.

Unit V-1 V-2

Case Initial Final Initial Final

Vapor fraction 0.966 0.553 0.298 0.301
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In the DMR process studied in this chapter, the feed gas undergoes changes in both thermo-
mechanical and chemical exergies, producing LNG and off-gas from the end-flash as products.
The feed and product streams are all below ambient temperature. Like other equipment having
changes in chemical exergy, the significant quantity of chemical exergy dominates the inlet
and outlet total exergy, making the input-output efficiency of the total process close to 100 %

as seen in Table 6.16.

In contrast, all the consumed-produced efficiencies give more reasonable values for the
performance of the LNG process. The CBC underestimates the efficiency value compared to
other efficiency definitions. In the LNG process, the feed gas is cooled and liquefied below
ambient temperature. This increases the temperature based exergy of the feed and such
increment becomes an exergy sink. The pressure based exergy of the feed gas is reduced due
to the end-flash step and this reduction is regarded as an exergy source. However, the CBC just
considers the changes in total thermo-mechanical exergy so it does not include the precise
information about the variation in temperature and pressure based exergies. This makes the
CBC inaccurate for evaluation of LNG processes. ETE [ and ETE 2 overestimate the
performance of the total process compared to other consumed-produced efficiencies. Similar
to the case with phase separators, ETE [ and ETE 2 will not handle this process properly since
the two products experience considerable changes in molar reactional exergy compared to the

feed gas. This will dilute the effect of variations in other exergy components.

However, CEE and ETE 3 give appropriate efficiency values for the LNG process by
considering temperature and pressure based exergies and the third level decomposition of
chemical exergy. The difference between the two efficiencies occurs since ETE 3 counts the
power consumed in the compressors as an exergy source and the power produced in the liquid
turbine as an exergy sink whereas CEE only considers the net work required/produced by the
turbo-machinery as an exergy source/sink. The compressors consume electricity, which is pure
exergy, and the liquid turbine produces power at the cost of pressure based exergy. Thus,
exergy efficiencies using net work will not recognize such transfer between pressure based

exergy and power, and thus being thermodynamically inaccurate. Therefore, ETE 3 provides
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the most accurate value of exergy efficiency for LNG processes, especially for processes with

multiple products.

6.6 Recommendations

A case study with an advanced LNG process was performed to compare the selected exergy
efficiencies, including the input-output efficiency. The results demonstrate that the input-
output efficiency shows values close to 100 % and only marginal changes after the process
optimization due to the large chemical exergy of the streams (typical for hydrocarbon
processes). Thus, the input-output efficiency does not provide meaningful efficiency values for
units and systems handling hydrocarbons, and thus poorly reflecting the changes in process

performance.

In contrast, all the consumed-produced types of efficiency definitions gave reasonable values
for all units and the total process containing hydrocarbon streams. However, exergy
efficiencies using thermo-mechanical exergy without decomposition (only first level of exergy
decomposition) such as CEE, CBC and ETE I did not give accurate efficiency values for
equipment producing refrigeration duty (throttling valves and the liquid expander) and units
operating across ambient temperature. The inaccuracy of these efficiencies is caused by the
inability to account for the conversion between temperature and pressure based exergies, which
is the main principle of refrigeration and liquefaction processes such as natural gas liquefaction
and natural gas liquid (NGL) extraction processes. Thus, when the DMR process was
optimized, the efficiencies using only the first level of exergy decomposition give inaccurate

changes in their values since they do not properly address the task of the system.

Although it can reflect the conversion between temperature and pressure based exergies,
decomposing exergy to the second level (ETE 2) also gave less accurate efficiency values for
units and the total process having compositional changes compared to the third level (ETE 3).

Nevertheless, ETE 2 is recommended for systems having temperature, pressure, and
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compositional changes due to the simple calculation method and the ability to handle all

operating temperatures above, across and below ambient.

To properly account for the performance of equipment and processes having compositional
changes, decomposing exergy into the chemical component level (the third level of exergy
decomposition, such as ETE 3) was required. In the case of CEE and CBC, decomposing to the
third level is only done for chemical exergy, not thermo-mechanical exergy (temperature and
pressure based exergy components). This is required for units or systems operating across
ambient temperature. In contrast, ETE 3 delivered reasonable exergy efficiency values for all
types of equipment and systems at all operating conditions without information loss about
exergy transfer, while demanding minor calculation efforts compared to CEE. Therefore, ETE
3 has a clear advantage in measuring the performance of processes with changes in chemical
exergy, giving consistent and reliable efficiency values even for the evaluation of the

improvement in optimized systems.

6.7 Conclusion

In this chapter, consumed-produced type exergy efficiencies were classified according to the
level of exergy decomposition, in order to indicate the characteristics of the efficiency
definitions. Due to the inaccuracy of the task exergy efficiencies for different types of system
with various operating conditions, this chapter extends the Exergy Transfer Effectiveness
(ETE), by including chemical exergy. This modification is to offer general formulas for
processes having changes in temperature, pressure and chemical composition. The result is an
exergy efficiency containing accurate information about exergy transfer in processes. The ETE
also properly reflects the changes in process performance after optimization, which is the main
task of an efficiency index as a post-design tool for diagnosing industrial processes with respect
to potential improvements. Thus, the use of the ETE is recommended for cryogenic processes,

while considering the appropriate selection of the exergy decomposition level. The generalized
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formula also makes the ETE applicable for other unit operations such as chemical reaction,

combustion and membrane separation. Such applications are possible future works.

~

o Various exergy efficiencies are case dependent and their definitions lack a

Chapter summary

mathematical expression, thus resulting in different interpretations.

o With generalized formulations, consumed-produced exergy efficiencies are
recommended to measure the performance of systems.

o To evaluate accurate performance variation due to both thermo-mechanical and
chemical changes, a detailed decomposition of exergy in the efficiency

formulation is required. This is the key property of the extended ETE developed

in this chapter.

_ J







Chapter 7 Exergy analysis for LNG value chain:

LNG regasification

In the previous chapter, an exergy efficiency with a general mathematical expression
(extended ETE) was suggested for cryogenic systems having changes in temperature,
pressure, and composition. Then, in this chapter, exergy efficiency is applied to complex
cryogenic distillation systems to evaluate ETE as a post design tool. The result are also

compared with the energy efficiency of the systems to answer the following questions:

o Does energy/exergy efficiency properly reflect the performance of cryogenic
processes?

o Is exergy efficiency a better performance indicator than energy efficiency?

\ )

This chapter is based on the following publication.

— Kim D, Giametta REH, Gundersen T. Optimal Use of Liquefied Natural Gas (LNG)
Cold Energy in Air Separation Units. Industrial & Engineering Chemistry Research.
2018;57(17):5914-23.
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7.1 Introduction

To bring natural gas into distribution networks, transport in liquefied form can be the most
economical and convenient solution for remote places. Thus, natural gas is liquefied and
transported at -162 °C and slightly above atmospheric pressure by liquefied natural gas (LNG)
carriers. Most often, the tail end of the distribution networks and the end-users require the LNG
to be in gas phase. Such regasification is achieved at LNG import terminals. In the terminals,
the transported LNG is unloaded from the carriers at a typical flow rate of 12,000 cubic meters
per hour and filled in storage tanks. The stored LNG is then pumped to a vaporization system
at a pressure between 80 and 120 bar depending on the gas export requirements [198]. After
being pressurized, the LNG is converted to gas phase by heat exchange in vaporizers. There
are two main types of vaporizers on the market: open rack vaporizers (ORV), which represent
around 70 % of the installations, and submerged combustion vaporizers (SCV), representing a
20 % share [14]. Other options are ambient air vaporizers (AAV), shell and tube exchange
vaporizers (STV) and intermediate fluid vaporizers (IFV) [70]. Several vaporizers are required
to achieve the total regasification capacity of a typical import terminal. The best combination

of vaporizer types depends on site ambient conditions [199].

Due to the increasing demand for LNG, the total world regasification capacity also expanded
to 851 million tons per annum (MTPA) in 2018 with 121 regasification terminals [8].
Consequently, a significant amount of LNG cold energy has been wasted to seawater or air in
typical regasification processes although it could have been utilized in various processes to
improve their efficiency. However, there are several aspects to be considered when recovering
the LNG cold energy in other systems. First, the duty and temperatures available for heat
integration during LNG regasification depend on the gas distribution pressure [71]. Another
common constraint is the long distance between the cold energy (exergy) available at the

regasification terminal and the potential users.

To overcome the distance limitation, carbon dioxide can be liquefied at the LNG terminal and

transported in pipelines to for example food processing facilities or buildings requiring air
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conditioning [76]. Nevertheless, the operating temperature of the refrigeration application is
limited to -60 °C due to the freezing point of the intermediate working fluid (COz). Therefore,
this example cannot recover LNG cold energy in the whole temperature range available during

regasification, which will result in sub-optimal use of LNG cold energy.

Low-temperature power generation is another option to utilize the LNG cold energy. However,
power production using Rankine cycles does not go below -90 °C when ethane is used as a
working fluid [73]. In the case of Brayton cycles, one could go down to -140 °C using nitrogen

as a working fluid, but this has not yet been implemented in real applications.

Freezing or evaporation-condensation desalination are also possible options to be integrated
with LNG regasification. However, the use of a glycol-water solution as an intermediate
working fluid will limit the operating temperature to -15 °C [74]. By using LNG cold energy,
heavy hydrocarbons can be extracted from the stored LNG having a heating value above the
distribution requirements. This integration covers temperatures from -160 °C but only to -105
°C [75]. Therefore, this option does not fully replace conventional vaporization processes since

there is still a considerable amount of cold energy left to be recovered from the LNG.

Unlike the integration options mentioned above, an air separation unit (ASU) is a system that
can fit in the temperature range of LNG vaporization. Due to the low operating temperature of
air separation units (from -170 °C to -190 °C), which is closer to the LNG temperature than
any other options, supplying parts of the cold duty in an ASU is regarded as a promising
alternative for utilizing the cold energy of LNG. Hence, this integration has already been

applied in several LNG import terminals since the 1970s [77].

However, air separation has complex process configurations with a single column, double
column, or even triple column distillation, including sophisticated internal heat integration
[200, 201]. Thus, there have been several suggestions for integration of LNG regasification
processes with different ASU designs, showing distinctive characteristics [77, 90, 202, 203].
Most suggestions integrate LNG regasification with conventional two-column or novel single-

column ASU processes. Besides, the structure and performance of the ASU processes
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combined with LNG regasification vary depending on the way LNG cold energy is utilized.
Therefore, these integration solutions were simulated and assessed to understand their strengths

and weaknesses in depth under fair conditions.

In this work, ASU processes integrated with LNG regasification are categorized based on the
method for utilization of LNG cold energy. A single-column ASU configuration is applied as
a reference process to be combined with an LNG stream [204]. A comparison between the two
systems is conducted by considering both energy and exergy as performance measures. A
discussion is also made on the optimal use of LNG cold energy, depending on the integration

method.

7.2 Process design

7.2.1 Single column ASU

ASU processes differ mainly by the number of distillation columns in the cold box and the
operating pressure levels. These differences affect the products (purity, phase and pressure) as
well as the power consumption and the capital cost of the ASU. Nitrogen (78.12 mol % and
normal boiling point (NBP) of -195.9 °C) and oxygen (20.95 mol % and NBP of -182.9 °C)
are the two components normally recovered from the air through the ASU. Noble gases present
in the atmosphere can also be extracted by multi-column processes and further purification of

the product streams.

In this work, a single-column ASU process using a recuperative vapor recompression heat
pump [204] is selected as a design basis to be integrated with LNG regasification. This novel
configuration produces pure nitrogen and intermediate purity oxygen (95 mol %) at
atmospheric pressure, which matches the requirements for oxy-combustion applications in
coal-based power plants. The advantages of this process, compared to traditional double
column ASU processes, are the reduced number of columns and the reduced power

consumption (less air compression).
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An adjusted version of the novel single column ASU [204] was modeled in HYSYS V9.0 [132]
and is shown in Figure 7.1. Mainly, this model is based on the configuration referred to as
Cycle 6, which is more practical with respect to deployment. In this process, the air feed (A01)
is slightly compressed (i.e. using a fan) to compensate for pressure losses through the system,
and then split into streams A04a and A05a. Stream AO4a is pressurized and delivered to the
main heat exchanger (MHE) to be cooled before being sent to an expander (E-A). This
depressurization of cold stream A04f will reduce the cold duty of the MHE, and stream A04g
is further cooled in the MHE to be slightly condensed. Stream A05a is also cooled in the MHE
and mixed with the partially liquefied air stream A04h. The mixed stream A06 is supplied to
the distillation column (Dist-Col) at an intermediate level to be separated into a bottom liquid
XO01 and an overhead vapor NO1. The pure nitrogen gas stream (NO1) is returned to the MHE
to supply refrigeration duty and being warmed to ambient temperature, producing a nitrogen

vent stream NO3.

A part of the nitrogen product (NO4a) is compressed and cooled to a cryogenic temperature in
the MHE. The pre-cooled nitrogen stream NO4d enters the MHE again via the integrated heat
exchanger (Cond-Reb), boiling the liquid oxygen (LO2) product (X01). Then the nitrogen
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NO4f Nodg
X03b| |X03a
| K-N1 C4 NO1
NO3 NO2
MHE X02a
A05a X02b A0SD | Noan
AO4a_ A04h_A04c_ AO4d_A0de NO4i
: >
K-A2 C2 K-A3 C3 {_ja0dn VLV |
A03 ,~A02]A01 AD4f jAMg A06
Dist

C-1 K-Al E-A -Col
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Figure 7.1 Process flow diagram for the single column ASU (modified from Cycle 6 in ref
[204]).
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stream that is sub-cooled through the MHE (N04f) is split to provide a liquid nitrogen (LN2)
product (N04g) and reflux to the column (NO4h) after throttling (NO4i). The liquid oxygen
stream X01 from the bottom of the column is split into two branches. One branch (X03a) is
vaporized in the heat exchanger Cond-Reb, and the other branch (X02a) is sent to the MHE to

provide cooling duty and be vaporized to the final oxygen product.
7.2.2 Single column ASU with an LN2 production cycle (Option 1)

The novel single column ASU process produces very little liquid nitrogen and oxygen since it
was primarily aimed at oxy-combustion coal-based power generation. Thus, one of the options
to utilize LNG cold energy is to supply additional refrigeration to the ASU to enable it to deliver
liquid products, which can be transported long-distance. One way to achieve this integration is
connecting a sub-process for liquid nitrogen production to ASU systems[90, 202]. Thus, the
single column ASU process was modified to include the LN2 production cycle having the LNG
stream as a refrigeration source (Figure 7.2). This integration is referred to as Option 1 in this

chapter.

This integration scheme has an almost identical structure as the single column ASU except that
a part of the nitrogen vent stream (NOS5) is sent to a liquid nitrogen production system. This
recycled nitrogen stream goes through multi-stage compression and intercooling via the
nitrogen heat exchanger (NHE), while gasifying the compressed LNG stream L02. The fully
condensed nitrogen stream (N15) leaves the NHE and enters a throttling valve to be
depressurized before feeding a vessel. The gas stream from the phase separator (N17a) provides
a cold duty to the NHE and goes back to the second recycled nitrogen compressor while the
liquid stream (N18) is divided into three parts. One (N21a) is used for the cooling demand of
the nitrogen reflux (N04d) in the Cond-Reb and the MHE. The second part (N19a) is
compressed by a pump (P-N) with a relatively small power consumption and evaporated via
the NHE before being depressurized in turbo-expanders. The expansion will produce power
and supply cold duty to the NHE in order to liquefy the recycled nitrogen stream NO8. The last
part (N20) is then provided as a liquid nitrogen product.
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Figure 7.2 Process flow diagram for the single column ASU with an LN2 production cycle.

Finally, it should be emphasized that, unlike the single column ASU process, a part of the liquid

oxygen product from the ASU (X01) does not need to be supplied to the MHE, rather it is

directly extracted as a liquid product (X02).

7.2.3 Single column ASU with pre-cooling (Option 2)

In Option 1, LNG cold energy is supplied to the NHE where the recycled nitrogen stream is

cooled. However, the LNG stream does not exactly match the cold duty of the NHE, increasing

the temperature difference in the heat exchanger. Instead, the LNG stream can be used for pre-

cooling of air, reflux nitrogen, and the recycled nitrogen stream [203]. By adjusting the pre-

cooling temperature, LNG cold energy can be well fit to the cold duty of the pre-cooling heat
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exchanger, reducing driving forces. The single column ASU with the pre-cooling scheme is
referred to as Option 2 in this chapter. For the pre-cooling of air, reflux nitrogen, and recycled
nitrogen, the LN2 production system in Option 1 is integrated into the main heat exchanger
(MHE) and LNG cold energy is supplied to the MHE. Besides, the cold part of the MHE is
separated as an independent heat exchanger (Sub-HE) to sub-cool the air, the reflux nitrogen

and the recycled nitrogen as seen in Figure 7.3.

By splitting the MHE, the intermediate temperature of the air, reflux nitrogen, and the recycled
nitrogen stream can be manipulated depending on the state of the LNG stream, resulting in a
better temperature match between the streams in the MHE and thus an improved use of the
cold LNG. Thus, the LNG stream pumped from a storage tank (L02) provides refrigeration
only to the MHE. The typical intermediate temperature will be close to the supplied LNG

temperature.
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Figure 7.3 Process flow diagram for the single column ASU with pre-cooling.




7.3 Design basis 159

7.3 Design basis

7.3.1 Scope of the models

Cryogenic air separation is performed after air compression and purification where water and
other impurities are removed by adsorption on molecular sieves. Then, the purified air is cooled
to the dew point temperature and separated by cryogenic distillation in a cold box, which is
heavily insulated to limit heat losses [205]. Since the air purification step is not of primary
concern in this work, it is disregarded in all the models of ASU processes integrated with LNG

vaporization. However, the LNG pumping system is included in the integration schemes.

In the case of the reference single column ASU system, a simplified LNG vaporization system
was included to evaluate the total performance of the ASU and the regasification process stand-
alone so that it can be compared with the two integration options. The LNG vaporization
system is composed of a pump to pressurize the LNG feed and a heater to evaporate the
compressed LNG. The stand-alone reference ASU system, which does not include the LNG
regasification was also simulated to measure the original performance of the ASU. Other
design specifications for thermodynamic properties and equipment in the processes are

indicated in Table 7.1.

Table 7.1 Design parameters for the ASU systems.

Process parameters Value
Equation of state Peng-Robinson
Compressor polytropic efficiency [%] 78
Expander polytropic efficiency [%] 78
Pump adiabatic efficiency [%] 75
Cooler outlet temperature [°C] 26

ATpin in heat exchangers [°C] 1
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7.3.2 LNG feed

The required natural gas pressure at the outlet of the LNG regasification terminal depends on
the end-users, ranging from 6 to 25 bar for power stations, 30 bar for local distribution and over
60 bar for long-distance distribution [73]. This parameter has a noticeable influence on the
performance of the integration solutions because the compression to the selected distribution
pressure consumes pumping power and the pressure level affects the available cold energy of
the LNG [71]. This work will focus on long-distance gas distribution, selecting a gas outlet
pressure of 60 bar for the models. Due to the importance of the LNG pumping pressure, it was
varied from 20 bar to 100 bar in order to measure the effect on the process performance in
Section 6.2. In the review of existing ASU systems integrated with LNG regasification, the
flow rates of the LNG feed range from 8 tons per hour for small-scale to 68 tons per hour for
large-scale integration processes, and the larger scale has been the latest trend [77]. Thus, a
flow rate of 3300 kmol per hour (equivalent to around 58 tons per hour) was selected for large-
scale ASU systems integrated with LNG vaporization. Other design conditions related to LNG

are shown in Table 7.2.

Table 7.2 Conditions of LNG feed.

Conditions Unit Value

LNG feed temperature °C -162.0
LNG feed pressure bar 1.3
LNG export pressure bar 60.0
LNG feed flow rate kmol/h 3300.0
LNG feed composition

Nitrogen mol % 1.01

Methane mol % 91.59

Ethane mol % 4.93

Propane mol % 1.71

i-Butane mol % 0.35

n-Butane mol % 0.40

i-Pentane mol % 0.01
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7.3.3 Air feed

For simplification, the air feed is assumed to consist of N> and O> only. Since noble gas
production is not studied in this work, the presence of argon, helium, etc. is neglected. Further,
it is assumed that the air pre-treatment (not included in the simulation models) completely

removes water and carbon dioxide. Conditions of the air feed are provided in Table 7.3.

Table 7.3 Conditions of air feed.

Conditions Unit Value
Air feed temperature °C 25.00
Air feed pressure bar 1.01
Air feed flow rate kmol/h  2426.00
Air feed composition
Nitrogen mol % 79.06
Oxygen mol % 20.94

7.3.4 Product specification

The classic indicator to evaluate ASU designs is the power consumption per amount of liquid
nitrogen or oxygen produced. However, the compression work required is varying depending
on the quantity of liquid products from the ASU systems. The desired product purities are other
factors influencing the performance of the ASU schemes. Thus, the product flow rates and

purities were set to be equal for all the ASU processes integrated with LNG regasification.

During the simulation work, the maximum flow rate that could be reached for liquid nitrogen
produced from the recycled nitrogen was around 415 kmol per hour with a purity of 99.5 mol
% in the single column ASU with an LN2 production cycle. These values were used as

specifications for the alternative integration option (ASU with pre-cooling).

Pure liquid oxygen is also produced in all the models. The flow rate of liquid oxygen is varying

based on the configuration of the integration systems since it is constrained by the reflux needed
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in the distillation column and the heat balance of the integrated condenser-reboiler. Thus, the
amount of liquid oxygen product was fixed at the quantity of the vapor oxygen produced in the
reference single ASU system, which is one of the design targets for the integration schemes.
None of the processes provided gaseous oxygen, however, they do produce a gaseous nitrogen

stream, which is vented to the atmosphere.

The reference single column ASU was manipulated to produce liquid nitrogen from the
nitrogen reflux in order to be compared with the integration schemes delivering liquid products.
Due to the lack of cold duty without LNG cold energy utilization, the maximum achievable
amount of liquid nitrogen was 158 kmol per hour based on the one-column ASU. Thus, this
value is set for the liquid nitrogen product from the nitrogen reflux in the stand-alone single
column ASU and the two integration options. However, sufficient amounts of pure gaseous
oxygen and nitrogen with a purity above 99.5 mol % are produced in the stand-alone single

column ASU.

Apart from product flow rate and purity, other conditions such as temperature and pressure will
vary among the ASU processes, thus having different exergy values. Besides, there will always
be a minor difference between the specifications and the actual products. Thus, evaluation and
comparison based on energy may not be adequate. Exergy efficiency, however, can account
for varying compositions, flow rates, temperatures and pressures of the product streams, as will
be explained in Section 5. Thus, the temperature and pressure levels of the products will vary

depending on the ASU processes, accepting a marginal difference in their purity and flow rate.

The LNG stream supplying a cold duty to existing ASU systems integrated with LNG
regasification is generally warmed to ambient temperature either in cryogenic heat exchangers
or intercoolers for air and nitrogen compressors [77, 90, 203]. This leads to large temperature
gaps in the cryogenic exchangers and the intercoolers, causing significant amounts of entropy
generation. Thus, the outlet temperature of the LNG product was not restricted to ambient
temperature in order to find optimal use of the LNG cold energy in the integration schemes.

The detailed specifications for ASU products are summarized in Table 7.4.
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Table 7.4 Product specifications for the ASU systems.

Condition Unit LN2* LN2® LO2 LNG

Temperature °C vary vary vary vary
Pressure bar 4.5 vary vary 60
Purity mol% >99.5 >995 >999 -
Flow rate kmol/h 158 415 499 3300

2LN2 extracted from the nitrogen reflux

YLN2 extracted from the recycled nitrogen
7.4 Optimization and exergy analysis

7.4.1 Optimization

To perform a fair comparison between the two integration options, they were both subject to
some kind of optimization. Since optimizing a distillation column is complex, the design
conditions related to the column were disregarded. The variables related to the air compressors,
and the high pressure as well as the molar flow rate of the nitrogen reflux were not adjusted, in
order to conform with the reference ASU design. This will allow focusing on the heat
integration part of the ASU systems, indicating the actual potential of utilizing the LNG cold
energy. Thus, all the inlet temperatures and outlet pressures of the multi-stage compressors for
the recycled nitrogen were set as variables. The final temperature of the recycled nitrogen to
be throttled before producing liquid nitrogen is also considered a variable. In addition, all the
inlet temperatures and outlet pressures of the multi-stage expanders for the recycled nitrogen
were also defined as variables in addition to the pressure level of the booster pump for the
recycled nitrogen. Besides, the molar flow rate of the by-passed air, the recycled nitrogen and
the liquefied nitrogen sent to the integrated heat exchanger (Cond-Reb) were selected as
variables. For integration Option 2, the intermediate temperatures of the streams flowing
between the MHE and the Sub-HE were set as extra variables. The values of the ranges for the

variables are listed in Table 7.5 for Option 1 and Table 7.6for Option 2.
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With the decision variables X, the two integration schemes were optimized for the objective
function and constraints in Eq (7.1), where a € H and b € K. H represents the set of cryogenic

heat exchangers and K is the set of compressors.

W,
min ) =—"T"—
X MmyNz + Myo2
subjectto  ATpina = 1 (7.1)
PT'b <3

X1 B SXSXUB

The objective is to minimize power consumption per amount of total liquid products. A
minimum temperature difference of 1 K is applied for all heat exchangers as a constraint, which
is a common practice in cryogenic processes[206]. The maximum pressure ratio of compressors
is set to 3. The optimization is performed by sequential quadratic programming (SQP) due to
the nonlinearity of the system. The optimization results are shown in Table 7.5 and Table 7.6

in the Supporting Information for Option 1 and Option 2 respectively.
7.4.2 Exergy analysis

Exergy is the maximum available work obtained by bringing a system to equilibrium with its
environment. Thus, exergy analysis, which is a combination of the first and second laws of
thermodynamics, is based not only on the condition of a system but also the environment.
Different energy sources having different qualities such as temperature, pressure and
composition can be measured by exergy. These features make exergy efficiency more reliable
than energy efficiency, showing the real performance of processes. Exergy analysis also allows
identifying where exergy is destroyed in a process, in other words, the location of entropy
generation. This gives guidelines to improve efficiency by highlighting units having the largest
exergy destruction. Thus, in this work, exergy analysis is regarded as a valuable post design

tool together with specific power consumption.
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Table 7.5 Bounds of the decision variables for optimization of Option 1 and the best solution

(the LNG pumping pressure = 60 bar).

Variable Unit Lower bound Upper bound Optimum value
TNoo °C -120.0 -60.0 -120.0
VAN °C -175.0 -160.0 -167.3
Tniz °C -135.0 -105.0 -108.2
Inis °C -175.0 -160.0 -175.0
TNib °C -145.0 -115.0 -137.8
Tni19c °C -110.0 -75.0 -88.2
TN19e °C -155.0 -115.0 -132.8
TNiog °C -80.0 -50.0 -65.1
PNI0 bar 8.5 11.5 11.4
PNI2 bar 28.0 32.5 28.0
DN14 bar 50.0 80.0 50.0
PN19b bar 30.0 120.0 34.0
PN19d bar 11.0 25.0 25.0
Pnios bar 3.8 8.5 3.8
T1A05a kmol/h 0.0 450.0 240.0
1nNos kmol/h 400.0 700.0 415.5

7IN21a kmol/h 400.0 700.0 700.0
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Table 7.6 Bounds of the decision variables for optimization of Option 2 and the best solution

(the LNG pumping pressure = 60 bar).

Variable Unit Lower bound Upper bound Optimum value
T'aosb °C -165.0 -145.0 -162.7
Tno2 °C -180.0 -150.0 -167.8
AN °C -100.0 -40.0 -96.0
Nz °C -178.0 -175.2 -165.0
TNia °C -155.0 -110.0 -132.3
Tnie °C -168.0 -155.0 -167.4
Ny °C -175.0 -155.0 -173.2
TNiob °C -175.0 -150.0 -172.4
Tnoze °C -180.0 -160.0 -176.0
TN2se °C -125.0 -85.0 -125.0
IN2se °C -130.0 -110.0 -130.0
TNosg °C -80.0 -50.0 -60.0
PN bar 5.5 20.0 6.7
DNI13 bar 20.0 40.0 20.0
DNI5 bar 40.0 85.0 41.8
DPN23b bar 40.0 80.0 40.0
PN23d bar 8.0 15.0 11.3
DPN23F bar 3.8 8.5 3.8
11A05a kmol/h 0.0 450.0 450.0
7IN06 kmol/h 400.0 700.0 410.2

FiN22a kmol/h 400.0 700.0 700.0
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Exergy analysis requires decomposition of exergy, which can vary depending on the type of
process. Thus, various exergy decompositions have been suggested, showing different
definitions of exergy efficiency [96, 185, 187, 188, 197] as discussed in Chapter 0. In this work,
one of the approaches to exergy decomposition (ET, EP, EComP | FReac) was ysed to perform an
objective and consistent exergy analysis [96]. Kinetic, potential, electrical and nuclear exergies
were not considered in the exergy decomposition. The detailed information about the

decomposition is given in Chapter 6.2.

This work applies the Exergy Transfer Effectiveness (ETE) to evaluate the exergy efficiency
of the ASU systems integrated with LNG regasification [194]. This exergy efficiency was
developed for low-temperature processes, offering a general mathematical expression. Still, the
use of the ETE is limited to changes in temperature and pressure of a system (i.e. only thermo-
mechanical exergy). Thus, an extended version of ETE recently developed in our group has
been used to analyze the integration schemes by including the compositional and reactional
exergy terms as introduced in Chapter 6.3.2 [118]. Consequently, the extended definition can
handle all changes in flow rate, concentration, pressure, and temperature in the ASU systems
integrated with LNG regasification. Besides, this indicator can evaluate and compare the
performance of the integration processes, even in cases with different products, due to the

definition of the extended ETE.

The ETE is defined as the ratio between exergy sinks and exergy sources as shown by Eq.

(7.2).

_ X Exergy Sinks
"~ Y Exergy Sources

ETE (7.2)

An exergy increase of a process or unit is considered an exergy sink, while an exergy decrease
indicates an exergy source. Likewise, compression work is an exergy source, while expansion

work is an exergy sink.

The extended ETE with the four exergy components (ET, EP, ECOmP EReac) can then be
defined by Egs. (7.3)-(7.5), where j € C,k € I,m € 0.
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ZJ(AEj)+ + Wexp

ETE = — (7.3)
2i(AET) + Weomp
where
ZE;,I—ZE,{ if ZE;<ZE{,I
(AE) T ={™ k koo (7.4)
0 if Y B> k)
k m
0 if ZE,i < ZE’]"
(AE) =iC ., R R (7.5)
ZE;—ZE,JR if ZE,£>ZE,’,I
k m k m

Egs. (7.3)-(7.5) represent the ETE where C is the set of four exergy components, [ is the set of

inlet streams, and O is the set of outlet streams.

7.5 Results

7.5.1 Comparison of alternatives

In this section, the simulation results of the two different ASU systems integrated with LNG
vaporization are assessed and compared with the reference single column ASU process.
Specific power consumption per unit mass of liquid products is measured as a process
performance index, and Table 7.7 indicates that integration Option 2 has smaller specific power
consumption than Option 1 with almost the same amount of liquid products. The specific power
for the reference ASU system was significantly larger since the process was originally
developed for gas products. Thus, the ETE that can handle differences in products was
calculated for all the ASU processes. The exergy efficiency values show that integration Option

2 is again the most efficient process followed by Option 1 and the reference ASU system.
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Table 7.7 Simulation results for the reference single column ASU and its integration schemes

with LNG regasification.

Recycled Power Exergy

Process No LN2 LO2 consumption  destruction ETE
[kmol/h] [kg/h] [kg/h] [kWh/kg] [kW] [%]

ASU 3639 4429 - 1.346 9979 47.93

Option 1 3730 16067 15975 0.310 7337 57.34

Option 2 3749 16076 15975 0.281 6158 61.05

The results in Table 7.7 clearly indicate that integration of an ASU with LNG regasification
reduces power consumption and improves exergy efficiency for the entire system. The entries
in Table 7.7 for ASU (I* row) is for stand-alone ASU and LNG regasification (i.e. not
integrated). Both Option 1 and Option 2 show that the total system efficiency is significantly
improved compared to the reference single column ASU, since considerably less LNG cold
exergy is wasted in the regasification process. Nevertheless, the two integration options will
have a lower exergy efficiency than the ideal case where the stand-alone ASU is assumed to
receive the maximum work that can be produced from the cold energy utilized in integration
Option 1 and 2. In that case, the ETE of the stand-alone ASU reaches 79.25 % and 78.93 %

respectively.

Option 2 required the largest flow rate of recycled nitrogen, followed by Option 1 and the
reference ASU system as seen in Table 7.7. Table 7.8 shows that Option 2 also demands the
largest heat exchange area (UA) among the three cases due to lower values for log mean
temperature difference (LMTD). This will result in a higher capital cost for Option 2 than the
other alternatives. However, the low LMTD values indicate a close to optimal temperature
match in the heat exchangers with the cold LNG stream, thus improving the process efficiency.
In the case of Option 1, an optimal heat integration in the MHE and the NHE was not possible,
resulting in large LMTDs. This also explains the higher exergy efficiency of Option 2 than
Option 1.
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Table 7.8 Heat exchangers in the reference single column ASU process and its integration

schemes with LNG regasification.

ASU Option 1 Option 2
. Cond MH Cond MH Sub Cond
Unit  MHE — p6  E NE  Reb  E  HE  -Reb
ATmin [K] 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00

LMTD K] 3.10 1.13 7.82 242 1.26 209 3.87 1.26
UA [MW/K]  2.62 1.25 091 5.83 1.90 877 0.22 1.90

7.5.2 Sensitivity analysis

The pressure level of the LNG product is usually dependent on the conditions of gas
distribution networks. Thus, the pumping pressure of the stored LNG was varied from 20 bar
to 100 bar in order to measure the effect of the different properties of LNG cold energy on the
two integration schemes. The two integration options were also optimized under the different
LNG pressure levels to find optimal operating conditions. The results illustrated in Figure 7.4
indicate that the specific power consumption increases with LNG pressure for both Option 1
and Option 2. The power consumption was increased by 10.6 % in Option 1 and 13.4 % in
Option 2 when the pressure level was increased from 20 bar to 100 bar. This shows that Option
2 has a larger penalty for achieving an optimal heat integration with increased pressure than

Option 1.

Regarding exergy efficiency, the ETE value for Option 1 increases with the LNG pressure,
showing only a marginal increase after 80 bar as illustrated in Figure 7.4. The exergy efficiency
for Option 2 even experiences a small decrease at 100 bar, explaining the sharper increase in
specific power consumption with the LNG pressure than Option 1. Nevertheless, integration
Option 2 has a smaller specific power consumption and a higher exergy efficiency at any given

LNG pressure levels.
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Figure 7.4 Variation of specific power consumption and exergy efficiency in integration Option

1 (a) and Option 2 (b) for different values of LNG pressure.

When it comes to exergy destruction, Figure 7.5 demonstrates that the main sources of
thermodynamic losses for both Option 1 and Option 2 are turbo-machinery, followed by heat
exchangers and valves, while mixers represents small losses. The amount of exergy destruction
in Option 2 is smaller than Option 1, especially in the sum of turbo-machinery and heat
exchangers, thus resulting in an efficient work and heat exchange network with the cold LNG

stream.

The changes in exergy destruction for heat exchangers as function of LNG pressure is similar
for Option 1 and Option 2. The amount of destruction decreases up to 60 bar and then increases
for higher pressures, indicating that the optimal temperature match in the heat exchangers will
be achieved at the LNG pressure of 60 bar. This trend in the exergy destruction with LNG
pressure explains the considerable improvement of the ETE until 60 bar in Figure 4. Besides,
the increase in exergy destruction after 60 bar is one of the reasons for the marginal increase in

the exergy efficiency over 60 bar.

Unlike heat exchangers, the exergy destruction in turbo-machinery was proportional to the

LNG pressure level for both integration options. The main contributor to this increment is the
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Figure 7.5 Variation of exergy destruction for main equipment in integration Option 1 (a) and

Option 2 (b) for different values of LNG pressure.

LNG pump, having a larger loss with a higher outlet pressure. However, for Option 1 at 100
bar, the exergy destruction in the turbo-machinery was slightly reduced. This decrease is a
consequence of the inadequate temperature match in the heat exchangers, requiring less
pressure ratio in the recycled nitrogen expanders. The poor heat integration also results in
smaller pressure drops in some throttling valves, which is the reason for the sudden decrease
in exergy destruction for integration Option 1 at 100 bar. Nevertheless, the total exergy

destruction of Option 1 at 100 bar is still the largest compared to other LNG pressure levels.

The units that are accounting for the largest share of the exergy destruction in heat exchangers
are the NHE in Option 1 and the MHE in Option 2, which are the exchangers integrated with
the LNG cold stream. Thus, the temperature difference between hot and cold composite curves
in the two heat exchangers is plotted in Figure 7.6 to investigate their performance for different

LNG pressures.

When the LNG pressure is 20 bar, the NHE has a significant temperature difference at around

- 80 °C for the hot composite, increasing irreversibilities. This considerable gap contributed to
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large exergy destructions in heat exchangers as depicted in Figure 7.5. At the LNG pressure of

100 bar, the NHE also shows a large temperature difference at around -100 °C.

The exergy destruction of the NHE at 100 bar shows a lower temperature difference in the hot
end of the exchanger compared to other pressure levels. However, the penalty of the large
temperature difference at colder temperatures exceeds the benefit of reduced temperature
difference in the hot-end, resulting in the largest exergy destruction for the heat exchangers as
seen in Figure 7.5. This is due to the characteristics of entropy generation caused by the
temperature difference in a heat exchanger, which increases exponentially at lower
temperatures. Thus, smaller driving forces at lower temperatures in a heat exchanger minimize

total irreversibilities, while allowing an optimal use of heat exchanger area [42].

This indicates that the temperature difference profiles at 40 bar and 60 bar are close to the
optimal distribution of driving forces, resulting in the lowest exergy destruction, as illustrated
in Figure 7.5. The situation at 80 bar is similar to 100 bar in the sense that larger temperature
differences in the middle of the NHE cannot be compensated by smaller temperature

differences in the hot end, thus exergy losses are increased compared to the 60 bar case.

Similar to the NHE in Option 1, the temperature difference in the MHE in Option 2 at the LNG
pressure of 20 bar is considerably larger at around -80 °C compared to other LNG pressure
levels, resulting in the largest exergy destruction in heat exchangers, as seen in Figure 7.5. At
LNG pressures higher than 20 bar, the distributions of the driving forces are almost identical,
providing similar exergy destruction values as shown in Figure 7.5. One noticeable feature is
that integration Option 2 managed to keep the temperature difference below 5 K in the cold
end of the MHE for all LNG pressure levels. Therefore, the exergy destruction values of heat
exchangers in Option 2 at any LNG pressure levels are lower than Option 1. This means that
integration Option 2 provides an excellent flexibility to manipulate the system to achieve
optimal distribution of the driving forces in the heat exchangers, leading to a higher process

efficiency.
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Figure 7.6 Temperature difference in the NHE for integration Option 1 (a) and in the MHE for
integration Option 2 (b) for different values of LNG pressure.

Exergy destruction will not be a sufficient explanation to the changes in exergy efficiency with
various LNG pressure levels since it is also related to the products of the integration schemes.
In this work, the LNG stream leaving the integration processes is the product that has the largest
effect on the changes in exergy efficiency, since the conditions of the final LNG product vary
depending on the LNG pumping pressure levels. Other products such as LN2 and LO2 do not
experience a substantial change in exergy values after optimizing the two integration options

with different LNG pressure levels.

Figure 7.7 illustrates the temperature and pressure based exergy values of the final LNG
product and the total exergy destruction for the two integration processes. Regarding the LNG
product, it is obvious that the pressure based exergy increases with LNG pumping pressure.
However, the temperature based exergy decreases with increasing LNG pressure. This is
related to the special behavior of temperature based exergy below ambient temperature, i.e. it

decreases with higher temperatures, which is opposite of the behavior above ambient.
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Figure 7.7 Variation of temperature and pressure based exergy of the LNG product and total

exergy destruction in Option 1 (a) and Option 2 (b) for different values of LNG pressure.

Thus, the thermo-mechanical exergy of the final LNG will increase less at larger LNG pumping
pressures. Such slow increase in exergy of the LNG product is compensated by the larger total
exergy destruction with higher LNG pressures as seen in Figure 7.7. Therefore, the
improvement in exergy efficiency starts diminishing after 40 bar where the lowest exergy
destruction occurs in both integration options. In the case of Option 2, the exergy efficiency
even indicates a decrease after 80 bar (see Figure 7.4) due to the sharp increase in total exergy

destruction after 40 bar.

7.6 Conclusions

A single column air separation unit (ASU) has been integrated with an LNG stream in two
different ways to try to achieve the best possible utilization of the cold energy available from
LNG regasification. The cold energy of the LNG stream has been used as an extra refrigeration

source either in a liquid nitrogen production cycle (Option 1) or for pre-cooling of air and
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nitrogen streams (Option 2). After optimization, energy and exergy analyses have been applied

to measure the performance of the two different integration schemes.

The energy analysis indicates that the single column ASU process with pre-cooling from LNG
regasification has a lower specific power consumption (0.281 kWh/kg) than the integration
option with a liquid nitrogen production cycle (0.310 kWh/kg). Integration Option 2 also shows
a higher exergy efficiency than Option 1 due to an improved heat integration with the cold
LNG stream, resulting in smaller temperature differences in the heat exchangers. However,
Option 2 will require the largest capital cost due to a larger recycled nitrogen flow rate and

larger heat exchanger area.

A sensitivity analysis with different LNG pumping pressure levels shows that the specific
power consumption is increased with higher LNG pressure for both integration options. This
indicates that the improved heat integration (smaller driving forces) resulting in reduced
compression power does not compensate for the power consumption required to increase LNG
pressure. On the other hand, the exergy efficiency increased with the LNG pumping pressure
since the exergy values of the products also increased. This is not considered in energy analysis,
which is an inaccurate performance index for such processes. With different LNG pressures,
Option 2 consistently has a higher exergy efficiency than Option 1, since this integration
scheme is able to keep the driving forces in the heat exchangers low independent of the pressure
level. Particularly, Option 1 shows a large temperature difference in the nitrogen heat
exchanger at the lowest and highest LNG pressure levels, causing a significant increase in

exergy destruction.

Unlike existing integration solutions between ASU processes and LNG regasification, the
integration schemes studied in this work result in a final LNG product that still has a low
temperature. This could be utilized in other low temperature applications and represents an
additional benefit from the solutions proposed in this chapter. Hence, a proper selection of an
additional process utilizing the cold LNG product should be considered in the case of ASU
processes integrated with LNG regasification in order to further improve the utilization of the

LNG cold exergy.
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Chapter summary

~

o For cryogenic processes, an energy performance indicator does not reflect the
thermodynamic value of the products (pressure and especially temperature) and
gives an inaccurate evaluation of the systems.

o In contrast, an exergy efficiency measures the quality changes in the pressure and

temperature of the products, allowing the performance index to be an objective

J

comparison index.







Chapter 8 Exergy analysis for LNG value chain:

LNG processes with NGL extraction

In the last two chapters, exergy has been used as a post-design tool for an evaluation
purpose. The results indicate that exergy efficiency can provide a representative measure
for the thermodynamic performance and thus be used in comparative evaluation of
cryogenic systems. Further, in this chapter, exergy efficiency is tested as an objective
function for the optimization of complex cryogenic processes to answer the following

questions:

o In design phase, can exergy efficiency be used as an objective function for the
optimization of complex processes?
o What are the advantages using exergy efficiency as an objective function for

cryogenic systems compared to energy efficiency?

- /




180 Exergy analysis for LNG value chain: LNG processes with NGL extraction

8.1 Introduction

For global energy security, natural gas is one of the important energy sources with high
mobility in the form of liquid [8]. During the liquefaction of natural gas, heavier hydrocarbons
(HHC) like natural gas liquid (NGL) are often extracted from the feed gas. The extraction is
performed to prevent the freeze-out of the HHCs in the liquefier and control the heating value
of the liquefied natural gas (LNG) to meet the export specifications. The recovered HHCs are
treated and sold as an additional product (NGL), helping project profitability due to the high
economic value of these components. In addition, the hydrocarbons from the extraction

schemes are further fractionated and used to make-up the refrigerants in the LNG processes.

NGL recovery from natural gas can be conducted upstream or as an integral part of a
liquefaction system. The former scheme is achieved by a Joule-Thomson valve, a gas expander,
and a scrub column. The latter requires an integration of the NGL extraction process with the
LNG process, which may increase the complexity of design and operation. Traditionally,
upstream NGL extraction systems were proposed for pipeline gas production as one of the
treatment steps. Some of the typical systems are industry standard single stage (ISS) process,
gas sub-cooled process (GSP), and recycle split vapor (RSV) process [207-209]. Since the
upstream NGL systems are not designed for LNG processes, various configurations for the
integration of the NGL recovery schemes in LNG processes have also been suggested [46, 88,

210-213].

Nevertheless, there have been few studies providing a comparative analysis between the two
types of NGL extraction systems, and they are mainly for the comparison of the upstream NGL
recovery configurations [99, 108, 214]. Thus, an optimization work was also conducted based
on cost analysis in order to compare the upstream and the integration schemes [110]. However,
this study does not indicate the maximum achievable thermodynamic performance of the two
different schemes, which can be the basis for process improvement. Therefore, this chapter
provides a comparative thermodynamic analysis for the two types of NGL extraction systems

(upstream and integration) by performing optimization studies.
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The NGL recovery processes tend to be analyzed and optimized using an energy performance
indicator (power consumption) to improve the systems [88, 210, 212-216]. However, the
energy efficiency for such cryogenic systems does not reflect the accurate thermodynamic
performance of the processes since the indicator is not able to include the quality of the products
such as temperature, pressure, and composition [118, 119]. The direct comparison of heat at
different temperature levels with electric power is another undesirable property of the energy

performance indicator for NGL extraction systems where both heat and power are consumed.

Thus, an exergy efficiency is selected as objective function for the optimization of the NGL
and LNG production systems. This key performance indicator (KPI) considers temperature,
pressure, and compositional changes in energy and product streams [118]. An optimization
based on exergy analysis will indicate the thermodynamic optimal operating conditions of the
configurations making it possible to conduct a fair comparison of the processes. Energy
performance indicators such as specific energy consumption is also tested as an objective
function for the optimization in order to compare the results with the best solutions achieved
by optimizing exergy efficiency. For the natural gas liquefaction part, a dual mixed refrigerant

(DMR) LNG process is selected and optimized with the NGL recovery systems.

8.2 Process design

8.2.1 DMR process with upstream NGL extraction

The upstream HHC extraction is typically performed by gas expander based systems. Through
turbo-machinery equipment, the temperature of the feed gas is reduced due to the expansion,
supplying the cold duty of the NGL extraction system. Thus, there have been various extraction
schemes using gas expanders [207-209, 217]. In this work, we choose a simple upstream NGL
extraction system called industry standard single stage (ISS) process in order to focus on the

fundamental difference between upstream and integrated configurations [208, 209].



182 Exergy analysis for LNG value chain: LNG processes with NGL extraction

Mix-2  o4c

Figure 8.1 Process flow diagram of the DMR process with upstream NGL extraction (ISS-LNG
system) [208, 209].

A DMR process is selected and integrated with the ISS scheme in order to represent the
liquefaction system in this work [28]. This liquefaction process contains two refrigeration

cycles having mixed hydrocarbon refrigerants.

Figure 8.1 shows the entire system for upstream NGL extraction and LNG production, which
is referred to as the ISS-LNG system. The feed gas is sent to heat exchanger HE-4 and cooled
to be partially condensed. The two-phase mixture stream is then separated to vapor (F03a) and
liquid (F04a) streams in phase separator V-4. The liquid stream is throttled by Joule-Thomson
(JT) valve VLV-5 and sent to distillation column Col-1 as one of the feed streams. Stream F03a
is also expanded through the expander part of a compander (Compander-1) and delivered to
the distillation column. A compander is a kind of turbo-machinery where a compressor and

expander are installed on the same shaft. The bottom product from the column is partially
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vaporized in heat exchanger Reb-1 to remove lighter hydrocarbons in the NGL product (F15).
The heat duty of the re-boiler is assumed to be supplied by steam.

The top vapor product from the column is returned to heat exchanger HE-4 to provide its cold
duty. Due to the depressurization of the feed gas via the expander and JT valve, the lean vapor
product from the column (F06) is recompressed through the compressor part of Compander-1.
The compression power is supplied by the power generated during the expansion of stream
F03a. Compressor K-6 further boosts the compressed stream (F07) and sends it to the
liquefaction process. The high-pressure lean gas stream (F08) is sent to heat exchanger HE-1
to be pre-cooled and the cooling duty is produced by a refrigeration cycle operated by a warm

mixed refrigerant (WMR).

The pre-cooled natural gas is then liquefied through heat exchanger HE-2 and sub-cooled by
HE-3. The cold duty of HE-2 and HE-3 is supplied by a refrigeration cycle with a cold mixed
refrigerant (CMR). The sub-cooled LNG is then depressurized to near ambient pressure for
storage and transportation purposes. The throttled LNG stream F12 is separated in the flash
drum (V-3) to a nitrogen rich vapor stream (End-flash vapor) and the LNG product.

8.2.2 DMR process integrated with NGL extraction

Unlike the ISS-LNG system, the extraction of HHCs can be performed in the middle of a
liquefaction system as seen in Figure 8.2 [28]. This configuration is referred to as the NGL-
LNG system. The feed gas is pre-cooled by heat exchanger HE-1 in the DMR process and
throttled by a JT valve (VLV-5). In contrast to the ISS process, the depressurized stream (F03)
is sent directly to distillation column Col-1 as a feed stream without any heat integration. The
liquid product extracted from the bottom of the column is then heated in heat exchanger Reb-
1 to vaporize lighter hydrocarbons and the remaining stream is the NGL product (stream F11).
The top vapor stream of Col-1 is compressed in the boost compressor (K-6) to compensate the
reduced pressure level of the feed gas. The pressurized gas stream is then liquefied and sub-
cooled in heat exchanger HE-2 and HE-3 before being throttled to ambient pressure to produce

end-flash vapor and LNG.
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Figure 8.2 Process flow diagram of the DMR process integrated with NGL extraction (NGL-
LNG system) [28].

In this configuration, the integration of NGL recovery and LNG production allows reducing
the number of units for HHC extraction compared to the ISS system. However, the performance
of the NGL extraction part in this integration scheme will directly affect the liquefaction

process, giving extra difficulties in the optimization and operation of the total system.
8.2.3 DMR process integrated with refluxed NGL extraction

In order to improve the process efficiency, the NGL extraction part of the integrated scheme
has the same level of complexity as the ISS-LNG process. Thus, a refluxed distillation system
with a condenser was implemented in the DMR process to be compared with the ISS system
with the same number of units. This configuration is referred to as the refluxed NGL-LNG

system.

Similar to the ISS process, the feed gas is cooled by heat exchanger HE-4 as seen in Figure 8.3.

A portion of the WMR is expanded by JT valve VLV-4 and supplied to HE-4 to cover the
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cooling demand in the exchanger and then returned to the WMR refrigeration cycle for the

DMR process. The cold feed gas is then depressurized through VLV-5 and fed to distillation

C03d

VLV-
% 3 End-flash
- F11

C03c

V-4
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VLV-4
F1
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””” [ Feed Gas
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Figure 8.3 Process flow diagram of the DMR process integrated with refluxed NGL extraction
(refluxed NGL-LNG system) [30].

column Col-1. The bottom product of Col-1 is reboiled in heat exchanger Reb-1 to reduce
methane slip to the NGL product. The top vapor stream from the column is compressed and
sent to heat exchanger HE-1 in the DMR process. The partially condensed feed gas from HE-
1 is separated to vapor (F07) and liquid (F13) streams. The liquid stream F13 is returned to the
distillation column after being throttled by JT valve VLV-6. This reflux stream (F14) is used
to achieve deeper extraction of HHCs from the feed gas. The vapor stream F07 is then further
cooled in heat exchangers HE-2 and HE-3 and depressurized to deliver end-flash vapor stream

and the LNG product.
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8.3 Design basis

8.3.1 Simulation conditions

Natural gas from reservoirs is treated in gas processing plants and delivered to an LNG plant
through pipelines to produce LNG. The pipeline gas is sent to gas cleaning stages in the LNG
plant where sour gases and water are removed. The pre-treated gas is then fed to the NGL and
LNG production systems. Although the gas cleaning steps are essential for the total LNG
system, the focus in this work is on the NGL and LNG process schemes for the simulation and
optimization studies in this chapter. Other utility processes of the LNG plant such as end-flash
gas handling, power generation, heat production, and cooling water systems were not included
in the simulation model. The NGL and LNG production systems were simulated by Aspen
HYSYS V9 with the Peng-Robinson equation of state (EOS) [132]. Pressure drops and heat
losses of equipment are neglected in the simulation models. Other simulation conditions of

process units are given in Table 8.1.

Table 8.1 Simulation conditions of the integration schemes.

Design parameters Unit Value
Condenser / intercooler outlet °C 22
Compressor Polytropic % 78
Pump Adiabatic % 75
Compressor in a compander Polytropic % 73
Expander in a compander Polytropic % 83
Distillation column trays stages 20

8.3.2 Feed gas and products

The removal of benzene, toluene, and xylene (BTX) is essential for NGL extraction systems,
since these components easily freeze-out even with marginal fractions during the liquefaction

process [218]. Thus, the vapor product from NGL recovery systems have to contain a low
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level of BTX so that the stream can be liquefied in LNG production systems. However, the
aromatic hydrocarbon components tend to be excluded in many studies about NGL systems
[46, 83, 88, 99, 108, 110, 192, 211-213, 215, 216]. Thus, the previous research does not
guarantee that the gas product from their NGL systems contains a sufficiently small amount of
BTX when aromatic components are included in the feed gas. Therefore, in this work,
hydrocarbons from methane (Ci) to decane (Cio) and the aromatic components (BTX) are

included in the feed gas.

As mentioned in Chapter 8.3.1, pre-treated gas is sent to the NGL and LNG production systems.
Due to the gas cleaning processes, sour components and water are not contained in the feed

gas. Other feed gas conditions are seen in Table 8.2.

Table 8.2 Feed gas conditions.

Property Unit Value
Temperature °C 22.00
Pressure bar 60.00
Flow rate kmol/hr 35000.00
Nitrogen mol % 1.00
Methane mol % 91.00
Ethane mol % 4.90
Propane mol % 1.70
i-Butane mol % 0.35
n-Butane mol % 0.40
i-Pentane mol % 0.15
n-Pentane mol % 0.15
n-Hexane mol % 0.13
n-Heptane mol % 0.10
n-Octane mol % 0.04
n-Nonane mol % 0.01
n-Decane mol % 0.01
Benzene mol % 0.03
Toluene mol % 0.02

m-Xylene mol % 0.01
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To prevent the solidification of HHCs in the LNG process, the amount of BTX in the vapor
product from the NGL extraction systems is limited to 10 ppm. The fraction of C5+ is also set
to be smaller than 0.1 mol % in the vapor product in order to maximize the production of NGL,
which is more valuable than LNG. The pressure level of LNG and end-flash products are set
to be 1.5 bar for storage and transport purposes. The nitrogen content in the final LNG product

is also controlled to be less than 1 mol % to meet sales gas specifications.

8.4 Performance indicator and optimization

The NGL and LNG production systems are operated by using electric power for compressors
and hot steam for the reboiler of the distillation column. During the evaluation of the systems,
however, the heat delivered by steam is typically disregarded for the calculation of energy
performance indicators [88, 210, 215]. However, to be more accurate, we use specific energy
consumption including heat as an energy performance indicator to evaluate the NGL extraction

and LNG process [177].

iy total s
VVcomp + QColfl

MmyGL T MLNG

(8.1)

Enspecific =

Although heat is included in the specific energy consumption, the thermodynamic value of heat
varies depending on the temperature. Thus, the direct inclusion of heat with work will result in
an inaccurate thermodynamic evaluation of the system. In addition, the two products (NGL and
LNGQG) will have changes in temperature, pressure, and composition during optimization. This

variation will not be noticed by the energy performance indicator.

Thus, exergy will be an alternative to the energy performance indicator to consider all quality
changes in the heat and products. Exergy is the maximum available work obtained by bringing
a system to equilibrium with its environment based on temperature, pressure, and composition.
Thus, all quality variations in process streams and different energy forms can be measured by

exergy, resulting in a reliable measure for thermodynamic performance.
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Nevertheless, exergy analysis has mostly been used as a post-design tool for NGL extraction
systems to find the sources of irreversibilities and measure the improvement of the processes
[99, 211, 212, 219, 220]. In contrast, there has been a study using the total exergy loss in NGL
recovery processes as objective function to optimize such complex systems [99]. However,
similar to the energy performance indicator, exergy loss does not consider the quality of the

products, thus giving inaccurate optimization solutions.

Therefore, in this chapter an exergy efficiency (extended Exergy Transfer Effectiveness - ETE)
is used as a performance indicator to optimize the NGL-LNG production systems [118]. This
consumed-produced type of exergy efficiency properly reflects the changes in both thermo-
mechanical (temperature and pressure) and chemical quality of the products. For the calculation
of the ETE, exergy is composed of four elements, reflecting the work potential of temperature,
pressure, composition, and reaction (ET, EP, EC°™P_ EReac) i g stream. The general definition
of each element is given in Chapter 6.2. In this chapter, however, the exergy of heat (EQ)
supplied to the reboiler is calculated by the exergy difference of the steam that passes a heat
exchanger having the heat duty Q. The ETE is defined by the ratio between exergy sinks and
exergy sources as indicated by Eq. (8.2).

Exergy Sinks
ETE — 2. Exergy

= 8.2
Y. Exergy Sources (82)

An exergy increase through a process is considered an exergy sink, while a decrease in exergy
represents an exergy source. Thus, compression work will be an exergy source, while
expansion work is an exergy sink. In addition, the heat consumed in the reboiler will be an

exergy source.

The extended ETE with the four exergy components (ET, EP, ECOmP | EReacy and the exergy of
heat is defined by Eqgs. (8.3)-(8.5), where j € C,k € I, m € O.

SH(BE)" + Wi

ETE = A Q -
ZI(AE]) + Ereb + VVCOTnP

(8.3)
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where

Y EL =B if Y B <) B
m k

(AE))" = k mo4 (8.4)

(8E7) =1 k m (8.5)

YE-Y B if Y B> B,

Eqgs. (8.3)-(8.5) represent the ETE where C is the set of four exergy components, [ is the set of

inlet streams, and O is the set of outlet streams.

Thus, with the two suggested performance parameters (Engpecific and ETE'), optimization
studies using a local solver based on a sequential quadratic programming (SQP) algorithm,

were conducted with the problem formulation provided by Eqs. (8.6)-(8.8).

min £ (x) = Obj; (X) V Obj,(X)

subject to ATpnina(X) = 3 a = {HE-1,2,3,4}
ATgupp () = 0 b = {W04, C06}
1<Pr,(x)< 4 c=1{K-1,2,3,4,5,6}

(8.6)
xk,IZ‘IG(X) < 1mol %

5 xgol-lvap(x) < 0.1mol % d = {i- Cs,n- Cs ..., m- Xylene}
Ze x§01-1 vap(x) < 10 ppm e = {Benzene, Toluene, m- Xylene}

X1B <x< XyB

where

Obj; = Enspecific(x) (8.7)
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Obj, = ETE(x) (8.8)

During the optimization, all the product specifications mentioned in Chapter 8.3.2 are regarded
as constraints. In order to fulfil the balance between thermodynamic performance and cost of
heat exchangers, the minimum temperature difference is set to be larger than 3 K [86, 140].
The degree of superheating at the compressor inlet streams is also constrained to be larger than
zero Kelvin to protect compressor blades from droplets. The maximum pressure ratio of
compressors is limited to be less than 4 due to practical issues [141]. The decision variables
and the optimization results for the NGL and LNG production systems are shown in Table 8.3

with corresponding constraint values in Table 8.4.

8.5 Results

In this chapter, the DMR process with upstream or integrated NGL extraction was optimized
and compared based on two performance indicators (specific energy consumption and exergy
efficiency). All processes also fulfilled the constraints such as Cs+ and BTX contents in the

vapor stream entering the liquefaction system.

The optimization results with the energy performance indicator (Obj; in Table 8.5) shows that
the refluxed NGL-LNG process has the smallest specific energy consumption. The upstream
NGL extraction system (ISS-LNG process) also indicates a low specific energy consumption,
having a marginal difference compared to the refluxed NGL-LNG system. The simple
integration scheme of NGL and LNG production (NGL-LNG system), however, has the largest
specific energy consumption. This large energy consumption indicates that the integration may
not be thermodynamically advantageous compared to the upstream HHC extraction when the

NGL recovery system is not thoroughly heat integrated with the liquefaction system.
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Table 8.3 Bounds of the decision variables and the best solutions for the integration schemes.

Bound ISS-LNG NGL-LNG Refluxed
Variable Unit NGL-LNG
LB UB Obj, Obj» Obj, Obj» Obj, Objs

e, WMR kmol/hr 1000 13000 6044 3772 7151 4677 3114 2487
e, wMR kmol/hr 20000 38000 30058 25597 32686 28173 29808 25935
e, WMR kmol/hr 2000 14000 9471 12563 13737 10875 8112 9472
Tinc, WMR kmol/hr 100 9000 5679 6556 6582 7531 8471 8131
TN, CMR kmol/hr 2000 10000 2000 2000 2000 2000 2000 2021
e, cMR kmol/hr 10000 25000 17810 18457 19042 18677 19119 19043
e, cMR kmol/hr 10000 25000 19639 18842 18800 19526 20995 20659

e, cMR kmol/hr 500 12000 4908 6436 4946 5307 3251 3747
PLp.WMR bar 500 1500  12.10 9.65  11.47 9.65 7.24 6.36
PMP.WMR bar 1500  30.00 2292 1728 2036 1834 1747  17.54
PHp.WMR bar 2500 55.00 3691  27.17  30.11 3005 3035  30.10
PLLP.CMR bar 200  8.00 441 4.05 491 431 4.96 4.58
PLp.cMR bar 800 2000 1736 1634 1473 1592  19.66 1831
DPup.CMR bar 2000 3500 2722 27.85 2395 2590 2778  27.92
PHp.cMR bar 3500 60.00  41.07  41.02 4121 3990  38.14  37.53
TyE-1.0ut °C 5500 -35.00 -3424 3153 3556 -35.00 -41.01  -41.05
Tyg-2.0ut °C -135.00 -110.00 -117.24 -118.86 -113.80 -117.85 -11537 -116.89
Tig-3.0ut °C -160.00 -145.00 -145.00 -149.23 -145.00 -148.28 -145.00 -147.50
Tyg-4.0ut °C -40.00 -10.00  -30.85  -30.84 - - 21927 -19.92
X, NGL mol % 000  5.00 5.00 0.83 5.00 271 5.00 2.99
Peola bar 30.00  55.00 4375 4388 4359 4309 5500  55.00
Pis bar 5000 7000 5839 6039 6393 5883 5546  55.00

Tee-1 - 0.75 1.00 - - - - 0.86 0.86
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Table 8.4 Constraint values from the best solutions of the integration schemes with different

objective functions.

Refluxed

Parameter Unit IS5-LNG NGL-LNG NGL-LNG
Obj, Obj2 Obj, Obj2 Obj, Obj2
AT in HE1 °C 3.00 3.00 3.00 3.00 3.00 3.00
AT in HE 2 °C 3.00 3.00 3.00 3.00 3.00 3.00
AT in HE-3 °C 3.00 3.00 3.00 3.00 3.00 3.00
AT in HE-4 °C 3.00 3.01 - - 3.00 3.00
ATsupwos °C 0.11 0.22 0.30 0.02 0.07 0.06
ATgup,cos °C 13.10 14.29 26.24 23.33 9.10 9.44
Pry - 1.89 1.79 1.78 1.90 2.41 2.76
Pry., - 1.61 1.57 1.47 1.64 1.74 1.72
Pry.; - 3.94 4.00 3.00 3.69 3.96 4.00
Pri.4 - 1.57 1.70 1.63 1.63 1.41 1.52
Prg.s - 1.51 1.47 1.72 1.54 1.37 1.34
Prx.e - 1.19 1.22 1.47 1.37 1.01 1.00
Xcq, mol % 0.04 0.04 0.04 0.04 0.08 0.07
XBTX ppm 9.80 10.00 10.00 10.00 10.00 9.80

In the case of the refluxed NGL-LNG system, the condenser part of the NGL extraction column
(Col-1) is integrated with the DMR process, allowing the column to have a reflux stream from
the top vapor product. This reflux increases the separation performance of the distillation
column, which enables the process unit to operate at a higher pressure than the equipment in
the NGL-LNG system as seen in Table 8.3. Therefore, the refluxed NGL-LNG system requires
less compression power to compensate the reduced pressure level of the feed gas compared to
the simple integration scheme. Thus, the boost compressor (K-6) in the refluxed process is not
needed, since its pressure ratio has a value very close to one (Prk.¢ in Table 8.4). The operating
pressure level of the column in the NGL-LNG system is even lower than the ISS-LNG process,

which will require a larger duty of the boost compressor and thus the largest specific energy
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consumption compared to the other systems. In the same way as for the energy performance
indicator, the ISS-LNG and the refluxed NGL-LNG systems achieved the highest exergy
efficiency values of 69.49 % and 69.23 % respectively, while the NGL-LNG process obtained
an ETE value of 68.07 %.

Even though the two alternative objective functions are closely related, in particular below
ambient temperature, the results clearly show that minimizing specific energy consumption
(Obj1) gives other solutions than the ones obtained by maximizing exergy efficiency (Obj»).
Minimizing specific energy consumption results in a penalty in exergy efficiency between 0.19
and 0.57 % points for the three process configurations, while maximizing exergy efficiency
results in a penalty in specific energy consumption between 0.91 and 1.72 kWh/ton. However,
the differences in specific energy consumption and exergy efficiency values between the
optimization results from the two objective functions (Obji and Objz) are marginal. The largest
increase in specific energy consumption is 0.80 % for the refluxed NGL-LNG, while the largest

decrease in exergy efficiency is 0.82 % for the ISS-LNG process.

Nevertheless, the changes in operating conditions of the systems from the results of energy and
exergy based optimization are significant and meaningful. Especially, Table 8.5 indicates the
noticeable increase in column reboiler duty and compression power for the three process

configurations when switching objective function from energy to exergy.

Table 8.5 Performance parameters with different objective functions for the integration

schemes.
refluxed
Parameter Unit ISS-LNG NGL-LNG NGL-LNG
Obj, Obj> Obj, Obj> Obj, Objs

Engpecific kWh/ton 21526  216.65 221.66  222.57 21493 216.65
ETE % 68.92 69.49 67.66 68.07 69.04 69.23
l/i/z;ﬁ)oﬁfg MW 118.89 122.27 122.48 125.52 119.27 121.77
OReb-1 MW 5.03 5.80 497 5.31 4.47 5.01

EQReb-1 MW 1.16 1.60 1.15 1.36 1.54 1.84
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This behavior can be explained by the best solutions of the decision variables from the
minimization results with Obj,. First, Table 8.3 indicates that the minimization of the ETE
results in a lower methane fraction in the NGL product for all the systems compared to the
results from Obji. Thus, the NGL product becomes richer in heavier hydrocarbons, while
having leaner LNG product as seen in the low heating values (LHV) in Table 8.6. This means
that the ETE objective function guides the process towards a higher HHC separation

efficiency.

Although the sharper separation gives a larger reboiler duty and a smaller production of NGL
due to the evaporation of methane, this is compensated by the higher heating value of the NGL
and the larger production of LNG. Thus, as seen in Table 8.5, there is a minor difference in the
lower heating value (LHV) of the NGL between the results from the two objective functions.
Besides, the actual value of the additional heat input to the reboiler (exergy of heat) is half of

the increment in heat duty, which will be an acceptable increase for the deeper separation.

Table 8.6 Products of the NGL and LNG production with the specific energy consumption per

unit calorific value of the products.

Refluxed
Parameter Unit ISS-LNG NGL-LNG NGL-LNG
Obj; Obj2 Obj; Obj2 Obj; Obj

NGL kmol/s 0.23 0.22 0.23 0.22 0.14 0.13
LHVyGL MlJ/kmol 2431.56 2507.94 2438.12 2486.48 2781.34 2816.62
LHVyGL MW 566.55 556.76 563.20 552.00 378.26 377.43
LNG kmol/s 8.54 8.82 8.54 8.76 8.64 8.81
LHVing MJ/kmol 852.62 850.56 853.01 851.44 864.93 863.19
LHVing MW 7284.82  7500.22 7280.44 7459.50 7475.62  7600.40
End-flash gas kmol/s 0.95 0.68 0.96 0.74 0.94 0.78
LHVEnd-flash gas MlJ/kmol 743.93 730.64 744.42 733.91 743.62 736.01
LHVEnd-flash gas MW 703.02 499.02 712.41 542.36 701.24 576.29
W - 0.0145 0.0150 0.0149 0.0153 0.0145 0.0148

*LHViotal = LHVngL, + LHVinG + LHVEng flash gas
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In contrast, Table 8.3 indicates that the objective function based on the energy performance
parameter resulted in the methane fraction in the NGL product reaching its upper bound. Since
the specific energy consumption is unable to measure the compositional quality change and
thus the separation performance, the objective function leads the NGL and LNG production
systems to have the reboiler duty as small as possible by allowing a larger methane fraction in
the NGL. Although the optimization using the energy performance indicator succeeded in
reducing the total energy consumption, Obj; allows the systems to have a larger amount of

methane slip through the NGL product.

Table 8.3 also shows that all the systems optimized by the exergy efficiency have a lower outlet
temperature of the last heat exchanger in the DMR system (Tyg_3,0yt) compared to the results
from minimization of the specific energy consumption. This temperature reduction increases

the cold duty of the liquefaction process and thus the power consumption as seen in Table 8.5.

However, the colder outlet temperature of HE-3 gives a larger degree of sub-cooling in the
liquefied natural gas stream. This colder LNG stream results in a larger fraction of liquid
product after being throttled to around ambient pressure. Thus, the ETE objective function
increases the final LNG product by decreasing the outlet temperature of HE-3, while reducing

the end-flash vapor, compared to the results from minimization with Obj.

The main reason for the larger production of the final LNG is that the exergy efficiency
measures the quality of the products (NGL, LNG, and end-flash vapor). This is in contrast to
the specific energy consumption that only consider total energy consumption and mass flow
rates of NGL and LNG. As seen in Table 8.7, the molar temperature based exergy value of the
final LNG product is significantly larger than the end-flash vapor since the vapor product does
not have any latent heat to be utilized. Therefore, the optimization based on the ETE objective
function leads the system to have a lower sub-cooling temperature for larger production of
LNG, which increases the total exergy value of the two products. The reduction in the outlet
temperature of HE-3 also increases the molar temperature based exergy of the final LNG and

end-flash vapor, thus increasing the produced exergy.
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Table 8.7 Molar temperature based exergy of the final LNG product from the optimization

results using different objective functions.

refluxed
ISS-LNG NGL-LNG
Parameter Unit NGL-LNG
Obj; Obj» Obj; Obj» Obj; Obj»
Tcold products® °C -145.0 -157.0 -1450 -1569 -1450 -156.8
NG kl/kmol  15865.0 15890.9 158632 15883.6 15835.9 158522

€Endflashvapor  KJ/kmol 33104 33158 33099 33142 33039  3307.3
2LNG and end-flash vapor

In contrast, the optimization using Obj; forced the sub-cooling temperature to be as warm as
possible, reaching the upper bound as seen in Table 8.3. As a result, the refrigeration duty and
the compression work was decreased, while the production of the final LNG was reduced.
Since the effect of decreasing work consumption was larger than the effect of product reduction
in the specific energy consumption, the system was optimized to have a warm outlet
temperature from the liquefaction process. Thus, the energy based objective function did not
maximize the LNG product since the specific energy consumption ignores the thermodynamic
quality of the liquid stream. Instead, the optimization with Obj; allowed the system to have a
larger amount of end-flash gas although the gas stream was disregarded as a product in the
formulation of the specific energy consumption. The higher economic value of the final LNG
compared to the end-flash vapor also indicates that a smaller production of the liquid product

is not a realistic solution for this system.

To include the quality of the NGL and LNG in the energy performance indicator, the calorific
value of the two products can substitute the mass flow rates in the formulation of the specific
energy consumption as seen in Table 8.6 [221]. This performance indicator shows that the
operating conditions from Obj, give a larger energy consumption per calorific value than the
one from Obji. This result does not mean the operating conditions from Obj; is

thermodynamically better since the performance indicator with the heating values only reflects
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the changes in chemical energy of the products, while the temperature, pressure, and

compositional changes are not covered.

Therefore, the exergy efficiency will be the most suitable objective function to optimize the
complex distillation and liquefaction system since this indicator can reflect both the separation
performance and the thermodynamic quality of the products. Thus, this performance indicator
resulted in the processes where the amount of NGL production is maintained with a lower
methane content, and the amount of the LNG product is maximized while reducing the end-

flash vapor, which has lower thermodynamic and economic values.

8.6 Discussion and conclusions

The DMR process with upstream or integrated NGL extraction has been optimized to be
evaluated and compared. The NGL and LNG production systems consume both work and heat
to deliver multiple products (NGL, LNG, end-flash gas). Thus, two different objective
functions, specific energy consumption and exergy efficiency, have been applied in the
optimization studies in order to evaluate the effectiveness of the two different performance

indicators for the complex systems.

The optimization results using the specific energy consumption as objective function indicated
that the LNG process integrated with the NGL extraction using a refluxed column has the
smallest specific energy consumption and a high exergy efficiency. However, the operating
conditions from the minimization studies using the energy performance indicator show that the
systems were optimized to maximize the methane content in the NGL product. Although the
reboiler duty of the distillation column was decreased due to the high methane fraction allowed
in the NGL, the methane product (LNG) was also reduced, meaning a lower HHC separation
performance of the system. Besides, the degree of sub-cooling in the natural gas stream was
minimized to decrease the refrigeration duty and its compressor work. The low degree of sub-
cooling resulted in a smaller production of the liquid stream (LNG) after the sub-cooled natural

gas stream is throttled to ambient pressure. Although the specific energy consumption focuses
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on the production of NGL and LNG, the performance indicator guided the system to produce

a larger amount of end-flash gas, which is less valuable than the LNG product.

Unlike the energy performance indicator, the minimization of the ETE resulted in a smaller
methane fraction in the NGL product by having a larger reboiler duty. Nevertheless, the
additional reboiler duty is compensated by the increased heating value of the NGL product and
the increase in LNG production since more methane ends up there. Therefore, the exergy
efficiency was able to manipulate the operating conditions to have a higher HHC separation

performance.

Besides, the objective function based on the ETE succeeded in maximizing the LNG by
lowering the sub-cooling temperature of the natural gas, while reducing the end-flash vapor. A
higher thermodynamic (exergy) value of the LNG product than the end-flash vapor was the
main reason for the exergy based objective function to guide the system to have a larger degree
of sub-cooling. Thus, the optimization using exergy efficiency resulted in more realistic
operating conditions for the NGL and LNG production systems since it reflects the HHC

separation performance and the thermodynamic value of the LNG cold energy.

Based on the optimization results using the ETE, none of the two configurations having the
DMR process integrated with NGL extraction perform thermodynamically better than the
liquefaction system with upstream HHC recovery. Thus, the integration of the NGL and LNG
processes will not be beneficial unless further development is made for the integrated system.
Although the difference in the exergy efficiency between the schemes with upstream and
integrated HHC recovery is only marginal, more advanced upstream NGL extraction
technologies such as the gas sub-cooled and the recycle split vapor processes will increase the

performance difference, making the integration systems less attractive.
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~

Chapter summary

o Exergy efficiency is a better performance indicator than energy efficiency, since
it can evaluate the changes in product quality such as temperature, pressure, and
composition, while handling different forms of energy on a fairer basis according
to their thermodynamic quality.

o Thus, exergy efficiency is encouraged to be used as an objective function for the
optimization of complex processes, which use both heat and power to produce

multiple products.

- )




Chapter 9 Conclusion and future work

9.1 Conclusion

This thesis aims to evaluate and improve the process efficiency of systems in the LNG value
chain in order to reduce the environmental footprint and improve project profitability of the
chain. This thesis mainly focuses on LNG related systems such as natural gas liquefaction,

LNG reliquefaction during transportation, and LNG regasification at importing terminals.

For an objective evaluation and comparison of different technical solutions for LNG systems,
mathematical optimization is essential. For the optimization of simple LNG systems, both local
(SQP) and global search algorithms (PSO) were found to be proper solvers, returning almost
the same objective value. However, a careful setting of penalty functions for constraint
handling is required for the PSO algorithm to achieve equally good solutions as the local solver.
In addition, the metaheuristic algorithm (PSO) is not recommended for complex LNG
processes, since it requires a larger computational time with a poorer objective value compared
to the SQP algorithm. Thus, the local solver will be a proper solver for LNG systems having a

large number of variables and constraints.

Different configurations of the DMR system have been optimized and compared by using the
SQP solver in order to analyze the effect of the structural differences. For the warm mixed
refrigerant (WMR) cycle, using pumps are not recommended since this reduces the temperature
range that the warm cycle can cover, resulting in poor performance for the cold mixed
refrigerant (CMR) cycle. It was also found that phase separation of the pre-cooled CMR is

beneficial to reduce the power consumption of the process. Besides, a large number of
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evaporating pressure levels for both the WMR and CMR is also needed to improve energy
efficiency. If only one cycle has a large number of evaporating pressures, it results in sub-

optimal operating temperature ranges for the two cycles, reducing the system performance.

The DMR process is also optimized and compared with non-flammable LNG processes.
Although the non-flammable LNG processes have very complex structures to increase their
inherently low efficiency, they consume more power than the DMR process. However, the non-
flammable liquefaction systems will be suitable for offshore applications due to their non-
hydrocarbon refrigerants. Nevertheless, the DMR process will still be a valid option for floating
LNG since the use of propane, which is the most hazardous component, can be minimized by

changing the composition of the WMR.

For the optimization of the DMR process, the constraint formulations were found to be
important to improve its energy efficiency. Especially, it is recommended to relax the minimum
superheating constraint. In the best solutions of the DMR process, a certain degree of
superheating was always observed in the two mixed refrigerants. Thus, if a high value of the
minimum superheating constraint is given, it may lead to sub-optimal solutions, missing
optimal superheating values. Using maximum heat exchanger conductance with relaxed
minimum temperature difference constraint is also encouraged since this constraint formulation

can result in an optimal distribution of temperature driving forces in cryogenic heat exchangers.

Although LNG processes are typically optimized to minimize power consumption, it is also
important to consider cost optimization for small-scale liquefaction technologies, which tend
to have a significant effect on the profitability of an entire system as a sub-process. Thus, a
simple process based on self-liquefaction is recommended for LNG carriers to handle boil-oftf-
gas (BOG). The conventional method, which is to burn the BOG, was found to be more
expensive compared to the BOG handling system with the liquefaction process. The low break-
even-point of around 4 USD of LNG price will make this self-liquefaction system a favorable

option for LNG vessels to minimize the loss of cargo.
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Another performance parameter to be considered for the optimization and evaluation of LNG
systems is exergy efficiency. Unlike energy performance parameters, exergy can reflect the
quality of products, thus giving an accurate thermodynamic efficiency of systems. Based on
the categorization of various exergy efficiencies according to the level of exergy
decomposition, consumed-produced exergy efficiencies are recommended to measure the
performance of systems. However, the extension of the Exergy Transfer Effectiveness (ETE)
by including chemical exergy is suggested due to the inaccuracy of the consumed-produced
exergy efficiencies for different types of systems with various operating conditions. The
extended ETE offers general formulas for processes having changes in temperature, pressure
and chemical composition. Therefore, the use of the extended ETE is encouraged to evaluate
complex cryogenic systems handling different forms of products such as heat, power, and

chemical materials.

One good example for the validation of the extended ETE is the system in LNG import
terminals. LNG cold energy is typically wasted to the environment during regasification at the
terminal before it is distributed to end-users. For the utilization of the LNG cold energy, air
separation units (ASUs) are recommended since their operating conditions fit well in the
temperature range of LNG vaporization. The cold energy is recommended to be used for pre-
cooling of air and nitrogen streams instead of using it to supply cooling to a liquid nitrogen
production cycle in the ASU system. This system, however, has variations in the quality of the
products (liquid Oa, liquid N>, gasified LNG) with the LNG supply pressure, making energy
performance indicators inappropriate to evaluate the ASU process. Thus, the extended ETE
was found to be a proper performance indicator for the system, reflecting the effect of

differences in the purification and temperature of the products.

The extended ETE is also recommended as a better objective function than energy performance
indicators for LNG systems. In the optimization of the DMR process integrated with NGL
extraction, the energy based objective function shows that the LNG process integrated with the
NGL extraction using a refluxed column gives the smallest specific energy consumption.

However, the objective function of the extended ETE indicates that upstream NGL extraction
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is the most efficient process thermodynamically, having a higher quality of products (LNG and
NGL) while maintaining product quantity. Moreover, the exergy based objective function was
found to give different operating conditions compared to the energy based objective function,
providing increased quality of products (LNG and NGL) with similar energy consumption.
Therefore, for LNG systems using both heat and power to produce multiple products, exergy
efficiency is encouraged to be used as an objective function to find the best operating conditions

that correspond to thermodynamic optima of the processes.

9.2 Future work

Although the global search algorithms show a poor performance for complex LNG processes,
they are still attractive options to optimize LNG systems built in commercial simulation tools
where accurate derivative information is unavailable. Therefore, modification of existing
global search algorithms is required to make these perform better. In addition, more advanced
methods for constraint handling are required in the near-global solvers in order to increase the

global search ability for complex LNG processes.

To analyze the effect of the structure in detail, more case studies are needed for DMR processes.
In particular, all possible combinations of pumps, phase separators, stream splitters, and multi

pressure evaporation in the systems have not been tested and analyzed.

One thing that has a significant effect on the economics of LNG carriers is the voyage profiles.
Depending on the sailing schedule such as voyage speed and distance, the amount of BOG
production and the fuel requirement of the propulsion system will also change. Thus, thorough
cost optimization is recommended to find the most suitable BOG handling systems for different

voyage profiles.

The integration of ASU processes and LNG regasification results in a final LNG product still
having a very low temperature e.g. below -50 °C. The rest of the LNG cold energy is typically

sent to the compressor intercoolers, resulting in excessive driving forces in the intercoolers and
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significant amounts of entropy generation. Instead, a power production system using Rankine
cycles can be applied between the LNG stream from the main heat exchanger and the air and
nitrogen streams from the compressors as heat sink and heat sources respectively. The use of
Rankine cycles will allow effective use of the LNG cold energy and the waste heat from the

intercoolers.

The DMR processes integrated with NGL extraction turned out not to be proper examples to
verify the advantages of using the extended ETE as objective function due to the marginal
differences, compared to energy based objective functions. The significant amount of power
consumption in the liquefaction part becomes dominant in the calculation of exergy efficiency,
thus offsetting the effect of changes in temperature, pressure, and composition of products.
Therefore, the extended ETE has to be tested for other processes such as BOG reliquefaction,
air separation, nitrogen removal, and helium extraction systems, where compression work is

not as large as in cryogenic liquefaction processes.
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